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Abstract 
Fluidised bed reactors are widely utilised due to their high heat and mass transfer capability. 
Industries such as pharmaceutical, gasification, chemical, surface treatment and mineral 
processing require efficient mixing environment that is readily available in gas-solid bubbling 
fluidisation. In recent years, certain thermolabile substances that need safe processing 
environment have been fluidised under vacuum conditions. In addition, vacuum conditions also 
reduce the operating temperature for many chemical processes. Despite these advantages, the 
vacuum fluidisation is not widely used due to its poor fluidisation quality. Lack of experimental 
data also deter any optimisation of its operating parameters.  
The present work therefore attempts to understand the effect of vacuum pressure on the thermal 
performance during fluidisation. Despite the poor fluidisation quality under vacuum, the heat 
and mass transfer capability can be readily optimised if the effect of vacuum pressures on 
hydrodynamics and heat transfer is understood properly. Recent work on hydrodynamics have 
shown possibility to operate the vacuum fluidised bed in regions with minimal loss of quality. 
In addition, fluidisation maps have been of great assistance in locating optimal bubbling space 
that enhances the thermal performance. The results reported in the thesis would further assist a 
thermal engineer to design and operate a vacuum fluidised bed. Effect of pressure on 
fluidisation quality, segregation, bubble characteristics and heat transfer has been examined 
with a view of facilitating optimisation of pressure, flowrate and location of an immersed object 
under vacuum conditions. Moreover, models to numerically predict the fluidisation quality and 
hydrodynamics using CFD have been proposed. This includes a pressure gradient model 
integrated with the famous Gibilaro-Rowe model to predict the travelling of fluidisation 
interface in a vacuum fluidised bed. In addition, the Gidaspow drag model is modified to assist 
numerical simulation of hydrodynamics in slip flow regime. The results indicate that 
hydrodynamics can be predicted accurately and can be utilised in the design process with 
confidence.  
In general, the thesis has added knowledge in the field of fluidisation in areas of quality, bubble 
and heat transfer characteristics along with proposing models for predicting the hydrodynamic 
behaviour under vacuum conditions. These details will be helpful in optimal heat and mass 
transfer processes.  
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Introduction 
 
CHAPTER 1 
INTRODUCTION 
 
Fluidisation is the achieving of a fluid like behaviour for any solid granular entities with the 
help of a fluidising media, such as gasses and liquids. The fluidising medium displaces and 
suspends the solid granular particles from their static position, transferring the momentum and 
resulting in fluid like motion of the particles. These particles being fluid borne are free to move 
from one location to another in a seemingly random manner. It is this random motion of the 
particles that resembles the flow of a fluid and hence the name fluidisation. A commonly used 
phenomena in industries such as chemical, mineral cracking, heat treatment, and surface 
engineering; fluidisation offers a processing environment with a wide spectrum of advantages. 
The ability to achieve uniformity of temperature, high solid-fluid mixing leading to high heat 
and mass transfer and continuous operation, makes the use of fluidisation quite appealing [1].  
The basic principle of fluidisation is the suspension of bed of solid granular particles in a 
fluidising medium by virtue of the momentum transfer from the fluid which is balanced by the 
weight of the particles. This momentum exchange rate is the drag force which acts on the 
periphery of the solid particles and is counteracted by their weight. Under these conditions the 
particles which were initially resting on each other are minimally suspended in the fluidising 
medium. This condition is the criterion for fluidisation beyond which the particles are 
accelerated and displaced further till the point where the gravitational force again balances the 
fluid-particle interaction force. This expands the bed and the particles are displaced uniformly 
within the bed and suspended in the fluidising medium. Further increase in the fluid velocity 
gives rise to an interesting phenomenon where the fluid either begins to escape from the 
1 
 
Introduction 
 
interstices between the particles, or initiates bubbles that erupt at the surface of the bed. The 
latter causes considerable particle mixing and gives the bed the characteristics of a boiling 
liquid. This quality of fluidisation is known as aggregate, or bubbling, fluidisation whereas 
homogeneous fluidisation is characterised by the flow of fluid through the interstices and the 
particles are displaced uniformly. Bubbling fluidisation is generally seen in cases where the 
density difference of the solid and fluid is quite large; e.g.: gas-solid fluidisation where 
Usolid/Uliquid>>1. Homogenous fluidisation occurs mostly in liquid-solid fluid beds where 
Usolid/Uliquid|1. Fig.1 shows the different flow patterns in a fluidised bed. At low velocity, the 
fluid merely percolates through the void spaces between stationary particles and is called a 
fixed bed (Fig.1a). With increasing flowrate the fluidised bed expands and reaches a minimum 
fluidised state (Fig. 1b). For fine particles or for liquid-solid fluidisation, the bed expands 
smoothly for a range of flowrates after it is minimum fluidisation condition and is known as 
homogenously fluidised (Fig.1c). At higher flowrates, bubbling begins with increased agitation 
and mixing, This is known as heterogeneous fluidisation (Fig.1d). A further increase in 
Fig.1: Different flow patterns in a fluidised bed[1] 
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flowrate introduces slugs or voids of size of the fluidised bed (Fig.1e). Turbulent fluidisation 
(Fig.1g) and lean-phase fluidisation (Fig.1h) takes place at very high fluidisation velocity.  
Heat transfer is one of the primary uses of fluidised beds in industry. The underlying 
mechanism of heat transfer is conduction and convection in the gas and emulsion phase, 
accompanied by radiation at high temperatures (800-1000qC). The heat transfer coefficient (h), 
expressed as heat flux per unit temperature difference, is composed of conduction in the particle 
phase, and convection from the bulk movement of the particle phase and the gas (or bubble 
phase) [3] (eq. 1). 
݄ = ݂݄௕௨௕௕௟௘ + (1 െ ݂)݄௘௠௨௟௦௜௢௡       (eq. 1) 
where, ݂ is the fraction of the heat transfer surface covered by bubbles.  
Heat transfer is a complex phenomenon and depends upon various operating parameters in the 
fluidised bed. The fluidising velocity, operating pressure and temperature of the system, 
particle size, gas density, and shape and size of the immersed surface are important parameters 
that affect the heat transfer from an immersed surface. These parameters have been found [3] 
to influence the quality of convection and conduction of the gas and emulsion phase. 
An important operating parameter that influences the heat transfer is the operating pressure. It 
is known that increasing the operating pressure of the fluidised bed greatly alters the heat 
transfer characteristics and has a varying influence depending on the particle characteristics 
like particle size and density [1].  For instance, it is generally found that increasing the operating 
pressure for Geldarts Group A particles [2] (see Fig.2) doesn’t significantly affect the heat 
transfer whereas for coarser and heavier particles the heat transfer is greatly enhanced [4] This 
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is mainly due to the fact that particle convection is a  more dominating factor than gas 
convection for fine particles  
In recent years, fluidised beds have been operated under vacuum conditions for various 
purposes such as drying of porous materials, pyrolysis of hydrocarbons, and coating processes 
like chemical vapour deposition (CVD). Vacuum conditions offer safe operating atmosphere 
for many thermolabile substances and have been found to be advantageous in mineral cracking 
and drying technology [5-7]  
Fluidisation in vacuum conditions is characterised by slip flow regimes that exist due to 
increased mean free path of the fluid (O). The mean free path is the average distance travelled 
by particles before mutual collision. The Knudsen number (ܭ݊ = ఒ
ௗ
) is a non-dimensional 
number which characterises the slip flow regime and is the ratio of the mean free path of the 
fluid to the appropriate length scale in the vacuum system. In fluid mechanics, an increase in 
Fig.2 Geldarts classification of particles used in fluidised bed at atmospheric 
pressure [2]
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mean free path gives rise to various flow regimes, such as molecular flow (ܭ݊ ب 1), 
transitional flow, slip flow( ܭ݊ ؆ 1) and continuum flow (ܭ݊ ا 1) [8]. Thus, the fluidisation 
undergoes these regimes with reduction in pressure and affects the hydrodynamics of the bed. 
Although literature reports prior work on fluidisation at low pressure, there are certain gaps in 
knowledge that need to be addressed for the benefits of low-pressure fluidisation to be utilised 
optimally. In particular, the effect of vacuum pressure on hydrodynamics of the fluidised bed 
such as the fluidisation quality, powder characteristics and bubble dynamics. Knowledge of 
heat transfer from immersed surface and the effect of axial location under vacuum fluidisation 
is essential for optimising thermal performance. In addition, prediction of hydrodynamics using 
CFD models need modifications to account for slip flow regime. This thesis aims to answer 
these research question in order to enhance our knowledge of low pressure fluidisation. 
A critical literature review follows in Chapter-2 to understand the existing depth of knowledge 
relevant to the present project. The Literature review covers important aspects of 
hydrodynamics, heat and mass transfer capabilities of fluidised beds and their use in high and 
vacuum pressures. The understanding of these areas of fluidisation will be used to find 
fundamental gaps of knowledge and thus define the aim and scope of the present project. 
Chapter 3 (Published paper) experimentally investigates the effect of the segregation and 
pressure gradient on the quality of fluidisation in a cylindrical vacuum fluidised bed. The 
results attempt to estimate the relative contribution of the segregation of particle and significant 
pressure gradient on quality.  
Chapter 4 proposes an analytical model based on the expanding gas theory to estimate the 
fluidisation interface in the bed under vacuum conditions. Utilisation of this model leads to 
representation of fluidisation maps for different particle size and pressures.  
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Chapter 5 presents experimental heat transfer results for the optimal powder characteristics 
and quality as estimated by Chapter 3. A parametric study is carried out to examine the effect 
of location of immersed object, pressure and particle size on heat transfer at low operating 
temperatures.  
Chapter 6 (combination of published paper and conventional chapters) proposes a new 
slip flow drag model expected to accurately predict the bubble characteristics in comparison to 
the existing drag models. In addition, an experimental validation of the slip flow drag model 
along with study of bubble characteristics as size, growth and velocity is carried out in a pseudo 
two dimensional vacuum fluidised bed.  
Chapter 7 attempts to combine the results of the previous chapters to answer the research 
question. Conclusion and suggestions for future work is provided in this chapter. 
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CHAPTER 2 
LITERATURE REVIEW 
This chapter will introduce the basic principles behind the hydrodynamics and heat transfer in 
fluidised bed reactors followed by a critical review of the recent research results concerning 
high pressure and vacuum pressure effects. Gaps in knowledge will be summarised towards 
the end of the present chapter along with related research questions. 
1. Hydrodynamics in fluidised beds 
Fluidised bed reactors (FBR) have been used in heat and mass transfer applications as they 
offer a wide array of advantages arising from the complex multiphase hydrodynamics. Liquid-
solid, liquid-solid-gas and solid-gas fluidised beds are used in industries as processing 
environments to carry out surface treatment of metals, catalytic cracking, coating of 
pharmaceutical products, coal gasification and many such heat-mass transfer processes. The 
presence of fluid bubbles and the assisted mixing of solid particles produces high heat and mass 
transfer capability of fluidised beds [2]. Consequently, studies of hydrodynamic fluidised beds 
are of prime importance. Achieving the optimal performance of FBRs requires the 
understanding of many parameters - minimum fluidisation velocity, bubble shape, size, and 
rise velocity, the expansion of bed weight, and the effect of particle shape, size and 
morphology.  The following sections discuss the various analytical and semi-empirical 
correlations available in the literature that incorporate various operating parameters and are 
often used in the design and operation of FBRs.  
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1.1 Minimum fluidisation velocity 
Minimum fluidisation velocity (Umf) denotes an operational variable relative to which other 
hydrodynamic parameters such as bubble rise velocity, size and growth and bed expansion are 
defined. Umf is defined as the velocity at which the particles in the fluidised bed are minimally 
suspended against their weight and when the normal compressive force between the adjacent 
particles vanishes [2].  
Thus,     (݀ݎܽ݃ ݂݋ݎܿ݁ ܾݕ ݑ݌ݓܽݎ݀ ݉݋ݒ݅݊݃ ݂݈ݑ݅݀) = (ݓ݄݁݅݃ݐ ݋݂ ݌ܽݎݐ݈݅ܿ݁ݏ) 
οܲܣ = ܣܪ௠௙(1 െ ߝ௠௙)ൣ൫ߩ௦ െ ߩ௚൯݃൧               (Eq. 1) 
Where, οܲ : Pressure drop through the bed, N/m2 
 ܣ : the cross-sectional area of the bed, m2 
 ܪ௠௙ : Height of bed at minimum fluidisation, m 
 ߝ௠௙ : void-fraction at minimum fluidisation. 
 ߩ௦: density of solid, kg/m3 
 ߩ௙ : density of fluid, kg/m3 
g : acceleration due to gravity, m/s2 
Experimentally, Umf  is obtained from pressure drop vs. superficial velocity plots. As the 
flowrate increases, the pressure drop of the fluidising fluid increases linearly as the momentum 
transfer increases to the particles. The velocity at which the pressure drop equals the bed weight 
is known as the minimum fluidising velocity where the bed is suspended against its weight. 
The Umf depends on various operational parameters such as particle size, operating pressure 
and temperature. Operating temperature and pressure changes the density of the inlet gas which 
affects the fluidisation velocity. Thus, it has been observed that Umf decreases with increase of 
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pressure above atmospheric and increases with decrease of pressure below atmospheric [2, 19, 
20]. Similarly, since density of gas is inversely proportional to the temperature, the Umf 
decreases as temperature increases [2].  
Particle size influences the minimum fluidisation velocity due to the resistance offered by the 
particle surface (drag)  Larger the particle size, higher the Umf requirement due to increased 
drag force.  It is known that finer particles (Geldarts Group A) do not show dependency on 
operating pressure and temperature while coarser particles (Group B) are significantly affected 
[21] . Geldarts group is discussed in the following section. 
Additionally, the wall effect has also been observed to affect the minimum fluidisation velocity 
of particles and are of significance when a pseudo two dimensional fluidised bed is used. 
Glicksman and McAndrews [22] observed that the minimum fluidisation velocity is increases 
with reduction of bed thickness which is confirmed by Saxena and Vadivel  [23] who observed 
that decreasing the bed thickness offers greater resistance to particle motion especially if the 
particle size are relatively coarser. 
1.2 Particle classifications 
Powder groups are generally denoted by their mean diameter wherever they are used for 
classification. In reality, powders have a non-uniform distribution of particle size. Different 
particle size and distribution measurement techniques are available such as particle sieving, 
laser diffraction, image analysis, sedimentation, acoustic spectroscopy etc. [8, 24]). The 
particles size distribution is represented by gauss normal and log normal plots [15, 25].  
The particles size and morphology play a very important role in determining the fluidisation 
characteristics. In order to systematically study the effect of particle characteristic on 
fluidisation, the powders are often classified according to their density, size (Geldarts groups) 
[5] and the hydrodynamic and thermal property of the fluidised bed (Saxena’s groups) [26].  
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Geldarts classification: From observations of different particle size and densities, Geldart 
proposed four distinct particle behaviours [5]. With increasing particle size they are: 
x Group C: These are very fine cohesive powders and do not fluidise normally as the 
inter-particle forces overcome the drag force by the gas. 
x Group A: These are aeraable and have small mean particle size and low particle density 
(less than 1.4 g/cm3). The Group A powders show smooth fluidisation followed by 
bubbling at higher flowrate. 
x Group B: These are the most favourable group of powders due to their vigorous 
bubbling at all the fluidisation velocities. The particle are in size range of 40-500 Pm 
and density of 1.4-4 g/cm3. 
x Group D :  These are larger dense particles that often result in spout beds. They behave 
erratically and results in spouting behaviour. 
The Geldart group (Fig.1) is the most widely used powder classification. The classification 
however was based on experimental data of powders at atmospheric pressures. Powders are 
known to change their fluidisation characteristics with different operating pressures [20, 27].  
Saxena’s group: The thermal and hydrodynamic properties of the fluidised beds were 
considered in classifying different particles according to the Archimedes (Ar) and Reynolds 
(Re) number [26]. Archimedes number denotes the ratio of gravitational force to viscous force 
and relates the density difference between the fluid and particles. Reynolds number on the other 
hand relates the inertial forces to viscous forces and is used to characterise the flow as laminar 
or turbulent. Particle size is used as the characteristic length to calculate the Reynolds no. 
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x Group I : The particles with  1 d Re d 10 and 3.55 d Ar d 21,700 belong to Group I 
and the flow around the particles are laminar. The voidage at minimum fluidisation 
conditions, Hmf, remains constant with changing Remf and Ar. 
x Group IIA:  10 d Re d 40 and 21,700 d Ar d 130,000 classify the particle as Group 
IIA where the laminar boundary layer becomes increasingly turbulent with wake 
formation along the downstream of the particles.  The Hmf decreases with increasing 
Remf and Ar. 
x Group IIB : Particles have 40 d Re d 200 and 1.3 x 105 d Ar d 1.6 x 106  with complete 
turbulence with the separation point present along the downstream of the equatorial 
plane of the particle diminishing the wake size. The Hmf increases monotonically with 
increasing Remf and Ar. 
x Group III : Particles are characterised by Re t 200 and Ar t 1.6 x 106. The Hmf remains 
constant with a complete turbulent flow in the bed.  
Fig.1 Geldarts classification of particles used in fluidised bed at atmospheric 
pressure [5] 
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1.3 Particle size 
Most of the particles used in fluidised beds are not spherical, and therefore, an effective 
diameter or size is defined. An equivalent spherical diameter (dsph) is defined as the diameter 
of the sphere having same volume as the particle. Further, a parameter known as sphericity (I) 
can be defined which compares the surface area of the sphere and the particle with equal 
volume.  
In order to estimate the distribution of particle size in a given sample of powder, various 
techniques are available such as image analysis, sedimentation technique, laser diffraction etc. 
Every powder sample contains a statistical distribution of particles of different size [24]. The 
particle size is commonly represented either as a frequency distribution curve or a cumulative 
(undersize) distribution curve such as:  
x Number weighted distributions 
x Volume weighted distributions 
x Weighted distributions 
x Intensity weighted distributions. 
A range of statistical parameters can be utilised to interpret particle distributions. Commonly 
used are mean, median and modes [28] (Fig. 2). For a symmetric distribution of particle size 
(as in a Gaussian curve) these parameters are equivalent, however they are discreet values for 
a skewed distribution. Most commonly used means are: 
x Number length mean (D[1,0]) : It is often referred to as arithmetic mean and can be 
used only when the total no. of particles are known. 
x Surface area moment mean or Sauter mean diameter (D[3,2]): It is defined as the size 
of a sphere that has the same ratio of volume/surface area as a particle of interest. 
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x Volume moment mean or De Brouckere Mean diameter (D[4,3]) : It is the weighted 
average volume diameter, assuming spherical particles  of the same volume as  actual 
particles. 
 
 
The choice of the mean diameters depends on the reason of interest. For instance (Fig.3), D[4,3] 
is used to monitor the size of the coarser particles that makes up the bulk of the powder whereas 
D[3,2]  is most appropriate for monitoring proportions of fines in a sample [28]. The number 
length mean (D[1,0]) is not used in most calculations since the number of particles is an 
essential information. The moment means do not require the number of particle information. 
Fig. 2 : A particle size distribution showing the mean, median and mode for a symmetric 
and skewed distribution [8]
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For volume weighted particle size distributions, percentiles are used to monitor significant 
changes in the main particle size along with changes at the extremes of the distributions. 
Oversized particles and agglomerates can be identified easily with percentile diameters. D(0.1), 
Fig.3: A particle size distribution showing Sauter mean diameter (D[3,2] ) and volume 
moment mean diameter (D[4,3]) [4] 
Fig.4 The percentile diameters representing the particle size distribution 
for a modal and bi modal distributions [4] 15 
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D(0.5) and D(0.9) (Fig.4) and the widely used percentiles which define 10, 50 and 90% of the 
particle sizes are below the percentile. D(0.5) is also known as a median.  
Another important parameter that is widely utilised is the width ratio of the distributions, which 
is the ratio of standard deviation (V) and the representative diameter (drep) of the distributions. 
For segregation studies using continuous range of particles, segregation index has been 
correlated with the ఙ
ௗೝ೐೛
 ratio [15, 25]. Gaussian and Lognormal curves are often used to 
represent the particle size in segregation studies.  Chew et.al.,[15, 25] studied the axial 
segregation in bubbling fluidised beds with Gaussian and Lognormal distributions of Geldart 
Group B powders and concluded that wider Gaussian distributions show increased segregation. 
Also, for segregation studies, Gaussian curves are preferable than Lognormal as the segregation 
index shows a monotonic behaviour for Gaussian curves (Fig.5).  
The Gaussian and lognormal distributions are denoted as:  
௠݂,ீ௔௨௦௦௜௔௡ =
ଵ
ఙξଶగ
exp ቂെ
(௫ିௗ೘೐ೌ೙)
మ
ଶఙమ
ቃ                                  (eq. 2) 
௠݂,௟௢௚௡௢௥௠௔௟ =
ଵ
௫ఙξଶగ
exp ቂെ
(୪୬ (௫)ିௗ೘೐ೌ೙)
మ
ଶఙమ
ቃ      (eq. 3) 
1.4 Bubble characteristics 
Bubbles in solid-gas fluidisation enhances the heat and mass transfer capability and hence 
knowledge of their characteristics are of prime importance. Bubble size and its growth, bubble 
velocity, eruption frequency, maximum size are some of the parameters that has been utilised 
to understand and optimise the design of the fluidised beds [6]. Most of the correlations 
predicting the bubble properties in a fluidised beds are empirical and semi-empirical with fitted 
parameters from the experimental data. Both intrusive and non-intrusive methods have been 
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utilised to measure the bubble properties. Optical, pressure, acoustic, electric sensors intrude 
the bubbles rising in the fluidised bed to gather information while techniques such as high 
speed photography [29], X-ray [30], Electrical Capacitance Tomography(ECT )[31]and 
recently magnetic resonance [32]  have been used without disturbing the flow. Each method of 
measurement have their advantages over the other. The intrusive probes have generally been 
criticised for smaller values of bubble size mostly due to the fact that the probe may not always 
measure the maximum vertical dimension [33-39]. They are however a cost effective option 
for bubble measurements. Imaging/photography techniques, on the other hand, provide a 
comprehensive insight into the bubble dynamics but involve costly technology. The 
photography techniques are limited to two dimensional version of the fluidised beds. Electro-
capacitance tomography (ECT), X-ray and NMR are hence the most popular choice to image 
the interior bubbles in a three dimensional fluidised beds [40-48]. Their application is however 
limited due to size restrictions and inability to distinguish between overlapping bubbles [49]. 
Fig 6 shows the different aspects of a bubble that can be measured by the intrusive probes and 
the imaging techniques. Glicksman et.al [50] determined the relation between the data obtained 
from fibre optic probe and video recordings.  
Fig.5 : Plot showing the correlation between segregation index and V/dm for Gaussian and 
lognormal distribution [15] 
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Davies and Taylor [51] were the first to model the mechanics of bubble rise in liquids and most 
of the correlations used currently for bubble rise are based on their pioneering work. Table 1 
lists the various correlations used to estimate bubble rise velocity in a fluidised bed along with 
correlations for bubble size. Knowledge of these bubble characteristics thus assists the 
understanding of bubbling fluidisation: the most desirable fluidisation for heat and mass 
transfer. 
 
Fig.6: Different aspects of a rising bubble in a fluidised bed measured by intrusive probes. Df is 
called the frontal diameter, y is the pierced length, dvl is the vertical length and Tw is the wake 
angle [16] 
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Correlations for bubble size in fluidised bed 
1. ݕ = 3.274ߩ௣݀௣ ൬
௎బ
௎೘೑
െ 1൰
଴.଺ଷ
݄  [52] 
2. ݕ = 1.4ߩ௣݀௣ ൬
௎బ
௎೘೑
൰
 
݄ [53] 
3. ݕ = 0.34 ൬ ௎బ
௎೘೑
൰
଴.ଷଷ
݄଴.ହସ [54] 
4. ݀௙ = െ4.08 + 0.0534݄ + (0.173݄ + 2.2)
௎బ
௎೘೑
 [55] 
5a. Porous distributor : ݕ = 0.64൫ܷ଴ െ ܷ௠௙൯
଴.ସ
+ 0.019݄(ܷ଴ െ ܷ௠௙)
଴.ଽସ [46] 
5b. Perforated distributor: ݀௙ = 1.43݃ି଴.ଶ ቀ
௎బି௎೘೑
௡
ቁ
଴.ସ
+ 0.019݄(ܷ଴ െ ܷ௠௙)
଴.ଽସ (Geldart, 1972) 
6.   ௗ್೘ିௗೡ
ௗ್೘ିௗబ
= exp ቀെ
଴.ଷ௛
஽
ቁ ݀௕௠ [56] 
7. ݀௩ = ݀଴ൣ1 + 0.272൫ܷ଴ െ ܷ௠௙൯൧
భ
య(1 + 0.0684݄)ଵ.ଶଵ [57] 
                                                 ݀଴ = 0.61 ݂݋ݎ ܩ݈݁݀ܽݎݐ ܣ  
                                                 ݀଴ = 0.853 ݂݋ݎ ܩ݈݁݀ܽݎݐ ܤ  
                                                 ݀଴ = 1.23 ݂݋ݎ ܩ݈݁݀ܽݎݐ ܦ   
8. ݀ =
൫௎బି௎೘೑൯
భ
మ(௛ା௛బ)
య
ర
௚భ/ర
 [58] 
9.  ݀௩ = 0.54݃ି଴.ଶ൫ܷ଴ െ ܷ௠௙൯
଴.ସ
(݄ + 4ܣ଴
଴.ହ)଴.଼ [59] 
 
Table: 1. Correlations from literature on bubble characteristics 
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10. ݀௩ = ݀଴ +
௞య
ଵଵ.ଵଷ௠
݄ହ݀଴
଴.ହ +
ቀ
ೖయ
మమ.మల
ቁ
మ
௛మೞ
௠(௠ିଵ)
; ݇ଷ = 82, ݉ = 10, ݏ = 0.4 [60] 
11.  ܨ(݀௩) െ ܨ(݀௕଴) =
(೓ష೓బ)భయ
ర
ቆ௚௖
ఱ
రቇ
൫௎బି௎೘೑൯
మ  [50] 
ܨ(݀) = ቆ
0.71ඥ݃݀
ܷ଴ െ ܷ௠௙
+ 1ቇ
ଽ
ସ
 ቆ
0.71ඥ݃݀
ܷ଴ െ ܷ௠௙
െ
4
9
ቇ
ଽ
ସ
+
4
9
; ܥ = 0.3 
12. ൫ܷ଴ െ ܷ௠௙൯(݀௩ െ ݀଴) + 0.474݃଴.ହ(݀௩ଵ.ହ െ ݀଴ଵ.ହ) = 1.132൫ܷ଴ െ ܷ௠௙൯݄  [61] 
Correlations for single bubble rise velocity in the fluidised bed: 
13. ܷ௕௥ = 0.71ඥ݃݀௕ [62] 
14. ܷ௕௥ = 0.71݃ଵ/ଶ ௕ܸ
ଵ/଺
    [63] 
15. ܷ௕௥ = 0.74݃ଵ/ଶ ௕ܸ
ଵ/଺
  [64] 
16. ܷ௕ = 0.35ඥ݃݀௕ tan଴.ହହହ ൬3.6 ቀ
ௗ್
஽
ቁ
଴.ଽ
൰ [65]  
17. ܷ௕௥ = ݇௩ට݃
ௗ್
ଶ
  [44] 
݇௩ = 1.38 െ 0.00182݀௣ 
Correlations for bubble velocity in a fluidised bed 
18. ܷ௕ = ܷ௕௥ + (ܷ଴ െ ܷ௠௙) [62] 
19. ܷ௕ = ߮ඥ݃݀௕ [57] 
                                     For Geldart A (FCC): ߮ = ൝
1                  ܦ ൑ 10
0.396ܦ଴.ସ             10 < ܦ < 100
2.5                  ܦ ൒ 100
 
Table: 1 (contd.) 
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1.4.1 Bubbling fluidisation 
Heterogeneous fluidisation is characterised by the presence of bubbles in a particulate bed. 
These bubbles are regions of higher void fraction and the denser regions are known as the 
emulsion phase where the solid phase is dominating. A bubble is generally considered only if 
its size is more than 10 times the diameter of the particles [1]. The bubbles originate at the 
surface of the distributor plate and grow through the bed height due to coalescence. According 
to Harrison [1], the type of fluidisation (homogenous or bubbling) depends upon the conditions 
prevailing for formation of a minimum size bubble. When the circulation velocity of the fluid 
                                     For Geldart B (Sand) ߮ = ൝
0.64                  ܦ ൑ 10
0.254ܦ଴.ସ             10 < ܦ < 100
1.6                  ܦ ൒ 100
 
 
20a.  ܨ݋ݎ ܩ݈݁݀ܽݎݐ ܣ ܽ݊݀ ܦd 100 ܿ݉:     ܷ௕ = 0.34 ቀ൫ܷ଴ െ ܷ௠௙൯ + 14.1(݀ + 0.5)ቁ ܦ଴.ଷଷ + ܷ௕௥  
20b. For Geldart B and D d 100 ݉:            ܷ௕ = 0.0032 ቀ൫ܷ଴ െ ܷ௠௙൯ + 11.3݀௕଴.ହቁ ܦଵ.ଷହ + ܷ௕௥ 
20c. The wall effect is important for db/D 0.125 : ܷ௕௥ = 0.711ඥ݃݀௕ 
20d. And for 0.125 ddb/D 0.6 : ܷ௕௥ = ൫0.71ඥ݃݀௕൯1.2exp (െ ଵ.ସଽௗ್஽ ) 
For db/D t0.6 slugging is more probable [2]. 
Where y : pierced length (Fig.6) ; Uo : superficial gas velocity (cm/s) ; h : distance from distributor 
(cm) ; df : frontal diameter (cm) ; dbm: max. possible bubble diameter (cm) ; dv : volume avg. eq. 
bubble diameter (cm) ; Ubr : signle bubble rise velocity (cm/s); Vb : bubble volume (cm3); D : 
fluidised bed diameter (cm) 
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within the bubble is less than the terminal fall velocity, bubble growth occurs. However, when 
the circulation velocity exceeds the terminal fall velocity of the particles, the particles from the 
wake are dragged inside the bubble, resulting in the bubble dissolution [1]. 
 The velocity at which fluid starts to bubble in a fluid bed is known as the minimum bubbling 
velocity, Umb. For powders belonging to different groups characterised by size (d) and density 
(U) (Geldart’s Group), Umb has varying characteristics. For instance, a fluid bed composed of 
Group A powders the bed expands uniformly prior to bubble formation and produces a 
“smoother” fluidisation quality when fluidised beyond minimum fluidisation conditions [2]. 
However, Group B particles bubble instantaneously at the minimum fluidisation condition [2]  
The fluid flow through the bubbles have a significant effect on the quality of solid-gas 
interaction, in particular, the movement of the emulsion phase either in the wake or around the 
Fig.7: A two-dimensional bubble 
[1]
Fig.8: (a) Streamline around the bubble. (b) Particle 
movement around the approaching bubble (dark line 
numbered 1-4) [1] 
(b) (a) 
22 
 
Literature review 
bubble. Unlike a liquid gas, bubbles in a fluid bed are elliptical in 2D beds, and or a distorted 
spherical shape in 3D beds where the base of the sphere is indented [1].  
Fig.7 shows a two-dimensional bubble and the particle flow around it. It is observed that the 
flow of particles around the bubble is similar to the flow of a fluid around a rigid spherical 
body with streamlines passing smoothly around the bubble. From the frame of reference of the 
bubble, the particle motion is revealed (Fig. 8b). When the  bubble approaches a axial location 
in the bed particles that surround the bubble drift sideways perpendicular to the direction of 
flow of bubble. As bubble travels away, the particles hey return to their respective radial 
position but at a lower height. This process mixes the particles from a higher to lower axial 
location. In Figure 8a the streamline is shown from the emulsion frame of reference and Figure 
8b shows the particle path from the bubble frame of reference. It can be seen that the particles 
moves sideways (along the horizontal axis) and finally form a looping motion (dark line 
numbered 1-4) resulting in a net upward displacement after the bubble has passed [6]. This is 
one of the basic mechanisms of mixing inside a fluid bed that creates a high degree the 
Fig.9: a) Bubble flow pattern in a shallow bed; b) Bubble flow pattern in a deep bed [6] 
(a) 
(b) 
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uniformity of temperature uniformity through a bed, which is desired in heat transfer 
applications [6].  
The bubble path shows a strong dependence on the aspect ratio (AR) of the bed [2, 6]. In 
shallow beds (AR<2), the bubble flow takes place away from the centre line and the emulsion 
phase flows down the centre line and has an upward motion near the end walls. However, in 
deep beds (AR>2), the bubbles converge and grow along the centreline and are accompanied 
by the emulsion phase in its ascent along the centre line, giving rise to downward flow of the 
emulsion near the walls. Figure 9 summarises the macroscopic flow of bubbles and the 
emulsion phase in fluid beds with varying AR [6]. 
1.5 Segregation in fluidised beds 
Segregation in a fluidised bed is defined as separation of a single type of particle from the 
general populace. The separation occurs due to size or density difference and occurs as soon as 
the fluid passage enables the movement of the particles in the fluidised beds. Both gas-solid 
and liquid-solid fluidised bed experience segregation of particles but for different reasons. The 
movement of bubbles is mainly responsible for segregation in gas-solid fluidisation, while 
density difference is operative in liquid-solid fluidisation [1].  Initial experiments by Nienow 
and Cheesman [66], Nienow and Chiba [67] and Altenkirch et.al.,. [68] used words like 
“flotsam” and “jetsam” to describe the top and bottom particle layers after segregation. The 
heavier or larger particles settle at the bottom of the bed while a lighter and finer particles float 
at the top of the bed. An inverse phenomenon also occurs called “layer inversion” in liquid-
solid fluidised bed where flotsam and jetsam switch their defined location after mixing at 
higher flowrates [69].  
Size segregation has been found to increase by increasing the bed height, increasing gas flow, 
widening the size distribution by decreasing the size of fines and increasing the mean size of 
powders [70]. Experimental works on size segregation usually present the volume/weight 
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fraction of jetsam and flotsam particles along the height of the fluidisation column for different 
operating parameters. The fluidised bed is divided into horizontal segments and the powders 
in each section is collected and analysed [71]. The data is presented in a visual form of variation 
of concentration from the mean concentration. Widely used analysis parameters such as 
coefficient of segregation (Cv) and the mixing index (M) are used to quantify and compare 
segregation of different fluidisation systems [71] and are defined as: 
ܥ௩ =  
ܺ஻ െ ்ܺ
ܺ஻ + ்ܺ
100 (%) 
Where XB and XT  are the concentration of material of interest in the botton and top halves 
respectively,  
ܯ =  
ܺ
തܺ
 
Where X is the concentration of the larger/denser particles at the top  of the bed  and തܺ is its 
average concentration in the bed.  Binary powder samples have been recently classified 
according to their segregation behaviour by Rao et.al. [13] using density, size and velocity ratio 
൬
௎೘೔೙,೑೗೚೟ೞೌ೘
௎೘೔೙,ೕ೐೟ೞೌ೘
൰to define a segregation index (S);  
ܵ =  ൬
௫೔ି௫೘
ଵି௫೑
൰          (eq. 4) 
Where, xi is the mass fraction of jetsam in each horizontal layer, xm is the final flotsam fraction 
in the bed at the end of experiment, and xf is the initial  composition of the jetsam in the bed.  
 The binary mixtures can be classified as type A-D according to [13] and are represented 
graphically in Fig. 10: 
x Type A : Particles with very large particle size ratio (dr > 4.5; Ur > 8) which  fluidize 
at two distinct points when fluidised from a completely segregated stage. The pressure 
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drop profile for an initially mixed state shows a linear increase followed by an erratic 
Type A 
Type B
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fluctuation about a mean value caused by the entrapment of the flotsam in the jetsam 
Type C
Type D
Fig. 10 : Classification of binary mixture on the basis of level of segregation [13] 
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region. On the other hand, the pressure drop curve for an initially segregated powders 
show two distinct linear profiles, denoting the fluidisation of flotsam and jetsam 
particles sequentially. There is a distinct change of slope which denotes the partial 
fluidisation of the bed. Upon complete fluidisation the pressure drop profile remains 
constant. The velocity required to fluidise the bed is slightly larger than the minimum 
fluidisation velocity of the jetsam alone. The segregation index is seen to decrease and 
then increase after a critical flowrate. This occurs due to larger bed expansion of flotsam 
than jetsam at higher flowrates. 
x Type B : Particles having significant level of disparity in size and density (Ur > 3 or 4.5 
> dr > 3.3; 4.2 < Ur < 8) belong to Type B who have similar pressure drop profiles as 
Type A. The segregation index however shows a monotonic decreasing trend with 
flowrate increase.  
 
x Type C: These powders have intermediate level of disparity in size and density (2 <Ur 
< 3  or 2 > dr > 3.3; 2.5 < Ur < 4.2). The pressure drop profile shows a linear increase 
with a single peak behaviour as shown in the Fig. 10. The segregation index is large at 
lower velocity followed by a very low constant value at higher flowrates representing 
a complete mixing stage.  
x Type D: Mixtures having minimal disparity in particle size and density (1 <Ur < 2 or 1 
> dr > 2; 1 < Ur < 2.5) behave like a single component bed that fluidised at a single 
point. They show good mixing even at lower velocities.  
Continuous particle distribution powders occur more commonly than single component 
mixtures. Segregation in a distributed powder depends on the width of the particle distributions 
often represented as a Gaussian or Log normal curve [25]. The width of  
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the particle distribution also influences the bubble properties in the bed namely frequency, and 
velocity. The local particle distribution of any powder sample in the bed is known to be similar 
to the overall powder distribution.[15]. Similar to binary or ternary mixtures, larger and finer 
particles separate at the bottom and top of the bed, respectively.  
Various mechanism have been proposed and reported that contribute to the segregation process. 
Consequently, a number of analytical and numerical models have been proposed in the 
literature that are used to predict the concentration profiles for different operating parameters. 
The Gibilaro-Rowe (GR) [10] model is the fundamental model used to estimate the segregation 
distribution for binary mixtures in a gas-solid fluidised bed. It is a steady state differential 
formulation of physical mechanisms of segregation that accurately predicts the segregation 
profiles for the binary mixtures. The parameters used in the GR model have been studied by 
Naimer et.al, [72] and Tanimoto et.al., [73] to link them to the fluidisation behaviour. The basic 
mechanisms that affect segregation in gas-solid fluidised beds are:  
x Circulation: Solids that are carried up by the wake of the bubble contributes to the 
circulation. w is the volumetric flowrate (L3/T) with which the jetsam travels from the 
bottom of the bed to the top resulting in a total circulation of wCB(z) of the bulk phase 
and from top to the bottom with a circulation of wCw(z). CB and Cw are the volume 
fraction of jetsam in bulk and wake phase, respectively. 
x Exchange: The exchange of solids between bulk and wake phase contributes to 
separation of jetsam and flotsam. The rate of exchange is defined as the total volumetric 
rate of exchange per unit height of bed (L2/T).  
x Axial mixing: A pseudo-diffusional coefficient is defined to account for axial 
displacement of the solids due to movement of bubbles. A parameter r with dimensions 
L4/T describes the total axial mixing of the jetsam as (r/H)(dCB/dZ).  
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x Segregation: The segregation coefficient accounts for the separation of particles on the 
basis of their physical characteristics such as density and size. A parameter k with 
dimensions L3/T is used to define segregation of particles. 
Gibilaro and Rowe [10] formulated a governing equation (Fig.11) by considering the above 
mechanism which can be solved analytically and numerically to yield the concentration profile 
of the jetsam. These governing equations are: 
௥
ு
ௗమ஼ಳ
ௗ௓మ
+ (ݓ + ݇ െ 2݇ܥ஻)
ௗ஼ಳ
ௗ௓
+ ݍ݄(ܥ௪ െ ܥ஻) = 0     (eq. 5) 
and 
ݓ
ௗ஼ೢ
ௗ௓
െ ݍ݄(ܥ஻ െ ܥௐ) = 0    (eq. 6) 
Fig. 11 : The Gibilaro and Rowe model [10] 
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The drawback of the analytical solution to these governing equations is the use of approximate 
parameters which are semi-empirical in nature with fitted coefficients from various 
experiments and thus have limitations. Numerical solutions on the other hand yields more 
accurate concentration profile. Hoffman et al [74] was the first to solve the governing equations 
for cases without axial mixing numerically. Leaper et.al [75] solved the complete Gibilaro and 
Rowe model numerically with accurate predictions. These solutions are however valid only for 
binary mixtures. No attempt has been made to consider continuous powder distributions. CFD 
solutions, however, have been utilised to predict the hydrodynamics of fluidised beds with 
single and multiple particle sizes.The numerical solutions are based on the first principles of 
conservation of mass and momentum and hence are more accurate than the analytical models. 
Nevertheless, even the numerical models depend on the semi-empirical models to provide 
proper closures to certain indeterminate terms in the governing equations as solid effective 
stress tensors and the interaction forces shared between the phases. DQMOM (Direct 
Quadrature Method of Moments) have been used to solve polydisperse fluidised beds [76] as 
they provide efficient method to solve the population balance models  
 
1.6 Numerical solution of fluidised bed hydrodynamics 
To understand the complex multiphase flow behaviour inside gas-solid fluidised beds the 
mathematical models proposed mainly falls under four groups depending on how they treat 
each phase and the magnitude of the length scales. These are (1) Discrete Bubble model, (2) 
Two-fluid model (TFM), (3) Discrete Particle model and (4) Molecular Dynamics mode, where 
the gas-solid phases are considered to be either Eulerian or Lagrangian [77]. Selection of these 
models depends mostly on the geometry to be modelled and the available computing resources. 
For instance, the Eulerian-Eulerian models are used readily for lab/pilot scale fluidised bed 
models whereas due to limitation on computational resoruces the Lagrangian-Lagrangian 
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models are limited to miniature scale models due to requirement of input of number of particles  
y.  Of these, most popular are the Two-Fluid models (Eulerian-Eulerian) where the two phases 
are modelled as interpenetrating continua. Each of the two phases are modelled as separate 
fluid (gas and solid) and is solved by Eulerian method (classical Navier-Stokes equation) [30]. 
The solid-fluid coupling is given by drag force that appears in the momentum balance equation 
for each phase and is equal in magnitude but opposite in direction. Anderson and Jackson [78] 
formulated by the overall averages of local mean variables of each phase to translate the 
Navier-Stokes equation for the fluid directly into mass and momentum continuum equations 
for the solid and gas phase. The following set of equations completely define the mass and 
momentum differential equations for the solid and gas phase[30, 78]: 
Continuity equations  
Gas phase: 
߲൫ߝ௚ߩ௚൯
߲ݐ
+ ׏ ή ൫ߝ௚ߩ௚ݒ௚ሬሬሬሬԦ൯ = 0                             (݁ݍ. 7ܽ) 
Solid phase 
߲(ߝ௦ߩ௦)
߲ݐ
+ ׏ ή (ߝ௦ߩ௦ݒ௦ሬሬሬԦ) = 0                              (݁ݍ. 7ܾ) 
 
Momentum Equations 
Gas phase 
߲൫ߝ௚ߩ௚ݒ௚ሬሬሬሬԦ൯
߲ݐ
+ ׏ ή ൫ߝ௚ߩ௚ݒ௚ሬሬሬሬԦݒ௚ሬሬሬሬԦ൯ = െߝ௚׏ ௚ܲ + ׏ ή ߬௚ + ܨ௦൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯ + ߝ௚ߩ௚ Ԧ݃              (݁ݍ. 8ܽ) 
Solid phase 
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߲(ߝ௦ߩ௦ݒ௦ሬሬሬԦ)
߲ݐ
+ ׏ ή (ߝ௦ߩ௦ݒ௦ሬሬሬԦݒ௦ሬሬሬԦ) = െߝ௦׏ ௚ܲ െ ׏ ௦ܲ + ׏ ή ߬௦ െ ܨ௦൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯ + ߝ௦ߩ௦ Ԧ݃        (݁ݍ. 8ܾ) 
 
where  ߬௚ = ߤ௚ൣ׏ݒ௚ሬሬሬሬԦ + ׏୘ݒ௚ሬሬሬሬԦ൧ െ
ଶ
ଷ
ߤ௚൫׏ ή ݒ௚ሬሬሬሬԦ൯ࡵ                                            (ࢋࢗ. ૢܽ)                 
 ߬௦ = ߤ௦[׏ݒ௦ሬሬሬԦ + ׏୘ݒ௦ሬሬሬԦ] + ቀߣ௦ െ
ଶ
ଷ
ߤ௦ቁ (׏ ή ݒ௦ሬሬሬԦ)ࡵ                                (ࢋࢗ. ૢܾ) 
 and 1 െ ߝ௚ =  ߝ௦ 
For the problem to be completely defined the governing equations requires closures for the 
solid-phase pressure ( ௦ܲ), solid-phase shear viscosity (ߤ௦) and the solid-phase bulk viscosity 
(ߣ௦). These constitutive equations are derived from kinetic theory of granular flow and are 
presented in Table.2. Apart from these closures, kinetic theory of granular flow requires the 
solution to the transport equation for the granular temperature (Eq.10). Granular temperature, 
ĬVLJQLILHVWKHUDQGRPPRWLRQRIWKe solid particles and is analogous to temperature definition 
according to Kinetic theory for dense gases [79]. 
3
2
ቈ
߲(ߝ௦ߩ௦Ĭୱ)
߲ݐ
+ ߝ௦ߩ௦ݒ௦ሬሬሬԦĬୱ቉ = (െ ௦ܲࡵ + ߬௦) ׷ ׏ݒ௦ሬሬሬԦ + ׏ ή (݇௦׏Ĭୱ) െ ߛ + ߶௦              (݁ݍ. 10) 
Solutions to the mass and momentum equations have been carried out for numerous cases in 
fluidised beds [80-86]. A two dimensional bed with bubble injection by a jet is the most popular 
numerical model to be solved by numerous researchers [80-86]. The advantage of knowledge 
of definite bubble shape and size from the experimental data enables validation of numerical 
solutions. A number of numerical studies have improved the application of TFM to accurately 
describe the hydrodynamic behaviour of a fluidised bed [87-90].  
In recent years, hybrid models involving CFD and DEM have been tested to improve the 
accuracy of the numerical predictions and avoid the complex empirical closures to traditional 
TF models [91, 92]. The major disadvantage with a complete discrete solution is the availability 
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of computing resources and time. Most of the DEM studies involve a very small scale models 
of the fluidised bed due to the limitation of number of particles. The solutions are however  
highly accurate [93-95].  
 
 
݌௦ =  ߝ௦ߩ௦ȣୱ +  2(1 + e)ɂୱ
ଶg଴ߩ௦ȣୱ  
ߤ௦ =  
4
5
ߩ௦݀௦g଴(1 + e) ൬
ȣୱ
Ɏ
൰
ଵ
ଶ
+ 1.01600 
5
16
m
dୱ
ଶ
൬
ȣୱ
Ɏ
൰
ଵ
ଶ ቀ1 +
4
5
(1 + e)ɂୱg଴ቁ ቀ1 +
8
5
ɂୱg଴ቁ
ɂୱg଴
 
ߣ௦ =
4
3
ߩ௦݀௦g଴(1 + e) ൬
ȣୱ
Ɏ
൰
ଵ
ଶ
 
݃௢ =
1
ߝ௚
+
3݀௦௠
2ߝ௚
ଶ
෍
ߝ௞
݀௦௞
ெ
௞ୀଵ
 
Srivastava and Sundaresan [13] frictional model: 
݌௖(ߝ௦) = ൞
ܨݎ
൫ߝ௦ െ ߝ௦,௠௜௡൯
௥
൫ߝ௦,௠௔௫ െ ߝ௦൯
௦
     0 , ߝ௦ >  ߝ௦,௠௜௡ 
, ߝ௦ >  ߝ௦,௠௜௡ 
ߤ௦
௙
=  
݌௖(ߝ௦)ξ2ݏ݅݊߶
2ߝ௦ටܦന௜௝ : ܦന௜௝ +
ȣୱ
dୱ
ଶ 
 
where Dij is the strain rate and ߶ is the internal angle of friction 
ߛ = 3(1 െ ݁ଶ)ߝ௦
ଶߩ௦݃௢ȣୱ ቆ
4
dୱ
൬
ȣୱ
ʌ ൰
ଵ/ଶ
െ ׏ ή ݒ௦ሬሬሬԦቇ 
 
Table.2. Closure Equations used in governing equations   
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The sub-atmospheric fluidisation pose an interesting challenge to the validity of the CFD 
models in the slip flow regime. At atmospheric pressures, the Eulerian-Eulerian models 
consider the particles and the gas medium to the inter-penetrating continuum medium and thus 
are within the continuum approximation. Under vacuum (especially slip flow regime), the 
continuum approximation begins to break down and thus it is not known if the existing 
fluidisation models would predict the hydrodynamics accurately.  
1.7. Hydrodynamics in high pressure fluidised beds 
Understanding hydrodynamics of fluidised beds is important for the prediction of the heat and 
mass transfer characteristics. The particle mixing, bubble formation, formation of slugs (gas 
bubble occupying the entire width or diameter of the fluidised bed), effect the heat and mass 
transfer processes directly. The operating pressure is an important parameter that affects the 
hydrodynamics of fluidised beds and hence affect the heat and mass transfer capacity of the 
beds.  Gas-solid fluidisation has been studied over a wide pressure range, from sub-atmospheric 
[18, 20, 96] to atmospheric to high pressures [97, 98]. With increase of operating pressures, 
several parameters such as minimum fluidisation velocity and minimum bubbling velocity are 
affected and are discussed below.  
1.7.1 Minimum fluidisation velocity 
For powders belonging to Geldart’s group A, an increase in pressure has no effect on minimum 
fluidisation velocity since for small particles the fluid-solid interaction is dominated by fluid 
viscosity which remains constant with pressure (flow is in laminar regime as characterised by 
Re (<1)).  However, for larger particles belonging to Group B, the inertial forces becomes 
predominant which are influenced by the operating pressures[21] ( flow regimes transists into 
turbulent flow [99]). Fig. 12 summarises the effect of pressure on different particle sizes [9]. 
For larger particles, increasing pressure decreases the minimum fluidising velocity A similar 
trend is observed in particles belonging to Group D. The effect of Reynolds number (Re=஡୳ୢ
ஜ
 ) 
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for laminar range (Re < 0.5) has no effect on the minimum fluidisation velocity, whereas a 
monotonic decreasing trend in turbulent flow regime (Re > 500) can be observed [100].  
 
1.7.2 Minimum bubbling velocity and voidage 
The occurrence of bubbling fluidisation is a sign of instability of the equilibrium state of the 
particle bed and is desirable for high particle mixing.  The application of pressure above 
atmospheric extends the region of stability and delays the occurrence of bubbles for finer 
particles belonging to Group A. Thus, the region of stability extends to higher velocity and 
consequently leads to higher voidage as governed by the Richardson-Zaki equation (eq.11).  
The velocity of fluid (u), as described by the Richardson-Zaki equation [99] : 
ݑ = ݑ௧ߝ
௡                                                                                    (݁ݍ. 11) 
Where,  ߝ is the voidage of the fluidised bed, ut is the terminal velocity of the particles and n 
is an exponent whose value varies from 4.8 for laminar flow to 2.4 for turbulent flow and is 
dependent on Re For instance, Group A powders are stable up to a pressure of 90 bar at the 
voidage of 0.7 instead of 0.45 at atmospheric pressures [101]. For Group B particles, the 
bubbles occur at minimum fluidisation at atmospheric pressure [2]. They are more sensitive to 
Fig.12: Effect of increasing pressure on the minimum fluidisation velocity [9]
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rise in pressure and a modest increase of pressure makes the fluid bed behave similar to Group 
A particles with increased stability [101]. Fig.13 demonstrates the behaviour of Group A and 
B with pressures by plotting the variation of terms T1 and T2 in  eq.12 with pressure and 
voidage [27]. Stability is achieved when T1>T2.  
൤
௚ௗ೛(ఘ೛ିఘ೑)
௨೟
మఘ೛
൨
଴.ହ
െ 0.56݊(1 െ ߳௠௕)
଴.ହ߳௠௕
௡ିଵ = ቄ
௣௢௦௜௧௜௩௘,௦௧௔௕௟௘
௡௘௚௔௧௜௩௘,௨௡௦௔௧௕௟௘
ቅ  
(eq.12) 
With T1 and T2 being the first two terms on LHS of eq.12.
1.7.3 Fluid bed dynamics at higher pressure 
The effect of pressure also affects the dynamics of fluid beds. Bubble characteristics are found  
to be sensitive to an increase in bed pressure [2].  However the effect varies with particle size 
and density [27]. For instance, for Group A particles, there exists a maximum size of bubbles 
in the bed during their evolution which is then followed by its disassociation for atmospheric 
operating pressures. The limitation of bubble size increase beyond a maximum occurs due to 
the circulation caused by the shear force on the rising bubbles by the falling particles in the 
Fig.13: Variation of T1 and T2 in eq.12 with pressure and voidage [27] 
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emulsion phase. As a result, a circulation velocity, uc, is set up inside the bubble that is 
approximately equal to the bubble rise velocity, ub. When uc exceeds the terminal fall velocity, 
ut, of a single particle (constant velocity attained due to balance of drag force and weight of 
particle), the particles from the wake are drawn into the bubble causing it to break [1]. For 
small and lighter particles, since ut is smaller, they show a smoother fluidisation. Since the 
effect of pressure is to reduce ut, the fluidisation remains smooth even at higher pressures for 
Group A particles as bubbles formation is restricted.  
Another reason attributed to the breaking of a bubble is the decrease in the kinematic viscosity 
of the dense phase, which is a strong function of voidage, which in turn is a function of 
pressures for finer particles [102]. Therefore, a decrease in kinematic viscosity, due to increase 
in voidage caused by increase of pressure for Group A particles, would result in rapid breaking 
of bubbles. Viscosities of particles greater than 100 μm are practically insensitive to increase 
of pressure [103]. The bubble breakage is also caused due to the falling of particles from the 
bubble roof. The falling of particles is more pronounced at higher pressures [27].  
The bubble behaviour of Group B particles under increasing pressure is similar to Group A 
particles.  However, it is also observed in addition that the rise velocities of the bubbles increase 
despite reduction in their size. Increasing pressure condenses the distribution of bubbles in the 
bed and limits it only along the vertical axis of the bed [21]. A central channel, therefore, can 
be seen due to rapid increase in bubble coalescence at higher pressures. In contrast, a fluidised 
bed at atmospheric pressure would exhibit a uniform distribution of bubbles.  
1.8. Hydrodynamics of sub-atmospheric fluidised beds. 
In the literature, fluidisation under vacuum conditions has been examined by a few researchers  
who have reported general observations on hydrodynamics of fluidisation [17, 104-108], heat 
transfer [7, 29] along with theoretical analysis of operating parameters and their effect on 
fluidisation [96, 107]. An advantage often cited for use of vacuum conditions is the existence 
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of safe operating conditions for certain thermolabile substances often used in pharmaceutical 
industry. Apart from this, vacuum conditions also offers possibility of reduction of operating 
temperatures and thus opportunity for reduction of energy for certain chemical reactions in 
extractive metallurgy such as in reduction of magnesium from dolomite by ferrosilicon [20]. 
In addition, there is a possibility to utilise the advantage of low mass consumption (in kg/s) of 
fluidising media at sub-atmospheric pressures for thermo-chemical treatments of metals found 
from preliminary results of unpublished work of Fabijanic et.al [109]. This aspect of the 
vacuum fluidised bed is further dealt with in Chapter 3 in context of heat 
treatment/thermochemical processing of metals in FBR.  
Vacuum fluidisation was first carried out by Kawamura and Suezawa [108] who studied the 
mechanism of fluid flow at reduced pressures (0.133-13.33 kPa) for particulate beds of Group 
B powders( sand, silica gel and glass beads).  These researchers reported similar fluidisation 
behaviour as found in atmospheric conditions for all bed material. Subsequently, experiments 
were carried out by various researchers [20, 104, 107, 110, 111] who attained lower sub-
atmospheric pressures and examined various particle sizes under vacuum conditions and these 
results are discussed in the following sections. 
1.8.1 Effect of slip flow on fluidisation 
A distinct feature of the fluidised bed at sub-atmospheric pressure is the significant pressure 
drop through the bed in comparison to the operating pressure which  gives rise to an increasing 
velocity gradient along the bed height and thus results in differential nature of fluidisation [20]. 
At atmospheric pressure, this phenomenon is absent and hence no effect is observed on quality 
of fluidisation. However, a quiescent layer and a fluidising layer co-exist in vacuum conditions 
due to the presence of significant pressure drop and intermediate slip flow characterised by Kn 
൬=
଴.଴଴ଵଷଷସ 
௉ௗ೛
൰ (where dp is the particle diameter) in the UDQJHRIí7KHH[LVWHQFHRIVOLS
flow also means a reduction in solid-gas interaction force that contributes to the 
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inhomogeneous fluidisation. The quality of fluidisation is one of the area of concern that deters 
its utility. The existence of dual layer of fluidisation narrows down the window of flowrates 
where the bed can be operated in a bubbling zone. This is because the vacuum bed either 
bubbles & remain quiescent or bubbles & slug at bottom and top of the bed, respectively, with 
increasing flowrates. A similar behaviour is also observed during segregation caused by 
differential particle size in the bed [74]. It is not known how the effect of segregation and the 
significant pressure drop effects the quality of the fluidisation under vacuum.  
Kusakabe et.al [107] theoretically analysed the existence of slip flow and its effect on the 
minimum fluidisation velocity, Umf. The existence of slip flow reduces the drag force and 
results in an increased umf in vacuum conditions. Kusakabe et.al [107] combined the expression 
for throughput of gas under viscous flow regime and molecular flow regime as proposed by 
Dushman [112] and expressed the Umf as : 
                                ܷ୫୤ = ܷ୫୤୴
௉೚
௉
ቈ1 +
௞మ(ଵିఢౣ౜)
ఢౣ౜
× ට
ଶோ்
గெ
ఓ
థௗ೛௉೚
቉                                  (eq. 13) 
Where, Umfv is the minimum fluidisation velocity at atmospheric conditions; Po is the pressure 
at the bottom of the bed; P is the pressure at any axial location of the bed; M is the molar mass 
of the gas, ߳୫୤ is the void fraction at Umf, k2 =50 [112], ߤ is the dynamic viscosity of the gas, 
dp is the particle diameter; T is the temperature of gas. 
Later on, Llop et.al [96] modified Kusakabe’s attempt by including the effect of viscous and 
turbulent flow regime and proposed a general equation for prediction of Umf for all pressure 
ranges (from sub-atmospheric to atmospheric). According to Llop et al [96], Umf (or 
alternatively, Remf) is expressed as: 
ܴ݁௠௙ =
ە
۔
ۓ൤ቀ
଴.ଽ଴ଽ
௄௡ା଴.଴ଷ଴ଽ
ቁ
ଶ
+ 0.0357ܣݎ൨
ଵ/ଶ
െ ቀ
଴.ଽ଴ଽ
௄௡ା଴.଴ଷ଴ଽ
ቁ ,                  ݂݋ݎ ߶ > 0.8
൤ቀ
ଵ.ଽ
௄௡ା଴.଴ସଽଶ
ቁ
ଶ
+ 0.0571ܣݎ൨
ଵ/ଶ
െ ቀ
ଵ.ଽ
௄௡ା଴.଴ସଽଶ
ቁ ,       ݂݋ݎ 0.5 < ߶ ൑ 0.8
         (eq. 14) 
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Where Ar is the Archimedes numberቀ= ௗ೛
యఘ൫ఘ೛ିఘ൯௚
ఓమ
ቁ; Re ቀ= ఘ௎ௗ೛
ఓ
ቁ is the Reynolds number 
and Kn is the Knudsen number. 
The increase of Umf with increasing sub-atmospheric pressure also suggest that the superficial 
mass consumption of the gas reduces with pressure. Due to the presence of vacuum conditions, 
the density of the gas reduces significantly as compared to atmospheric conditions which 
causes a natural increase in velocity to conserve continuity of mass flowrate. Thus, although 
the Umf increases with reduction of pressure, the mass consumption reduces. This fact is not 
highlighted in literature and bears greater advantages for use in surface treatment of metals 
where the quantity of consumption of gases is significantly higher.  
Eq. 14, predicts the minimum fluidisation velocity from slip flow to viscous and turbulent flow 
regimes accurately. It has been compared successfully with equations from Wen and Yu [113] 
and Kusakabe et.al [107], who approach these flow regimes separately. A limitation of Eq.14 
is that it does not take into account the inter-particle cohesive forces that becomes predominant 
for very fine particles. Wank et.al.,[114] proposed a modified form (eq.15) of Llop’s equation 
which included the cohesive force term.: 
1.75ܥଵܴ݁௠௙
ଶ + ܼܴ݁௠௙ െ ிܰ௅ = 0                  (eq. 15) 
Where, C1 and Z are constants[114]; NFL is a cohesive-force number. 
1.8.2 Effect of particle size 
Kusakabe et.al [107] used a wide range of particle diameters of different material such as glass 
beads (139-445Pm), Fe (150Pm), Al (130Pm), PVC (130Pm) and sub-micron particles such as 
Al2O3 (0.41Pm), TiO2 (0.14Pm), SiC (0.12Pm) and Ni (0.02Pm). These particles fall under a 
wide range of Geldart’s group A, B and C group, respectively. Agglomerates with mean size 
of 150-200Pm were found to form for Group C particles. It was observed that the fluidisation 
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of ultra-fine particles took place without difficulty under vacuum pressure (1-100 kPa). The 
fluidisation was carried out for shallow beds only.  The formation of agglomerates is a property 
of the solid and was found to independent on pressures.  An upper and lower fluidisation section 
existed for all particle sizes.   
In another vacuum FB study by Mawatari et.al [17], Group C particles were studied for 
vibration induced fluidisation. Glass beads of 6Pm were used and different flow structures were 
observed under vibration and varying gas velocity. Fig. 14 summarises the observation made 
by Mawatari et.al [17].  The flow behaviour was not smooth. At lower gas velocity, channels 
were observed which started to break when vibration was introduced. With increase of velocity, 
gas bubbles began rising from the upper portion of the bed and erupted at the surface. A flatter 
bubble size was observed for Group C particles as compared to atmospheric. Further, Mawatari 
et.al [18] fluidised Group A particles down to a pressure of 100 Pa.  It was observed that the 
Fig 14. Flow structure encountered at vacuum pressure for Group C particles at various gas-
velocity [17] 
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homogeneous fluidisation region becomes larger as the particle diameter decreased from 100 
to 40Pm. It was also inferred by the authors that the interaction forces between primary 
particles and subsequent cluster formation were responsible for the experimental value of umfa 
to be larger than the value predicted by expression developed in literature [96]. Thus, it is 
necessary to account for inter-particle forces when dealing with fine powders. The effect of 
particle size on minimum fluidisation and minimum bubbling velocity (Umb) can be inferred 
from this. It was seen that for Group A particles there was significant increase in Umf with 
decrease of pressure. In comparison, these particles, have no effect on Umf when pressures are 
increased above atmospheric (see section 1.7.1 and Fig. 12). The minimum bubbling velocity 
decreases with increase of pressure and the region of homogenous fluidisation decreases 
subsequently. The homogenous region, however, increases with decrease of particle size. Fig. 
15 shows the effect of pressure on Umb/Umf  [18]. Similar effect is seen for rise of pressures 
beyond atmospheric [27]. 
Fig.15. Effect of pressure on minimum bubbling velocity for various particle size 
belonging to Group A (homogenous region is defined as the area between the dotted 
line and the horizontal line at Umb/Umf =1) [18]
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Group D particles were experimented by Kozangalu et.al [105, 106] for fluidisation in vacuum 
pressures. The void fraction at minimum fluidisation was seen to remain constant with decrease 
of pressures. However, no specific details were provided on the fluidisation characteristics like 
spouting etc with reduction in pressure.    
All the above mentioned works had employed particle size with a particle distribution and thus 
it is not clear if the quality of fluidisation (as discussed in section 1.8.1) is due to segregation 
or amplification of the pressure gradient in comparison to the operating pressure. It is 
noteworthy that a wide and narrow range particle distribution can have varying effect on quality 
of fluidisation [13]. In addition, there is no work that has described the bubble characteristics 
in vacuum bed. 
2. Heat transfer in fluidised beds 
Heat transfer is one of the primary uses of fluidised beds in industry. Availability of a perfect 
mixing medium characterised by isothermal bed conditions enable applications as surface 
treatment of metals by thermochemical processes, coating of pharmaceutical products, plasma 
treatment of nano-particles as well as gasification of coal for power generation possible.  The 
underlying mechanism of heat transfer is conduction and convection in the gas and emulsion 
phase, accompanied by radiation at high temperatures (800-1000qC). The particle convection, 
especially, enables a continuous “scourging” of the thermal boundary layer on immersed 
surfaces thereby reducing the thermal resistance and enhancing the heat transfer. This is the 
reason why the heat transfer in a solid-gas fluidised bed is multiplied several times to ordinary 
gas convection heat transfer. The heat transfer coefficient (h), expressed as heat flux per unit 
temperature difference, is composed of conduction in the particle phase and convection from 
the bulk movement of the particle phase and the gas (or bubble phase) [6] (Eq. 16). 
݄ = ݂݄௕௨௕௕௟௘ + (1 െ ݂)݄௘௠௨௟௦௜௢௡                                                                                  (eq. 16) 
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where, ݂ is the fraction of heat transfer surface covered by bubbles at any given instant [2]. 
Heat transfer is a complex phenomenon and depends upon various operating parameters in the 
fluidised bed. The fluidising velocity, operating pressure and temperature of the system, 
particle size, gas density, shape and size of the immersed surface are important parameters 
which affect the heat transfer from an immersed surface. These parameters have been found 
[6] to influence the quality of convection and conduction of the gas and emulsion phase. A few 
of these are discussed below due to their relevance to the present project. 
2.1 Parameters influencing heat transfer in fluidised beds 
2.1.1 Effect of particle size 
Heat transfer between bed to surface during fluidisation for larger and finer particles are 
summarised in Fig.16 [14]. It is mainly limited by the thickness of the gas film near the surface.  
For finer particles, the particle convection dominates due to insignificant film thickness as 
compared to a larger particle. Also, smaller thermal time constant ( ݐ = ఘ೛ఘ೛ௗ೛
మ
ଷ଺௞೒
) in comparison 
to the renewal frequency for a smaller particle size warrants consideration of the bed properties 
instead of only the first layer of particles as in case of larger particles. Therefore, particle 
replacement time greatly affects the heat transfer for finer particles whereas for larger particles, 
heat transfer is relatively independent of the particle residence time (a function of bed property) 
and is thus more dependent on the gas velocity [14].  It is noted in the literature [100, 115] that 
the trend of the total heat transfer coefficient is to decrease with increasing particle size and 
then increase after a critical particle size (Fig.17). For fine particles, the total heat transfer 
coefficient is independent of increase in pressure (in the range of 1-300 atm) [11]. This is 
because any increase in pressure influences the density of the gas which convective heat 
transfer of gas contributes to more than 50% of total heat transfer [1, 2, 6]. So does heat transfer 
increase with pressure for coarse particles?  
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2.1.2 Effect of thermo-physical properties of the gas and particles 
Density, specific heat and thermal conductivity are the critical thermo-physical properties that 
influence heat transfer in fluidised beds. The effect of the density of the gas is to contribute to 
convective heat transfer [27]. The specific heat capacity of the fluid influences heat transfer 
only with an increase in pressure. However, the specific heat capacity of the solid particles (Cs) 
influences the heat transfer at any pressure as, ݄ ן (ܥ௦   ௡), where n ranges from 0.2 to 0.8 
depending on the material [1]. The thermal conductivity of a solid particles has practically no 
influence on heat transfer. It is the gas thermal conductivity that has the maximum influence 
Fig.16: Summary of the effect of particle size on heat transfer between surface and the bed [14] 
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on the heat transfer [1, 2]. Depending on the gas used, the thermal conductivity can increase 
the heat transfer coefficient by a power of ½ to 2/3. The effect of temperature is, thus, to vary 
the thermal conductivity and density of the gas [1, 2]. 
2.1.3 Effect of and the immersed surface in a the fluidised bed 
As discussed in section 1.1, the bubble flow profile is influenced by the aspect ratio (AR) of 
the fluidised bed which has a pronounced effect on the movement of the emulsion phase and 
hence the particle mixing in the bed. Therefore, the location of the immersed surface has an 
important role in heat transfer by determining how frequently a bubble contacts the surface and 
how frequently the renewal of the emulsion phase takes place. It is observed that in deep beds, 
heat transfer along the axis is maximum and decreases away from the axis. However, for an 
immersed object in the same relative location in a shallow beds, the heat transfer is reduced 
owing to the less frequent exposure to bubbles at the central axis [6]. 
Fig.17: Variation of heat transfer coefficient with particle size between a surface 
and the bed [2] 
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2.2 Heat transfer models 
2.2.1 Film theory 
Film theory was the first attempt by Dow and Jacob [19]  to understand heat transfer between 
a fluidised bed and an immersed surface. Heat transfer was proposed through a finite thickness 
of gas film adjacent to a wall that hosted descending solid particles. The solid particle to surface 
contact was neglected in this model and heat transfer was from the surface to the air film that 
was scoured continuously by the solid particles. Leva. et.al.,[116] extended the film theory of 
Dow and Jakob by incorporating the effect of solid particles velocity and viscosity of air on the 
film thickness, initially absent in the original model. This was later modified by Levenspiel 
and Walton [117] who suggested a discontinuity in the gas film due to the contact of solid 
particles with the surface. This approximation reduced the heat transfer resistance. A drawback 
of the film theory lies in the fact that the thermal capacity of the solid particles was neglected 
and emphasis was laid only on thermal conductivity of the gas. The reason for enhanced heat 
transfer from the surface was explained to be a consequence of the scouring effect of the solid 
particles that reduced the gas film and hence decreased the resistances. Experiments by 
Mickley and Trilling [118]showed otherwise and emphasised that the heat transfer was mainly 
due to the heat transport by the solid particles by conduction at the immersed surface. 
2.2.2 Packet theory 
Mickley and Fairbanks [119] first pointed out that the heat transfer to and from the immersed 
surface is a case of unsteady heat transfer by the renewal of packets of emulsion-phase material 
that acts as a source/sink for energy transfer. These “packets” contains the solid particles in 
some random configuration loosely locked and engulfed by the gas. The movement of these 
packets to and from the surface induced by the bubble movement is the chief mechanism of 
heat transfer. The instantaneous heat transfer coefficient was predicted as: 
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                   ݄ = ට௞೛ఘ೛஼೛
గఛ
                                                           (eq. 17)              
where, kp, Up, Cp, are thermal conductivity, density and heat capacity of the packet 
rescpectively and W is the time during which the packet remains in contact with the surface. 
Although a better model of heat transfer than the film theory, the heat transfer predicted by this 
model was high at the initial contact time than what the experiments showed and was valid 
only for large contact points. Another drawback of this model is that it considered 
homogeneous bed properties similar to the packet.  
Works of Baskakov [120] and Gorelik [12] refined the packet theory by considering varying 
porosity in distinct zones near the surface. Baskakov [120] introduced an additional resistance 
to heat transfer due to the variation of porosity near the surface. The additional resistance was 
derived to be: 
                                                      ܴ = ௗ೛
గ௞೒൤୪୬൬
ೖೞ
಴ೖ೒
൰ିଵ൨
     (eq. 18) 
Where, dp is the particle size, ks and kg is the thermal conductivity of the solid particles and 
gas respectively and C is the constant.    
Later on, Gorelik [12, 121] to propose two distinct layers of properties due to the presence of 
different but constant porosity in two distinct layers near the heat transfer surface (see Fig.18 
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Kubie & Broughton [122] adopted the Micley and Faribanks [119] model to include a 
continuously varying porosity in the bed beginning from the surface-bed interface, in contrast 
to the constant porosity considered by Baskakov and Golerik. The major drawback of this 
model lies in the assumption that an effective bed thermal conductivity is applicable to 
unsteady heat transfer. In addition, the convective heat transfer was neglected. 
Many researchers [10, 123-125] extended the packet theory , however, failed to improve the 
accuracy in comparison to Mickley and Fairbank [119] .  
2.2.3 Particle theory 
A new perspective of heat transfer (in 1963) was contributed by Botterill and Williams[21] 
who considered heat transfer to a row of particles perpendicular to and in contact with the 
surface. They approximated heat transfer to take place by conduction between the surface and 
an isolated particle surrounded by a thin layer of gas (taken as 0.2 times the particle diameter, 
dp), initially at the temperature of the bed. Due to shorter contact times, heat penetrates only to 
the first row of particles. Radiation and convection was neglected in their numerical solution 
to the model. Improvements in the particle model was later brought by Gabor [126]  who 
Fig.18. Two distinct zones of varying porosities as 
considered by Golerik [12] 
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considered an alternative-slab model where heat flows through a series of solid and gas phases 
which represents a string of spherical particles. This model treated the bed as a series of 
particles beginning with initial resistance of the wall and the first layer of particles. Other 
models considered only the initial contact resistance with the wall and the rest of the bed as 
single phase medium described by an effective thermal conductivity.  
Ganzha et.al  [127]extended the particle model and considered an orthorhombic arrangement 
of particles on the surface. The convective and conductive heat transfer were considered in the 
solution for large particles. It was seen that this model predicted well the dependence of heat 
transfer coefficient on Reynolds number (Re). 
Recently, Gao [3] had proposed a Discrete particle and porous layer model (DPPM) to predict 
heat and mass transfer to an immersed surface (Fig.19).  A porous medium of uniform porosity 
was assumed away from the wall and a rhombohederal arrangement of particles was considered 
near the surface. Governing equations for the proposed model was numerically solved using a 
commercial software FLUENT. The predictions of the heat transfer coefficient were compared 
with those existing in literature [6, 128] and the results lied in the range of ±25% of the 
experimental values. 
Fig. 19. Double particle-layer and porous medium (DPPM) model proposed by Gao[3] 
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2.3 Effect of increase of pressure on heat transfer in fluidised beds  
The main effect of pressure on heat transfer is to alter the thermo-physical properties of the 
fluid, in addition to changing the fluid bed hydrodynamics [27]. It is seen in literature [6, 11, 
27] that an increase in pressure has no effect on heat transfer for fine particles belonging to 
Group A or finer Group B. Similarly, experiments by Botterill [6, 11, 27] showed insignificant 
increase in heat transfer for coarser particles as compared to fine particles (Fig.20). Although, 
an increase in pressure produces smooth fluidisation [21], its effect on fluidisation quality for 
fine particles is minimal. The density of gas which bears the maximum effect due to increase 
in pressure is found to have no effect on the heat transfer characteristics in fine particles since 
only particle convection affects heat transfer for such particles [6]. However, for coarser 
particles, gas convection is significant and hence any variation of gas properties alters the heat 
transfer significantly [6, 100]. 
(a) (b) 
Fig.20. Effect of pressure on heat transfer from (a) Coarser particle (625Pm) and  
(b) Fine particle (150Pm) [11] 
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2.4 Effect of vacuum pressure on heat transfer in fluidised beds 
Only two studies have been carried out to investigate heat transfer in vacuum conditions. Bhat 
and Whitehead [29] carried out heat transfer on a horizontal tube inside a vacuum fluidisation 
chamber with constant superficial velocity. It was seen that the heat transfer coefficient 
remained same with increase of pressure from 8 kPa to 100 kPa. Tests were carried out for 
Group B particles of size 120 Pm sand particles for three different superficial velocities that 
remained constant for all pressure ranges (bed temperatures were below 200 oC).  
Shlapkova [7] heated a vertical tube inside vacuum and fluidised 120 Pm sand in the pressure 
range of 0.2-100 kPa and concluded a decreasing trend of heat transfer coefficient (Fig.21). 
The Knudsen number considered in this work was in the range of 0.0001-0.05, i.e, viscous (100 
kPa) to slip flow (0.2kPa). The reason attributed to the above observation is the decrease of the 
thermal conductivity of the air under vacuum conditions that is characterised by the presence 
of slip flow. It is, however, well known that the thermal conductivity of the gas is independent 
of pressure, which is valid as long as the pressure is above the molecular flow range .Q
[112]. In addition, it is also known, that for fine particles, the gas density and thermal 
conductivity do not contribute to the total heat transfer (see section 2.1.1) due to which the heat 
transfer coefficient remains independent of pressure [11]. Therefore, to attribute a decrease of 
the thermal conductivity of air as a reason to explain reduction of heat transfer for a bed of fine 
particles is open to question. A possible reason for the reduced heat transfer coefficient could 
be the placement of the immersed surface or a significant change in the hydrodynamics of the 
bed under vacuum. Shlapkova [10] used a vertical surface for the experiment whereas Bhat and 
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Whitehead [9] used a horizontal tube where the probability of bubbles hitting the surface is 
higher than in the vertical placement and hence will give better heat transfer. A parametric 
study is thus needed to understand the effect of location of the surface on the heat transfer. 
Interestingly, it can also be observed in comparison of Fig.20a and 21 that the heat transfer for 
fine particles in vacuum (200 Pm sand particles) resembles the characteristic of a coarse 
particle (625 Pm) at atmospheric pressures, suggesting that the particle convection is 
significantly dependent on vacuum pressures.  Thus, the existing heat transfer results under 
vacuum conditions help raise questions on the effect of immersed shape, orientation and size; 
effect of variation of hydrodynamics, effect of location of the immersed surface and how does 
radiation heat transfer is affected with reduction of pressures; to improve the depth of 
knowledge in this area of fluidisation.  
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Fig.21. Variation of heat transfer coefficient with fluid velocity for different pressures
for 200 Pm sand particles[7] 
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3. Summary and gaps in knowledge  
From the above discussion, it is clear that the work reported in literature in the area of 
hydrodynamics, heat and mass transfer in vacuum fluidised bed is limited. Several fundamental 
gaps of knowledge is found from the review of existing literature. These are: 
a) Hydrodynamics of fluidisation in vacuum conditions is not well understood especially from 
point of view of bubble formation, its size and growth, and effect of segregation on quality 
in the fluidised bed. It is not known what affect vacuum conditions has on the bubble size 
variation during its travel in significant pressure gradient in the bed which allows expansion 
of gas.  Knowledge of bubble dynamics is essential to understand the heat transfer effects 
when an object is immersed inside the bed since the bubble flow greatly affects the emulsion 
flow around the object. Work reported in literature for bubble dynamics at elevated pressure 
is high and so knowledge about heat transfer at high pressures in properly understood. This 
is lacking in the vacuum region of fluidisation. 
b) The heat transfer results available in literature for vacuum conditions do not provide 
adequate information on the effect of vacuum on heat transfer for immersed objects. For 
instance, it is not known conclusively if the heat transfer increases or decreases with 
decrease of pressure since the results available are inconclusive. Effect of axial location of 
the immersed object, particle characteristics ,aspect ratio of the fluidised beds, high 
temperature heat transfer in vacuum conditions are some of the key areas which needs to be 
attended 
3.1 Research question and scope    
Based on the critical literature review, the present work aims to answer if the vacuum fluidised 
beds can be optimised in order to utilise the heat transfer capability efficiently and take 
advantage of the lower mass consumption even though the quality of fluidisation degrades 
rapidly under vacuum. Due to the axial variation of fluidisation quality, for certain optimal 
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flowrates, axial location and powder size distribution, vacuum fluidised bed should offer 
optimal thermal performance. The abovementioned gaps in knowledge are addressed by 
investigating: 
1. The hydrodynamics of the fluidised bed in sub-atmospheric conditions as the literature 
reports limited or no study in this area thus limiting any attempt to optimise the 
operating parameters for enhanced heat transfer. This includes investigating the effect 
of pressure on the quality of fluidisation, powder characteristics and finally bubble 
dynamics such as size, growth and velocity of the bubbles under vacuum conditions.  
2. Investigating experimentally the heat transfer from an immersed heat sources under 
vacuum and the effect of the operating parameters as pressure, particle size and location 
of immersed surface. 
3. The limitation of the existing continuum models (as Eulerian-Eulerian model) for 
accurate prediction of nature of hydrodynamics. This is essential due to presence of slip 
flow regime at higher vacuum where the continuum approximation begins to break 
down.  
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Chapter 3 
Investigating the effect of sub-atmospheric pressures on fluidisation quality  
 
Section 1 (Published paper): 
a. Investigating the effect of segregation of particles and pressure gradient on the quality of 
fluidisation at sub-atmospheric pressures, Powder Technology, 2014. 
Section 2: 
b. Appendix I: Malvern Mastersizer results of the powder size distribution used in the present 
study.  
 
This chapter presents the experimental results to determine if the degradation in quality of 
fluidisation under vacuum condition is due to combined effect of particle segregation and the 
pressure gradient. This chapter is essential in order to estimate optimal powder characteristics 
to operate the vacuum fluidised bed utilising the bubbling regime efficiently. The results from 
this experimental work will be used to carry out heat transfer experiments in the coming 
chapters. The Appendix I presents the size distribution results estimated by Malvern 
Mastersizer. In addition, the Optical flow technique is not elaborated in the present work to 
maintain brevity. This technique is elaborately explained in the literature.   
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Degradation in quality of ﬂuidisation for Group B powders under vacuum conditions occurs due to an existence of
a ﬂuidisation interface that separates the bubbling and static bed near the minimum ﬂuidisation conditions. The
signiﬁcant pressure gradient existing due to bed weight and the particle segregation mainly affects the quality.
The aim of the present work is to investigate the relative contribution of the pressure gradient and the presence
of the segregation on the quality of ﬂuidisation in vacuum conditions. Further, the effect of morphology of the
particles on ﬂuidisation quality is also studied. In addition, ﬂuidisation maps are also obtained that reveal the
optimal area of operation for enhanced heat and mass transfer processes. The results indicate that the travel of
interface in the bed is affected onlywhen the level of segregation in the bed is high. For intermediate andminimal
disparity in size, the quality degradation is caused by the presence of sharp pressure gradient. Changing the
morphology of the particle also altered the ﬂuidisation characteristics of the bed and improved the quality
signiﬁcantly.
© 2013 Elsevier B.V. All rights reserved.
1. Introduction
Fluidized beds have been readily operated under varying pressure
conditions apart from the atmospheric pressure. High pressures inﬂuid-
ized beds affects the minimum ﬂuidization velocity, bubble size and
bubble dynamics in the bed [1–3]. Increased heat and mass transfer
(relative to atmospheric) have also been observed in a bed of coarse
particles when operated at high pressure [4]. In addition, many
researchers have studied vacuum ﬂuidisation, which is characterised
by the presence of slip ﬂow where the Knudsen number (Kn = λ/dp)
lies in the range of 0.01–1 [5–11]. The presence of slip ﬂow affects the
quality of ﬂuidisation for powders with different particle density and
size, generally classiﬁed under Geldart's groups. In low-pressure condi-
tions, the existence of non-homogeneous ﬂuidisation where an inter-
face exists that differentiates the quiescent bed and the bubbling bed
in proximity to the minimum ﬂuidisation conditions has been reported
[12–14]. Despite these observed quality issues, ﬂuidisation under
vacuum has been shown to be advantageous in various applications
such as drying of pharmaceutical products, extractive metallurgy, CVD
[10,11,15].
Segregatedﬂuidisation in atmospheric conditions occurswhen a bed
has a broad particle size range, forming a horizontal interface that
separates the lighter (ﬂotsam) and the heavier particles (jetsam) [16].
The bed thus ﬂuidises non-homogeneously with increase of ﬂow rate.
Group B powders (size, density) under vacuum have been found [7]
to exhibit dual ﬂuidisation zones (quiescent and ﬂuidising) separated
by a ﬂuidisation interface in proximity to the minimum ﬂuidisation
conditions. In contrast, a bed Group A powders (size, density) ﬂuidised
under low pressure conditions exhibit smooth and interface-free
ﬂuidisation [7,17].
The existence of the horizontal interface in vacuum ﬂuidisation is
also attributed to the presence of a similar order of magnitude of the
top pressure and the pressure drop through the bed [8,11]. The
pressure gradient inside the ﬂuidised bed (due to the weight of the
particles) becomes signiﬁcant when the operating pressures are
reduced below atmospheric and this pressure gradient results in an
acute velocity gradient causing the ﬂuid to expand inside the bed
[11]. Non-homogeneous ﬂuidisation has therefore been ascribed to
the inefﬁciency of the ﬂuid to transfer momentum to the particles.
However, numerous vacuum ﬂuidisation studies have used powders
with a continuous range of particle sizes [8,11–13,17]. Therefore, it is
difﬁcult to ascertain if the observed low quality ﬂuidisation under
vacuum is due to the segregation phenomenon magniﬁed by the
presence of vacuum or an inherent incapability of vacuum condition
to ﬂuidise the entire bed simultaneously or a combination of both.
The aim of the present work is to investigate the relative contribu-
tion of powder segregation and the bed pressure gradient to the sub-
atmospheric ﬂuidisation quality. Alumina powders consisting of narrow
and wide size distribution classiﬁed as Geldart's Group B were used in
the present investigation. In addition, porous alumina is investigated
in order to understand the effect of particle morphology on the
ﬂuidisation quality under vacuum. Quantiﬁcation of the ﬂuidisation
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quality of the powders was achieved by monitoring the progression of
the ﬂuidisation interface through the bed at different sub-atmospheric
pressures. A proposed ﬂuidisation quality index compares the
behaviour of the various powders under vacuum condition. Further,
ﬂuidisation maps were constructed for all the powders, which are
used to study the variation in the available optimal bubble space with
pressure. These maps are highly useful for carrying out heat and mass
transfer processes in cases where visualisation of the ﬂuidisation
phenomenon is unavailable due to the setup limitations.
2. Experimental method
2.1. Low-pressure ﬂuidisation
A cylindrical ﬂuidised bedmade of polycarbonate and of size 50mm
ID and 1 m length was used having a porous sintered steel disc as a
distributor plate (Fig. 1). The vacuum in the chamber was controlled
by using bypass needle valves. Variable area ﬂow meters with an
accuracy of ±3% were used to measure air ﬂow rate to the vacuum
chamber. To ensure correct mass ﬂow meter readings a pressure of
50 KPa was maintained on entry and exit side of the ﬂow meter using
a two-stage needle valve conﬁguration. Pressure transducers with an
accuracy of 0.25% were used to measure the pressures at two locations
inside the chamber: 5 mm above the distributor plate and 5 mm
below the exit of the chamber. In order to maintain consistency in
results, similar inlet conditions (Table 1) were used in all experiments.
The pressure data were acquired (10 Hz) by using ALMEMO 2590 data
logger and were analysed ofﬂine by using a personal computer. The
powders were analysed for size distribution by Malvern Mastersizer
2000, which utilises the technique of laser diffraction to measure the
size of particles. It does this bymeasuring the intensity of light scattered
as a laser beampasses through a dispersed particulate sample. This data
is then analysed by the device to calculate the size of the particles that
created the scattering pattern. Table 1 reports the d(0.1), d(0.5) and
d(0.9) particle sizes for various powders used in the present work.
2.2. Powder characteristics
Porous alumina and alumina powders were used for the current in-
vestigation, which are widely used for heat transfer applications in
solid–gas ﬂuidisation. Three sets of alumina powders were used that
had narrow size distribution and varying median diameters, dp(0.5):
80, 103 and 170 μm. Fluidisation studieswere performed on these pow-
ders and on mixtures of these powders (Mixture 1 and Mixture 2) to
study segregation effect on quality. The size distribution for these pow-
ders accompanied by their respective SEM image is shown in Fig. 2. The
properties of the powders and inlet conditions are given in Table 1. It
can be seen that the alumina powders are irregular faceted particles
and are classiﬁed as Group B powders. The porous alumina powders
have minute pores throughout the structure ranging from 4 to 10 nm.
This porosity greatly reduces the density of the alumina particles, rela-
tive to the monolithic alumina. Correspondingly, the weight of the bed
is reduced; how this affects the pressure gradient in the bed and the
resulting ﬂuidisation quality is of interest.
2.3. Powder segregation classiﬁcation
In order to study the effect of segregation on the quality of
ﬂuidisation, the particles are classiﬁedby using the pressure drop curves
as Type A–E according to the segregation behaviour reported by Rao
et al. [18]. Here powders are characterised by the density and size ratios
of the jetsam and ﬂotsam particles found in a mixture. In the present
analysis, the jetsam and ﬂotsam particles are considered as particles of
size corresponding to the average of d(0.9) and d(0.5); d(0.5) and
d(0.1), respectively. Similar averages of particle diameters have been
used earlier [19,20] as jetsam and ﬂotsam diameters in segregation
analysis of particle size distribution powders. The result discussed in
Section 4.1.2 justiﬁes the classiﬁcation of powders based on Raomethod
as minimal, intermediate and high segregation. The density and size
ratios are thus deﬁned as ρr ¼ ρjetsamρflotsam
 
and dr ¼ djetsamdflotsam
 
, respectively.
Velocity ratio is deﬁned as Ur ¼ Umf−jetsamUmf−flotsam : As all alumina particles
belonging to Geldart's Group B have similar density, ρr is unity in the
present case. The size ratio, dr, for 80, 103 and 170 μm is 1.58, 1.527
and 1.547, respectively. dr for Mixture 1 is 2.22. According to Rao et al.
[18] the following are the powder classiﬁcation (Type A–D):
Type A mixtures: Very large particle size ratio (dr N 4.5, Ur N 8)
Vacuum pump
Bypass valve
Fluidisation column
Inlet  air supply unit
Vacuum gauge 1
Compressed air
Vacuum gauge 2
Fig. 1. Schematic diagram of vacuum ﬂuidised bed used for experiments.
Table 1
Operational parameters and powder characteristics.
Inlet pressure 50 kPa
Inlet temperature 27 °C
Inlet ﬂow rate 100–10,000 cc/min
Bed height 440 mm
Bed diameter 50 mm
Vacuum pressure 1000–15 mbar
Alumina powder density 3800 kg/m3
Porous alumina density 800 kg/m3
Powder type d(0.1) d(0.5) d(0.9) Diameter ratio (dr)
(μm) (μm) (μm)
Alumina 49.284 79.199 125.427 1.59
67.265 103.260 157.726 1.53
109.160 170.638 264.064 1.55
Porous alumina 55.032 84.056 127.922 1.52
Mixture 1 59.404 116.806 275.145 2.22
Mixture 2 62.124 153.69 550.148 3.46
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(b)
Alumina: 103 µmAlumina: 170 µm
Alumina: 80 µm Porous Alumina: 85 µm
(a)
Fig. 2. SEM images and size distribution of Group B alumina and porous alumina powders used in the present study.
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Type B mixtures: Signiﬁcant level of disparity in particle size and
density
ρrN3 or 3:3bdrb4:5 ; 4:2bUrb8ð Þ
Type C mixtures: Intermediate level of disparity (2 b ρr b 3 or 2 b dr
b 3.3; 2.5 b Ur b 4.2)
Type D mixtures: Minimal level of disparity in size and density
1bρrb2 or 1bdrb2;1bUrb2:5ð Þ
The σ/d(0.5) value for a Gaussian ﬁt on the particle size distribution
for narrow size particles yields a value of 0.33, 0.29 and 0.32 for 80, 103
and 170 μm particles. Wider range mixture, Mixture 1 has a value of
0.44. It is to be noted that the percentage increase in σ/d(0.5) and dr
for wider range mixture with respect to narrow size particles is similar
(~44%).
2.4. Fluidisation studies
The operating pressures were reduced from atmospheric to 15mbar
and the pressure drop through the bed of particles was measured by
using the pressure transducers. Pressure drop vs. superﬁcial ﬂow rate
curves were obtained for each operating pressure in the deﬂuidisation
mode. Deﬂuidisation mode has been ascertained to be a better proce-
dure tomeasure theminimum ﬂuidisation velocity than the ﬂuidisation
mode as it subverts the occurrence of the pressure drop “hump”while
predicting similar magnitude of Umf [11,13]. It is to be noted that all
the experiments were carried out at constant H/D ratio (= 8).
The ﬂuidisation front was observed to appear near the distributor
plate, which travels upwards to the bed surface as the ﬂow rate is re-
duced. Fig. 3 depicts a typical interface travel through the bed
(Fig. 3(a)) along with a schematic of the different phase of ﬂuidisation
observed during the deﬂuidisation process (Fig. 3(b)). Due to the pres-
ence of a ﬂuidisation interface and a rapidly developing slugging regime
under vacuum pressures, it is imperative to obtain a ﬂuidisation map,
Fig. 3. Typical example of the tracked interface along with the bed height when the bed is deﬂuidised.
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which can be utilised to improve the performance for heat and mass
transfer processes. The ﬂuidisation interface is marked by using visual
observation and the process is validated for accuracy by quantifying
the interface through an image processing technique called optical
ﬂow [21]. Due to experimental complexity in marking the interface for
the entire pressure range for different powders and the decreasing
ﬂow rate, only visual observation is used.
The optical ﬂow technique is employed to distinguish the static and
dynamic portion of the bed by calculating the velocity of the objects in
two subsequent images. Video images of the ﬂuidised bed was taken
using macro lens at 50 fps and the velocity vectors were calculated by
using Lucas–Kanade algorithm [22] in Computer Vision Toolbox in
Matlab R2013. A time-averaged plot of velocity vectors was obtained
for a video run time of 20 s, which reveals the interface that separates
the static and dynamic portions of the bed. Two examples of interface
tracking is shown in Fig. 4 where case (a): binary mixture of 300 μm
(blue colour) and 75 μm (white colour) (Fig. 4(a)–(c)) where the inter-
face is visible visually and case (b)Mixture 2 (Fig. 4(d)–(i)). In addition,
(a) Original image of segregated bed at 
atmospheric pressure (blue region is 
static and made of coarser  (Video-1) 
particles)
(b) Contour plot of time averaged 
velocity (in pixels/sec) using optical 
flow
(c) Binary image of time averaged 
velocity plot showing the interface 
(e) Time averaged contour plot (in 
pixels/sec) for Mixture 2 at 350 
mbar and 3000 cc/min
(f) Binary image for Mixture 2 at 
350 mbar and 3000 cc/min
(h) Time averaged contour plot (in 
pixels/sec) for Mixture 2 at 350 
mbar and 2500 cc/min
(i) Binary image for Mixture 2 at 
350 mbar and 2500 cc/min
(d) Original image of Mixture 2 at 
350 mbar and 3000 cc/min (video-2)
(g) Original image of Mixture 2 at 
350 mbar and 2500 cc/min (video-3)
Fig. 4. Optical ﬂow analysis results for determination of interface in vacuum ﬂuidised bed.
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a video sequence of case (a) and case (b) (Fig. 4(d–i)) is provided as a
supplementary data, which shows the velocity vectors calculated
(yellow coloured lines), by the Lucas–Kanade algorithm for a run
time of 5 s. Video 1 compares the original images of a segregated
bed and the processed images showing the calculated velocity
vectors (yellow lines). Videos 2 and 3 are comparison of original
images of ﬂuidised bed under vacuum (350 mbar) for 3000 and
2500 cc/min. The binary image was obtained by deﬁning a threshold
value equivalent to the noise (0.03 pixels/s) when the bed was
completely static. The interface height from the top of the image is
then marked from the binary image with the condition that at least
90% of the bed must be static. An average error of ±10% is found be-
tween visually observed and image processed tracked interface. As
seen in Fig. 4(a–c), the segregation interface is tracked by optical
ﬂow analysis very accurately. This validates the present technique,
which is then applied to the present case of different size range
particles where the interface is caused by combination of pressure
gradient and size segregation.
Fig. 3(b) shows a typical ﬂuidisation map for alumina particles in
vacuum pressure. The region between the ﬂuidisation interface
curve and the slugging curve is where the entire bed is bubbling
homogenously and therefore this is an optimal area for any applica-
tion of ﬂuidised bed requiring good mixing. Knowledge of such opti-
mal areas at different operating pressures and ﬂow rates is highly
useful when the ﬂuidisation is taking place in closed columns.
The regions A1, A2 and A3 denote the quiescent, bubbling and
slugging regions in the bed, respectively. The total area At (=A1 +
A2 + A3) is the total area under the bed height curve. Bubbling area
ratio (BR = A2/At) can be deﬁned as the relative area of the bubbling
region as compared to the entire area under the bed surface curve
and thus quantify the bubbling region. Generally, as the ﬂow rate is
increased during ﬂuidisation the bed ﬂuctuates due to erupting bub-
bles and slugs and hence the bed height used in the present investi-
gation is theminimum bed height observed during the deﬂuidisation
experiments.
The onset and termination of interface is shown in the map
(Fig. 3(b)) and the corresponding ﬂow rate is deﬁned as Uonset and
Uterminate. A quality index (q) is used to quantify the interface travel
through the bed and is deﬁned as Uonset−Uterminateð ÞUmf which denotes the
fraction of the ﬂow rate (relative to umf) required for the interface
to travel through the bed.
Quantiﬁcation of the ﬂuidisation quality in vacuum has been report-
ed by Llop and Jand [7] who used the power density function of the
pressure measurements as a quality index and have found the quality
of ﬂuidisation to degrade rapidly after an initial improvement when
pressures are reduced below atmospheric. This work, although signiﬁ-
cant from the point of view of quantiﬁcation of ﬂuidisation quality,
does not reveal the actual nature of the ﬂuidisation. The existence of a
ﬂuidisation front was not taken into account, which is essential for
Group B powders since the knowledge of the ﬂow-rate space between
the bubbling and slugging regimes is optimal for heat andmass transfer
processes.
The quality of ﬂuidisation was studied by separately ﬂuidising
each powder sets (80, 103 and 170 μm alumina powders) in vacuum
conditions and calculating the quality index. The powders used have
a narrow size distribution thus eliminating the effect of segregation.
In order to study the effect of segregation on the quality of
ﬂuidisation, two powder mixtures were prepared. Mixture 1 was
prepared by mixing the narrow size distribution particles (80, 103
and 170 μm) by 1/3 proportion (by vol.). Mixture 2 was prepared
by adding a coarser particle size powder (200–500 μm) to the
narrow size distribution powders in 1/4 proportion (by vol.). The
main aim of mixing the particles is to obtain a wide range of particle
size distribution. The median particle diameter (dp(0.5)) and other
related parameters are present in Table 1. The size distributions for
both the mixtures are plotted in Fig. 2.
3. Results
3.1. Mass consumption in vacuum ﬂuidisation
There are numerous advantages of vacuum ﬂuidisation: low pres-
sure reduces the operating temperature of thermolabile substances
and allows faster vaporisation, enhancement of drying for porousmate-
rials, lower entrainment and elutriation due to lower gas density
[10,11,15,23]. There also exists another important and rather unnoticed
advantage: reduced mass consumption of the ﬂuidising medium. This
affects signiﬁcantly the operational costs associated with ﬂuidising
gases such as nitrogen, argon, ammonia, propane and carbon dioxide,
which are used intensively in many heat and mass transfer processes.
Although the minimum ﬂuidising velocity increases with reduction in
pressure (below atmospheric), the superﬁcial mass consumption re-
duces signiﬁcantly. This is because the density of gas decreases more
rapidly than the increased requirement of ﬂuidisation velocity. There-
fore, a lower superﬁcial velocity supplied at atmospheric pressure re-
sults in increased velocity inside the vacuum chamber, thus reducing
the actual requirement of the gas consumption with decrease of pres-
sure, as dictated by the continuity conservation principle.
The superﬁcial mass consumption for powders in vacuumwasmea-
sured at inlet conditions given in Table 1. Fig. 5 shows the superﬁcial
minimum ﬂuidisation ﬂow rate requirement for the alumina and po-
rous alumina powders obtained from the pressure drop vs. superﬁcial
ﬂow rate curves. The values shown are average Umf calculated from
three sets of experiments. Noting the logarithmic scale, there is a rapid
decrease in mass consumptionwith reduction of pressure. Additionally,
the porous alumina exhibited a reduction inminimum ﬂuidisation ﬂow
rate of 70–85% as compared to 80 μmmonolithic alumina powder. The
experimental values of ﬂow rate in this work are strongly correlated to
theoretically derived ﬂow rate values using the velocity expression pro-
posed by Llop et al. [5] (see Fig. 5). Bhat andWhitehead [9] have shown
that the heat transfer in a ﬂuidised bed remains constantwith reduction
of pressure, which further corroborates the beneﬁt of using vacuum
conditions for gas–solid ﬂuidisation along with the advantage of re-
duced mass consumption of ﬂuidising media.
3.2. Interface onset and termination ﬂow rates
The powders in Group B (narrow and wide range distribution)
were separately ﬂuidised under vacuum conditions. The interface
was tracked with reduction of ﬂow rate and the height of the inter-
face was noted. The corresponding ﬂow rates of onset and termina-
tion of the interface for all the powders are presented in Figs. 6 and
7. Fig. 6 shows the variation of the Uterminate and Uonset for 80, 103
and 170 μm powders. Mixture 1 and Mixture 2 interface ﬂow rates
are shown in Fig. 7. The results report the average values along
with the standard deviation calculated from three sets of experi-
ments. Visualisation of the interface and corresponding ﬂow rates
was difﬁcult for small diameter powders at high vacuum pressures.
Therefore, the standard deviation for 80 μm alumina particles was
very high at pressures less than 100 mbar (Fig. 6). All other particle
sizes show smaller standard deviations. However, despite the higher
variation in results for lighter particles, the trend of the ﬂow rates
with pressure remains unchanged.
It is seen from the plots that the ﬂow rates for all powders de-
creases monotonically with decrease of pressure. However, there is
change in gradient in all the three powder sets when the Knudsen
number (Kn) changes from transition (Kn ~ 0.001–0.01) to slip
ﬂow (Kn ~ 0.01–1) regime. It can also be seen that the critical pres-
sure for this transition increases with increase in particle size. This
plot suggests that the slip/transition ﬂow regime affects the charac-
teristics of ﬂuidisation.
Porous alumina powders were ﬂuidised under vacuum pressures
and the pressure drop and the bed height wasmeasured. The powder
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showed homogeneous ﬂuidisation with smooth expansion of
the bed prior to transition into bubbling regime. No existence of
interface was observed during ﬂuidisation. A drop in bed height
was observed as the bubbling initiated inside the bed. The ﬂow rate
Fig. 5. Variation of minimum ﬂuidisation ﬂow rate for porous alumina and alumina powders with pressure.
Fig. 6. Variation of interface onset & termination ﬂow rate with pressure.
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corresponding to this bed height drop is called the bubbling ﬂow rate
(Ub). Fig. 8 shows the observed minimum ﬂuidisation ﬂow rate
and the bubbling ﬂow rate for the porous powder for different
vacuum pressures.
3.3. Pressure drop curves
The pressure transducers located at the bottom and top of the bed
measured the pressure drop through the bed. The values were ob-
tained at a rate of 10 Hz using the data logger. Figs. 9 and 10 show
the averaged pressure drop curves obtained during deﬂuidisation
of the powders for the narrow and wide range particles, respectively.
It can be noted from these plots that the pressure drop curve shapes
vary signiﬁcantly with reduction of pressure, denoting the changes
in ﬂow characteristics.
Utilising the pressure drop curves and the tracked interface
through the bed, ﬂuidisation maps were obtained as shown earlier
(Fig. 3) and will be discussed in Section 4.2.
Fig. 7. Variation of interface onset & termination ﬂow rate with pressure.
Fig. 8. Variation of minimum ﬂuidisation ﬂow rate and bubbling ﬂow rate with sub-
atmospheric pressure for porous alumina powder.
Fig. 9. Variation of pressure drop curves with pressure for Group B alumina powders.
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4. Discussion
4.1. Quality of ﬂuidisation in vacuum
The following section discusses the quality of ﬂuidisation calculated
from the results of Umf, Uonset and Uterminate ﬂow rates for the narrow and
the wide size range powders. The effect of segregation and change in
particle morphology is also discussed.
4.1.1. Narrow size distribution
Fig. 11(a and b) shows the results of UonsetUmf and
Uterminate
Umf
for the narrow
range Group B alumina powders. The particle size affects the travel of
the interface inside the bed and it varies signiﬁcantly with variation of
vacuum pressures. Higher UonsetUmf ratio for coarser particles at all vacuum
pressures indicates that the interface onsets farther from the Umf and a
higher ﬂow rate consumption (relative to Umf) is required for coarser
particles as the pressures are reduced. Interestingly, an opposite trend
is seen forUterminateUmf where, although the ratio is higher for coarser particles,
the ratio decreases with decrease in pressure indicating that the inter-
face terminates farther from minimum ﬂuidisation ﬂow rate. Thus, the
difference of the ratio of UonsetUmf and
Uterminate
Umf
denotes the resistance encoun-
tered by the interface during itsmovement towards the top surface. This
difference is therefore deﬁned as a measure of quality. Ideally, for a
mono-sized particle bed, the Group B powder bubbles at Umf [24],
denoting a very good quality ﬂuidisation with q = 0.
It is to be noted that the size distribution for the powders is narrow
and hence there is minimal disparity of size in the bed signifying that
the effect of segregation is insigniﬁcant, which will be conﬁrmed in
coming sections. The pressure gradient inside the bed therefore plays
a key role in the progress of interface.
Further, UonsetUmf and
Uterminate
Umf
ratios are seen to remain constant down to
pressures of 90, 150 and 250 mbar for powder sizes 80, 103 and
170 μm, respectively (Fig. 11) and then a signiﬁcant change in their
Fig. 10. Variation of pressure drop curves with pressure for Group B alumina powders.
Fig. 11.Variation of U/Umf ratio for onset and termination of the narrow andwide size dis-
tribution Group B alumina powders.
Fig. 12.Variation of quality indexwith pressure for the narrow and size distribution Group
B alumina powders.
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gradient is observed. These critical pressures lie in the slip/transition
regime (Kn≈ 0.01–0.05) as seen in Fig. 6 for each of the powders. In
addition, the total variation of the ratios for the ﬁner particles are affect-
ed themost with the reduction of vacuum pressures−95.6% and 46.8%
change in UonsetUmf and
Uterminate
Umf
is seen, respectively for 80 μm particle as
compared to 34.8 and 44.4% UterminateUmf
 
and 75 and 86% UonsetUmf
 
for 170
and 103 μm, respectively.
Fig. 12 reports the calculated quality index variation with the
operating pressure and the particle size. The variation of the quality
index with pressure is identical to the UonsetUmf ratio for all the particles. In
addition, the quality remains constant with initial reduction of pressure
but then rapidly degrades. In other words, the interface experiences
higher resistance in its travel from the bottom of the bed towards the
top as the deﬂuidisation is taking place at sub-atmospheric pressures
signifying that the interface moves rather slowly under vacuum pres-
sure. The presence of dual ﬂuidisation regions is therefore present
over a large range of ﬂow rates. Froma practical point of view, this result
signiﬁes that the bed transits from bubbling/slugging regime to a quies-
cent regime rather slowly under vacuum pressures thereby reducing
the opportunity to utilise the bubbling region for heat andmass transfer
applications. It should be noted that due to the presence of vacuum, the
present size of the ﬂuidisation column gave rise to slugging at the top of
the container along with a bubbling regime simultaneously at high
vacuum pressures. A ﬂuidisation map indicating the ﬂuidisation and
slugging interface variation with ﬂow rate is therefore essential for
optimal usage of the vacuum ﬂuidisation.
The quality index (q) increases with increase in particle size
denoting better ﬂuidisation quality for ﬁner particles. The effect of
particle size on quality can be understood as follows. Ideally, for a
mono-sized Group B particle (segregation absent), the ﬂuidisation
quality is due to the presence of the pressure gradient caused by
bed weight that is similar in order of magnitude to the top pressure.
As a result, the ﬂuid experiences a signiﬁcant reduction in pressure
as it moves through the bed. For instance, at minimum ﬂuidisation
condition for a bed weight pressure of 5000 Pa and operated at a
top pressure of 100 Pa, the ﬂuid experiences signiﬁcant change in
pressures resulting in substantial reduction in the ﬂuid density.
This causes the ﬂuid to expand and increase the velocity to conserve
the mass ﬂow rate [17]. Thus, during deﬂuidisation, the bottom of
the bed begins to settle down while the top portion of the bed bub-
bles/slugs since the velocity in this region is sufﬁcient to not only
minimally ﬂuidise but also bubble/slug the upper portion of the
bed. With increase of particle size, the velocity requirement for Umf
increases [5] thereby increasing the velocity requirement for onset
and termination of the interface.
In the case of particle size distribution, the inlet velocity not only
needs to provide momentum to ﬂuidise the bed against the pressure
gradient but also to ﬂuidise various sizes of particles. In the case of
high disparity in particle sizes, the bottom of the bed is occupied
mostly by the coarser particles (jetsam), thus increasing the velocity
requirement for particle suspension in this region as compared to a
mono-sized particle bed. The velocity at which the interface termi-
nates at the top of the bed during deﬂuidisation depends on the
size distribution of the particles that the interface experiences
during its travel. For a high disparity in particle size, a higher range
of velocity is required to deﬂuidise the bed and become quiescent
thus creating high resistance for the interface.
Focussing on the segregation effect on narrow size range particles,
the Rao classiﬁcation [18] (Section 2.3) categorises the present narrow
size range powders at atmospheric pressure as Type D mixtures
where the disparity in size is minimal, and the bed ﬂuidises at a distinct
ﬂow rate. The pressure drop curves for these powders also classify them
as Type D (Fig. 9) conﬁrming that the segregation is minimal. However,
as the operating pressure is reduced, the pressure drop curve shape
changes signiﬁcantly. The sharp gradient change of pressure drop
curve transforms to a gradual smoother change of slope. Such pressure
drop curves (Fig. 9(a): 25, 75 mbar; 9(b): 35, 75 mbar; 9(c): 25,
45 mbar) are similar to pressure drop curves for Type B segregation
group [18]. It is however interesting to note that the variation of
the segregation parameters: ρr, dr, and Ur (Fig. 13) with reduction
of pressure does not reﬂect the Type B parameters: ρr N 3 or 4.5 b dr b
3.3 ; 4.2 b Ur b 8. This implies that the values of the segregation para-
meters do not characterise the powders to Type B, although the shapes
of pressure drop curves may suggest otherwise. Type B powders have
higher values of Ur than the Type D powders and are made of powders
with very high disparity in particle size or density.
A possible explanation of the effect of segregation on quality is as
follows.
The pressure drop varies linearly with increase of ﬂow rate up to the
point where the weight of the bed is balanced. If the powders consist of
mono-sized particles, the pressure drop remains constant with further
increase of ﬂow rate and increases only when slugging occurs [24]. In
case of the presence of jetsam and ﬂotsam particles, the pressure drop
increases gradually as the ﬂotsam particles begin to ﬂuidise earlier
than the jetsam particles, thereby lowering the pressure drop slope
[25]. In the present case, where the segregation parameters −ρr, dr
remain unaltered and Ur decreases with pressure, the change of
pressure drop shape may not be occurring due to ampliﬁcation of
segregation phenomenon. Alternatively, the degradation of quality of
ﬂuidisation is caused more due to the existence of a sharp pressure
gradient in the bed caused by the decrease in operating pressure for
the narrow size distribution particles.
4.1.2. Wide size distribution
Classifying themixture particles (Mixture 1 andMixture 2) based on
the segregation parameters (dr and Ur) (Fig. 13 and Table 1) and the
pressure drop curves (Fig. 10), Mixture 1 corresponds to Type C (inter-
mediate level of segregation) and Mixture 2 corresponds to Type B
(signiﬁcant level of segregation) groups according to Rao et al. [18].
The effect of wide particle size range on the quality is revealed by the
ﬂuidisation maps (Fig. 14) of Mixture 1 and 2 that indicates two slopes
of the interface during its progression towards bed surface. The maps
are presented for normalised velocity (U/Umf) and height (H/Hstatic).
Comparison of the ﬂuidisation maps of Mixture 2, Mixture 1 and
80 μm particle at 350 and 55 mbar shows that the interface travels
very slowly in the bottom region of the bed up to a height of approx.
200 mm for Mixture 2 and approx. 50 mm for Mixture 1 and then the
slope increases signiﬁcantly. The narrow size range particles, however,
shows a constant slope of the interface throughout the ﬂuidisation
Fig. 13. Variation of velocity ratio, Ur, with pressure for Mixture 1, Mixture 2, 80, 103 and
170 μm belonging to Group B alumina powders.
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region. This corroborates the effect of segregation on the interface trav-
el, as discussed in Section 4.1.1. During ﬂuidisation experiments of Mix-
ture 2, the bottom portion in the bed was mostly occupied by coarser
particles. Bubbles were seen only at very high ﬂuidisation ﬂow rates in
the jetsam region.
Comparison of variation of UonsetUmf and
Uterminate
Umf
for Mixture 1 andMixture
2 with their narrow size range particle counterparts (103 and 170 μm)
(Fig. 11) reveal that only highly segregated mixture affects the ratios.
The variation of ratios with pressure is similar to narrow size range par-
ticles. However, Mixture 1 ratios are very close to 103 μm ratios. It is to
be noted thatMixture 1 is classiﬁed as Type C powderwhere intermedi-
ate effect of segregation is present. Nevertheless, there is no signiﬁcant
effect found on either of the ratios. This substantiates that the segrega-
tion effect is negligible in this case and that the degradation of quality
is taking place mainly due to the presence of pressure gradient inside
the bed. The quality index forMixture 1, as seen in Fig. 12, also conﬁrms
this fact. The quality index variation forMixture 1 and 103 μmparticle is
very close inmagnitude over the entire range of pressures considered in
the present work.
While the ratio UonsetUmf for Mixture 2 behaves similarly to 170 μm ratio,
the UterminateUmf exhibits dissimilarities (Fig. 11). The
Uterminate
Umf
is found to be very
low as compared to Mixture 1 and the narrow size range particles. This
signiﬁes that the interface experienced a very high resistance in its
movement through the bed. The ﬂuidisation maps conﬁrm this fact,
where the slope of the ﬂuidisation interface is found to be very low
(Fig. 14(e and f)). There was also a very clear segregation observed dur-
ing experiments. As a result, the quality of ﬂuidisation is found to be
very low for Mixture 2 particles at atmospheric and vacuum pressures
(Fig. 12). Presence of intermediate segregation did not affect the quality
of ﬂuidisation,while a highly segregatedmixture resulted in a very high
Fig. 14. Fluidisation maps showing ﬂuidisation and slugging interface for 55 and 350 mbar pressures.
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degradation of the quality. This suggests that beyond the intermediate
disparity in size, segregation of particles play an additional role in
quality of ﬂuidisation along with the pressure gradient.
4.1.3. Effect of morphology: porous alumina
The porous alumina particle contains nanostructured porosity that
signiﬁcantly changed the ﬂuidisation characteristics in comparison
with monolithic alumina. 4–10 nm pores are present throughout the
structure of the porous powders. It was observed that the interface did
not exist when the powder was ﬂuidised in vacuum, as was the
case with narrow size particle distribution (80 μm). Fig. 15 shows the
Ub/Umf ratio calculated from Fig. 8. The bubbling ﬂow rate tends to
approach the minimum ﬂuidisation ﬂow rate as the pressures are
reduced below atmospheric. This shows that the changed morphology
of the porous alumina powders affect the ﬂuidisation characteristics of
the powder in not only improving the quality of ﬂuidisation but also
the bubbling onset inside the bed.
4.2. Bubbling area ratio
A bubbling area ratio (A2/At) (BR), deﬁned as the ratio of bubbling
area to the total area below the bed height curve in Fig. 3(b) is used to
quantify the optimal bubbling area available under vacuum pressures.
BR decreases with reduction of pressure below atmospheric for the
Group B powders (Fig. 16). As discussed earlier, this is mainly due to
the degradation of quality. It is interesting to see that the ﬁner particles
offer better bubble area than the coarse particles. Additionally, it is
observed that by increasing the particle size distribution range, the
bubbling area ratio increases, at least by 10–15%. This increase is
observed for both thewide rangemixtures (1 and 2). This arises mainly
because a larger length of the interface is present for the same height
travel, thereby increasing the optimal area of ﬂuidisation. However, a
very narrow space is seenwhich can beutilised between theﬂuidisation
interface and the slugging interface (Fig. 14(e) and (f)).
5. Conclusions
A cylindrical column ﬂuidised bed was operated by varying
pressures from atmospheric to vacuum to investigate the ﬂuidisation
quality existing in vacuum by using powders with wide and narrow
size range. Fluidisation characteristics were quantiﬁed in the present
work to compare the behaviours of different powders. The main con-
clusions from the present work are:
a) A reduced mass consumption exists under vacuum conditions for
ﬂuidisation that has been overlooked in the literature.
b) The degradation of quality in vacuum is caused mostly by the
existence of a pressure gradient inside the bed for powders having
minimal or intermediate particle size disparity (up to a size ratio,
dr of 3.3). Quality is affected by size disparity only when highly
segregated powders are used (dr N 3.3).
c) By changing the morphology of the powders (by using porous
powders), the ﬂuidisation quality can be improved signiﬁcantly.
No interface exists during ﬂuidisation of porous alumina powders
and the Ub/Umf tends to reach unity with reduction of pressure.
d) The ﬂuidisationmaps revealed that the bubbling area ratio increases
by increasing the disparity in particle size suggesting a higher
bubbling ﬂow rate space under vacuum conditions.
Achieving improved quality of ﬂuidisation (by proper choice of
powders) while reducing gas consumption is important in order to
design vacuum ﬂuidised beds for heat and mass transfer applications.
Further investigation needs to be carried out to study the effect of inter-
face on heat and mass transfer in vacuum conditions.
Nomenclature
A area under curve in Fig. 3(b)
d, D diameter, m
H height, m
Kn Knudsen number (λ/dp)
q quality index
U superﬁcial ﬂow rate, cc/min
Greek letters
ρ density, Kg/m3
λ mean free path of air, m
Sub-scripts
b bubbling
mf minimum ﬂuidisation
p particle
r ratio
term termination of interface
static static bed
t total
onset onset of interface
Supplementary data to this article can be found online at http://dx.
doi.org/10.1016/j.powtec.2013.12.014.
Fig. 15. Variation of Ub/Umf ratio of porous alumina powder with sub-atmospheric
pressure.
Fig. 16. Variation of bubble area ratio with pressure and particle size.
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0.010
0.011
0.013
0.015
0.017
0.020
0.023
0.026
0.030
0.035
0.040
0.046
0.052
0.060
0.069
0.079
0.091
0.105
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
0.105
0.120
0.138
0.158
0.182
0.209
0.240
0.275
0.316
0.363
0.417
0.479
0.550
0.631
0.724
0.832
0.955
1.096
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
1.096
1.259
1.445
1.660
1.905
2.188
2.512
2.884
3.311
3.802
4.365
5.012
5.754
6.607
7.586
8.710
10.000
11.482
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
11.482
13.183
15.136
17.378
19.953
22.909
26.303
30.200
34.674
39.811
45.709
52.481
60.256
69.183
79.433
91.201
104.713
120.226
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.08
1.01
2.47
4.62
7.19
9.82
12.01
13.28
13.33
12.14
9.94
Size (m)
120.226
138.038
158.489
181.970
208.930
239.883
275.423
316.228
363.078
416.869
478.630
549.541
630.957
724.436
831.764
954.993
1096.478
1258.925
Volume In %
7.25
4.55
2.09
0.22
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
1258.925
1445.440
1659.587
1905.461
2187.762
2511.886
2884.032
3311.311
3801.894
4365.158
5011.872
5754.399
6606.934
7585.776
8709.636
10000.000
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Tuesday, 11 December 2012 10:48:03 AM
Averaged
Measured by:
malvern-user
Sample bulk lot ref:
Sample Name:
Analysed:
Measured:
Sample Source & type:
Tuesday, 11 December 2012 10:48:05 AM
sample1_alumina_53-75mic - Average
SOP Name:
Result Source:
Sensitivity:
Dispersant Name:
Water Off
Size range:
Alumina
Particle RI:
1.330
Result Emulation:
Absorption:
0.020 to0.1
Normal
Analysis model:
2000.000
Dispersant RI:
1.780
General purpose
Particle Name:
um
Tel := +[44] (0) 1684-892456 Fax +[44] (0) 1684-892789
Malvern, UK
Malvern Instruments Ltd.
Serial Number : MAL101100
Mastersizer 2000 Ver. 5.22
10/02/2014 12:03:57 PM
Record Number: 5
File name: alumina_53-75mic.mea
d(0.1):         49.284     um d(0.5):         79.199   u d(0.9):         125.427     um
Result Analysis Report
Vol. Weighted Mean D[4,3]:
%
m²/g
um
Surface Weighted Mean D[3,2]:
0.0614 108.648
d(0.9):
Accessory Name:
Span :
0.876
um
Specific Surface Area:
14.09
Operator notes:
Uniformity:
%Vol
Obscuration:
103.260 157.726d(0.1): um
0.27
97.773
um67.265 d(0.5):
Volume
  Particle Size Distribution
 0.01  0.1  1  10  100  1000  3000 
Particle Size (μm)
0
 2 
 4 
 6 
 8 
 10 
 12 
 14 
 16 
 18 
Vo
lu
m
e 
(%
)
sample3_alumina_1.78 - Average, Thursday, 22 November 2012 12:47:36 PM
Hydro 2000S (A)
Result units:
um
Concentration:
0.2089
Weighted Residual:
0.832 %
Size (μm)
0.010
0.011
0.013
0.015
0.017
0.020
0.023
0.026
0.030
0.035
0.040
0.046
0.052
0.060
0.069
0.079
0.091
0.105
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
0.105
0.120
0.138
0.158
0.182
0.209
0.240
0.275
0.316
0.363
0.417
0.479
0.550
0.631
0.724
0.832
0.955
1.096
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
1.096
1.259
1.445
1.660
1.905
2.188
2.512
2.884
3.311
3.802
4.365
5.012
5.754
6.607
7.586
8.710
10.000
11.482
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
11.482
13.183
15.136
17.378
19.953
22.909
26.303
30.200
34.674
39.811
45.709
52.481
60.256
69.183
79.433
91.201
104.713
120.226
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.26
1.31
3.44
6.64
10.40
13.81
15.76
15.59
Size (μm)
120.226
138.038
158.489
181.970
208.930
239.883
275.423
316.228
363.078
416.869
478.630
549.541
630.957
724.436
831.764
954.993
1096.478
1258.925
Volume In %
13.33
9.72
5.94
2.87
0.92
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
1258.925
1445.440
1659.587
1905.461
2187.762
2511.886
2884.032
3311.311
3801.894
4365.158
5011.872
5754.399
6606.934
7585.776
8709.636
10000.000
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Thursday, 22 November 2012 12:47:36 PM
Averaged
Measured by:
malvern-user
Sample bulk lot ref:
Sample Name:
Analysed:
Measured:
Sample Source & type:
Thursday, 22 November 2012 12:47:37 PM
sample3_alumina_1.78 - Average
SOP Name:
Result Source:
Sensitivity:
Dispersant Name:
Water Off
Size range:
Alumina
Particle RI:
1.330
Result Emulation:
Absorption:
0.020 to0.1
Normal
Analysis model:
2000.000
Dispersant RI:
1.780
General purpose
Particle Name:
um
Tel := +[44] (0) 1684-892456 Fax +[44] (0) 1684-892789
Malvern, UK
Malvern Instruments Ltd.
Serial Number : MAL101100
Mastersizer 2000 Ver. 5.22
10/02/2014 12:01:30 PM
Record Number: 6
File name: alumina_53-75mic.mea
Result Analysis Report
Vol. Weighted Mean D[4,3]:
%
m²/g
um
Surface Weighted Mean D[3,2]:
0.0367 181.659
d(0.9):
Accessory Name:
Span :
0.878
um
Specific Surface Area:
13.99
Operator notes:
Uniformity:
%Vol
Obscuration:
172.785 264.146d(0.1): um
0.274
163.523
um112.403 d(0.5):
Volume
  Particle Size Distribution
 0.01  0.1  1  10  100  1000  3000 
Particle Size (m)
0
 2 
 4 
 6 
 8 
 10 
 12 
 14 
 16 
 18 
Vo
lu
m
e 
(%
)
sample1_alumina_125mic - Average, Thursday, 29 November 2012 2:21:04 PM
Hydro 2000S (A)
Result units:
um
Concentration:
0.3497
Weighted Residual:
1.034 %
Size (m)
0.010
0.011
0.013
0.015
0.017
0.020
0.023
0.026
0.030
0.035
0.040
0.046
0.052
0.060
0.069
0.079
0.091
0.105
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
0.105
0.120
0.138
0.158
0.182
0.209
0.240
0.275
0.316
0.363
0.417
0.479
0.550
0.631
0.724
0.832
0.955
1.096
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
1.096
1.259
1.445
1.660
1.905
2.188
2.512
2.884
3.311
3.802
4.365
5.012
5.754
6.607
7.586
8.710
10.000
11.482
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
11.482
13.183
15.136
17.378
19.953
22.909
26.303
30.200
34.674
39.811
45.709
52.481
60.256
69.183
79.433
91.201
104.713
120.226
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.02
0.43
1.83
4.26
7.69
Size (m)
120.226
138.038
158.489
181.970
208.930
239.883
275.423
316.228
363.078
416.869
478.630
549.541
630.957
724.436
831.764
954.993
1096.478
1258.925
Volume In %
11.41
14.48
15.87
15.09
12.44
8.73
5.14
2.33
0.28
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
1258.925
1445.440
1659.587
1905.461
2187.762
2511.886
2884.032
3311.311
3801.894
4365.158
5011.872
5754.399
6606.934
7585.776
8709.636
10000.000
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Thursday, 29 November 2012 2:21:04 PM
Averaged
Measured by:
malvern-user
Sample bulk lot ref:
Sample Name:
Analysed:
Measured:
Sample Source & type:
Thursday, 29 November 2012 2:21:05 PM
sample1_alumina_125mic - Average
SOP Name:
Result Source:
Sensitivity:
Dispersant Name:
Water Off
Size range:
Alumina
Particle RI:
1.330
Result Emulation:
Absorption:
0.020 to0.1
Normal
Analysis model:
2000.000
Dispersant RI:
1.780
General purpose
Particle Name:
um
Tel := +[44] (0) 1684-892456 Fax +[44] (0) 1684-892789
Malvern, UK
Malvern Instruments Ltd.
Serial Number : MAL101100
Mastersizer 2000 Ver. 5.22
10/02/2014 12:05:43 PM
Record Number: 5
File name: alumina_150-200mic.mea
d(0.1):     109.160     d(0.5):     170.638    u d(0.9):     264.064     um
Result Analysis Report
Vol. Weighted Mean D[4,3]:
%
m²/g
um
Surface Weighted Mean D[3,2]:
0.0589 135.921
d(0.9):
Accessory Name:
Span :
1.490
um
Specific Surface Area:
16.41
Operator notes:
Uniformity:
%Vol
Obscuration:
116.806 233.430d(0.1): um
0.479
101.830
um59.404 d(0.5):
Volume
  Particle Size Distribution
 0.01  0.1  1  10  100  1000  3000 
Particle Size (m)
0
 2 
 4 
 6 
 8 
 10 
 12 
Vo
lu
m
e 
(%
)
Alumina_mixture-4 - Average, Monday, 4 March 2013 4:09:23 PM
Hydro 2000S (A)
Result units:
um
Concentration:
0.2567
Weighted Residual:
2.779 %
Size (m)
0.010
0.011
0.013
0.015
0.017
0.020
0.023
0.026
0.030
0.035
0.040
0.046
0.052
0.060
0.069
0.079
0.091
0.105
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
0.105
0.120
0.138
0.158
0.182
0.209
0.240
0.275
0.316
0.363
0.417
0.479
0.550
0.631
0.724
0.832
0.955
1.096
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
1.096
1.259
1.445
1.660
1.905
2.188
2.512
2.884
3.311
3.802
4.365
5.012
5.754
6.607
7.586
8.710
10.000
11.482
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.03
0.04
Size (m)
11.482
13.183
15.136
17.378
19.953
22.909
26.303
30.200
34.674
39.811
45.709
52.481
60.256
69.183
79.433
91.201
104.713
120.226
Volume In %
0.04
0.04
0.01
0.00
0.00
0.00
0.02
0.32
0.89
1.78
2.96
4.38
5.92
7.41
8.69
9.58
9.98
Size (m)
120.226
138.038
158.489
181.970
208.930
239.883
275.423
316.228
363.078
416.869
478.630
549.541
630.957
724.436
831.764
954.993
1096.478
1258.925
Volume In %
9.83
9.15
8.05
6.64
5.13
3.64
2.36
1.38
0.65
0.37
0.33
0.28
0.10
0.00
0.00
0.00
0.00
Size (m)
1258.925
1445.440
1659.587
1905.461
2187.762
2511.886
2884.032
3311.311
3801.894
4365.158
5011.872
5754.399
6606.934
7585.776
8709.636
10000.000
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Monday, 4 March 2013 4:09:23 PM
Averaged
Measured by:
malvern-user
Sample bulk lot ref:
Sample Name:
Analysed:
Measured:
Sample Source & type:
Monday, 4 March 2013 4:09:24 PM
Alumina_mixture-4 - Average
SOP Name:
Result Source:
Sensitivity:
Dispersant Name:
Water Off
Size range:
Alumina
Particle RI:
1.330
Result Emulation:
Absorption:
0.020 to0.1
Normal
Analysis model:
2000.000
Dispersant RI:
1.780
General purpose
Particle Name:
um
Tel := +[44] (0) 1684-892456 Fax +[44] (0) 1684-892789
Malvern, UK
Malvern Instruments Ltd.
Serial Number : MAL101100
Mastersizer 2000 Ver. 5.22
10/02/2014 12:07:55 PM
Record Number: 16
File name: mixture.mea
d(0.9):      275.145      um
Result Analysis Report
Vol. Weighted Mean D[4,3]:
%
m²/g
um
Surface Weighted Mean D[3,2]:
0.0489 188.290
d(0.9):
Accessory Name:
Span :
2.021
um
Specific Surface Area:
14.56
Operator notes:
Uniformity:
%Vol
Obscuration:
152.927 371.525d(0.1): um
0.624
122.614
um62.396 d(0.5):
Volume
  Particle Size Distribution
 0.01  0.1  1  10  100  1000  3000 
Particle Size (m)
0
 1 
 2 
 3 
 4 
 5 
 6 
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 8 
Vo
lu
m
e 
(%
)
wide_range_240-150-100-80-60_mix - Average, Wednesday, 6 March 2013 3:26:05 PM
Hydro 2000S (A)
Result units:
um
Concentration:
0.2713
Weighted Residual:
1.645 %
Size (m)
0.010
0.011
0.013
0.015
0.017
0.020
0.023
0.026
0.030
0.035
0.040
0.046
0.052
0.060
0.069
0.079
0.091
0.105
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
0.105
0.120
0.138
0.158
0.182
0.209
0.240
0.275
0.316
0.363
0.417
0.479
0.550
0.631
0.724
0.832
0.955
1.096
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
1.096
1.259
1.445
1.660
1.905
2.188
2.512
2.884
3.311
3.802
4.365
5.012
5.754
6.607
7.586
8.710
10.000
11.482
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (m)
11.482
13.183
15.136
17.378
19.953
22.909
26.303
30.200
34.674
39.811
45.709
52.481
60.256
69.183
79.433
91.201
104.713
120.226
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.03
0.38
0.89
1.62
2.52
3.51
4.50
5.37
6.05
6.50
6.75
Size (m)
120.226
138.038
158.489
181.970
208.930
239.883
275.423
316.228
363.078
416.869
478.630
549.541
630.957
724.436
831.764
954.993
1096.478
1258.925
Volume In %
6.83
6.81
6.77
6.69
6.57
6.31
5.88
5.23
4.36
3.30
2.17
0.90
0.06
0.00
0.00
0.00
0.00
Size (m)
1258.925
1445.440
1659.587
1905.461
2187.762
2511.886
2884.032
3311.311
3801.894
4365.158
5011.872
5754.399
6606.934
7585.776
8709.636
10000.000
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Wednesday, 6 March 2013 3:26:05 PM
Averaged
Measured by:
malvern-user
Sample bulk lot ref:
Sample Name:
Analysed:
Measured:
Sample Source & type:
Wednesday, 6 March 2013 3:26:06 PM
wide_range_240-150-100-80-60_mix -
SOP Name:
Result Source:
Sensitivity:
Dispersant Name:
Water Off
Size range:
Alumina
Particle RI:
1.330
Result Emulation:
Absorption:
0.020 to0.1
Normal
Analysis model:
2000.000
Dispersant RI:
1.780
General purpose
Particle Name:
um
Tel := +[44] (0) 1684-892456 Fax +[44] (0) 1684-892789
Malvern, UK
Malvern Instruments Ltd.
Serial Number : MAL101100
Mastersizer 2000 Ver. 5.22
10/02/2014 12:10:04 PM
Record Number: 20
File name: wide range.mea
d(0.1):   62.124      um d(0.5):    153.69       um d(0.9):    550.148       um
Result Analysis Report
Vol. Weighted Mean D[4,3]:
%
m²/g
um
Surface Weighted Mean D[3,2]:
0.0753 88.389
d(0.9):
Accessory Name:
Span :
0.867
um
Specific Surface Area:
14.10
Operator notes:
Uniformity:
%Vol
Obscuration:
84.056 127.922d(0.1): um
0.272
79.705
um55.032 d(0.5):
Volume
  Particle Size Distribution
 0.01  0.1  1  10  100  1000  3000 
Particle Size (μm)
0
 2 
 4 
 6 
 8 
 10 
 12 
 14 
 16 
 18 
Vo
lu
m
e 
(%
)
sample1_Porous - Average, Friday, 18 January 2013 10:59:45 AM
Hydro 2000S (A)
Result units:
um
Concentration:
0.1697
Weighted Residual:
0.722 %
Size (μm)
0.010
0.011
0.013
0.015
0.017
0.020
0.023
0.026
0.030
0.035
0.040
0.046
0.052
0.060
0.069
0.079
0.091
0.105
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
0.105
0.120
0.138
0.158
0.182
0.209
0.240
0.275
0.316
0.363
0.417
0.479
0.550
0.631
0.724
0.832
0.955
1.096
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
1.096
1.259
1.445
1.660
1.905
2.188
2.512
2.884
3.311
3.802
4.365
5.012
5.754
6.607
7.586
8.710
10.000
11.482
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
11.482
13.183
15.136
17.378
19.953
22.909
26.303
30.200
34.674
39.811
45.709
52.481
60.256
69.183
79.433
91.201
104.713
120.226
Volume In %
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.03
0.60
2.10
4.80
8.44
12.27
15.15
16.11
14.81
11.68
Size (μm)
120.226
138.038
158.489
181.970
208.930
239.883
275.423
316.228
363.078
416.869
478.630
549.541
630.957
724.436
831.764
954.993
1096.478
1258.925
Volume In %
7.81
4.25
1.72
0.23
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
0.00
Size (μm)
1258.925
1445.440
1659.587
1905.461
2187.762
2511.886
2884.032
3311.311
3801.894
4365.158
5011.872
5754.399
6606.934
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Vacuum ﬂuidised beds have a distinct advantage of being operated with reduced mass consumption of the
ﬂuidising media. However, a low quality of ﬂuidisation reduces the opportunity to utilise the bubbling re-
gime in vacuum ﬂuidised beds. Fluidisation maps are often used to depict the interface between the quies-
cent, bubbling and slugging regimes inside a ﬂuidised bed. Such maps have been obtained by visual
observations of the ﬂuidisation interface in transparent ﬂuidised beds. For beds which are visually inacces-
sible ﬂuidisation maps are difﬁcult to obtain. The present work therefore attempts to model the interface
travel in a vacuum ﬂuidised bed. The pressure gradient due to the bed weight has been determined to be
a main contributor for ﬂuidisation/deﬂuidisation under vacuum. A simple analytical model based on the
pressure gradient (PG model) is developed to predict the interface location in a vacuum ﬂuidised bed. For
a segregated bed, the Gibilaro–Rowe (GR) model is modiﬁed and used to predict the jetsam layer growth
alongwith the ﬂuidisation interface. The predictions are comparedwith the experimental data for minimal-
ly and highly segregated particles and it is seen that for non-segregated powders the predictions are quite
accurate. Lack of sufﬁcient knowledge of bubble characteristics, however, impeded accurate prediction of
the jetsam growth especially at high ﬂow rates. However, an approximate complete ﬂuidisation interface
is successfully predicted using the GR–PG model.
© 2014 Elsevier B.V. All rights reserved.
1. Introduction
The operation of ﬂuidised beds under vacuum conditions rapid-
ly degrades the quality [1,2] due to the existence of an interface
that separates the dynamic and static regions near the minimum
ﬂuidisation conditions. The presence of the ﬂuidisation interface
is similar to the interface between the jetsam and ﬂotsam in a bina-
ry segregated mixture. However, in vacuum conditions, even for a
non-segregated mixture, the cause is the presence of a high pres-
sure gradient inside the bed [1]. Due to the sub-atmospheric pres-
sures, the bed weight induces a signiﬁcant pressure gradient that
causes the velocity of the ﬂuidising medium to increase signiﬁcant-
ly while traversing the bed [3,4]. Differential ﬂuidisation behaviour
is therefore always observed where the bed either slugs vigorously
at the top and bubbles at the bottom or bubbles at the top and re-
mains quiescent at the bottom regions of the bed as the ﬂuidisation
velocity is decreased. This reduces the available optimum bubbling
space of the ﬂuidised bed for any heat and mass transfer applica-
tion. Nonetheless, vacuum ﬂuidised beds have a distinct advantage
of reduced mass consumption [1]. This necessitates the study of
ﬂuidisation quality and Obtain optimised operating parameters to
utilise the economic beneﬁts of the vacuum ﬂuidised beds.
Fluidisation maps (Fig. 1) describing the interface between the
quiescent and bubbling regimes obtained are generally used to oper-
ate vacuum ﬂuidised beds to avoid unfavourable regions during heat
and mass transfer processes [1,4]. However, it becomes challenging
to operate a ﬂuidisation column where direct visualisation may not
be possible due to setup limitations. Normalised ﬂuidisation maps
from transparent columns generally fail to accurately predict the in-
terface position in an opaque column of different size due to various
scale-up factors such as particle size, bed diameter, operating pres-
sures and inlet velocity. Very few studies on the effects of these fac-
tors on ﬂuidisation quality in vacuum are available in the literature
[1,2]. Various models exist in the literature [5,6] that predict the seg-
regation proﬁle for binary mixtures. However, these models do not
account for pressure gradients and hence cannot be used for inter-
face prediction under vacuum conditions. It has been shown earlier
that the pressure gradient plays an additional role in the interface
travel for a segregated mixture under vacuum conditions [1]. The
main objective of the present work is, therefore, to analytically
model the travel of the interface inside a ﬂuidised bed (for segregat-
ed and non-segregated mixtures) taking into account the pressure
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gradient. The scope of the present work includes derivation of a simple
analytical model and its validation with experimental results for non-
segregated and segregated vacuum ﬂuidised beds.
2. Interface prediction model
The deﬂuidisation interface in a vacuum ﬂuidised bed near mini-
mum ﬂuidisation conditions separates the quiescent and bubbling
region. Originating near the distributor plate the interface travels
upwards as the supply of ﬂuidising gas is reduced. The following sec-
tion derives a simple analytical model to predict the interface loca-
tion inside the bed for a segregating and non-segregating bed after
the bed acquires steady state conditions.
Rao et al. [7] have characterised segregation of particles based on the
size and density ratio. A non-segregated (or minimally segregated) bed
is deﬁned as 1 b ρr b 2 or 1 b dr b 2; 1 b Ur b 2.5, where ρr ¼ ρjetsamρflotsam
 
, dr
¼ ρjetsamρflotsam
 
and Ur ¼ Umf‐jetsamUmf‐flotsam
 
are the density, size and velocity ratios. All
the powders used in the present study classify as a minimally segregat-
ed powder as per Rao et.al classiﬁcation (dr ~ 1.1–1.2). Similar powders
have been used in our earlier study [1]. Ideally, for a mono-sized Group
B particle (segregation absent), the ﬂuidisation quality is due to the
pressure gradient caused by bed weight that is similar in order of mag-
nitude to the top pressure. As a result, the ﬂuid experiences a signiﬁcant
reduction in pressure as it moves through the bed. For instance, at the
minimum ﬂuidisation condition for a bed weight pressure of 5000 Pa
and operated at a top pressure of 100 Pa, the ﬂuid experiences signiﬁ-
cant change in pressures resulting in substantial reduction in the ﬂuid
density. This causes the ﬂuid to expand and increase the velocity to con-
serve the mass ﬂow rate [3]. Thus, during deﬂuidisation, the bottom of
the bed begins to settle down while the top portion of the bed bub-
bles/slugs since the velocity in this region is sufﬁcient to not only min-
imally ﬂuidise but also bubble/slug the upper portion of the bed. With
an increase of particle size, the velocity requirement for Umf increases
[8] thereby increasing the velocity requirement for onset and termina-
tion of the interface.
2.1. Pressure gradient (PG) model
For analysis, consider a cylindrical column of size D and height H
with a bed made of particles of size dp. Fig. 2 shows the ﬂuidised
bed in the column with height h with an interface at a location z
from the bottom of the bed operating at a pressure PT at the top
of the bed (at z = H). A mass ﬂow rate balance analysis at the inter-
face will yield the following expression for the velocity vz of the
ﬂuidising media.
ρzvz ¼ ρzþdzvzþdz: ð1Þ
If PB is the pressure due to the bed weight and h is the bed
height, the total pressure acting at any location within the bed is
therefore,
Pz ¼ PT þ PBð Þ−
PB
h
 
z: ð2Þ
And the corresponding density of the ﬂuidising media (assuming
ideal gas behaviour) is therefore,
ρz ¼
Pz
RT
: ð3Þ
Since the interface separates a ﬂuidising and quiescent bed, the
velocity at the interface is:
vz ≥ vmf : ð4Þ
Nomenclature
CB volume fraction of jetsam particles in bulk
CW volume fraction of jetsam particles in wake
d/db diameter, m
D bed diameter, m
Fwb volume fraction of wake in the bubble
fj initial jetsam volume fraction
h height, m
H bed height, m
k segregation rate, m3/s
P Pressure, N/m2
q jetsam exchange rate, m2/s
U ﬂowrate, cm3/min
v velocity, m/s
w circulation rate, m3/s
Ys dimensionless segregation distance
z vertical direction, m
Z non-dimensional height
Greek letters
ρ density, kg/m3
θw wake angle, degrees
Subscripts
0 at distributor plate
avg average
B bottom of the bed
f/F ﬂotsam
inlet inlet of the bed
j/J jetsam
m max
mf minimum ﬂuidisation
p particle
r ratio
T top of the bed
z at location z
Fig. 1. Fluidisation maps showing ﬂuidisation interface, bed height, pressure drop and the
interface onset and termination velocities.
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Combining Eqs. ((1), (3) and (4)), and equating the differentialmass
ﬂow rate to inlet mass ﬂow rate (ρinletvinlet; per unit area), we obtain
vz ¼
PT þ PBð Þ  vinlet
Pz
: ð5Þ
And using Eq. (2) and applying the limiting condition (4):
z ¼ PT þ PB
PB
 
 h  1− vinlet
vmf
 
: ð6Þ
For a binary ﬂuidised bed made up of ﬂotsam and jetsam, the inter-
face position in the jetsam and ﬂotsam layer separately (due to different
pressure gradient) can be estimated, from the ﬁrst principles (from
Eq. (2)) as:
z J ¼
PT þ PJ þ PF
PJ
 !
 hJ  1−
vinlet
vmf
 
ð7Þ
zF ¼
PT þ PF
PF
 
 hF  1−
vinlet
vmf
 
þ z ð8Þ
where
PJ, PF are the pressure in the bed due to jetsam and ﬂotsam layer,
respectively, and
z⁎ is the pure jetsam layer height.
hJ, hF are the jetsamandﬂotsam layer height at complete segregation
In order to estimate the minimum ﬂuidisation velocity in
Eqs. (6)–(8), the general expression by Llop et al. [8] can be used
for any operating pressure PT which is expressed as a function of
Knudsen no. (Knp) and Archimedes no. (Ar).
Umf ¼
μ
ρ1
Remf ð9Þ
where Remf ¼ Z3:5C1
 2 þ Ar1:75C1
 1=2
− Z3:5C1 and z ¼ 1Knp
K2C3
þ 1K1C2
; while K1, K2,
C1, C2 and C3 being constants [8].
Thus, utilising Eqs. (6)–(8), the location of the interface can be pre-
dicted for cases satisfying the following assumptions:
a) the powder consists of a uniform particle size with no size distribu-
tion and hence only the pressure gradient is responsible for interface
travel,
b) the particles are spherical with size dp,
c) and the height of the bed during travel of interface from bottom to
top is hmf.
A recent study on ﬂuidisation quality in vacuum has shown that the
interface travels linearly in a minimally segregated bed while with dif-
ferent slopes in a segregated bed [1]. As the jetsam particles settle
down with deﬂuidisation of the bed, the interface during its upward
movement travels with different rates which vary according to the par-
ticle size. Fig. 3 shows the differential rates of travel of the interface for
the segregated and non-segregated particles under vacuum conditions
(reproduced here from [1] for convenience). The height of the jetsam
layer can be seen to remain constant for all the vacuum pressures.
Therefore, in order to predict the interface location inside the bed, the
jetsam/ﬂotsam concentration distribution inside the bed should ﬁrst
be estimated followed by the prediction of the interface location using
Eqs. (6)–(8).
2.2. Gibilaro–Rowe model
TheGibilaro–Rowe (GR) [5]model is the fundamentalmodel used to
estimate the segregation distribution for binary mixtures in a gas–solid
ﬂuidised bed. It is a steady state differential formulation of physical
mechanisms of segregation that accurately predicts the segregation
proﬁles for the binary mixtures. The parameters used in the GR model
have been studied by Naimer et al. [6] and Tanimoto et al. [9] to link
them to the ﬂuidisation behaviour. The present work therefore solves
the GR model [5]. Wake phase corresponds to the particles present in
the wake of a bubble and the bulk phase is the region occupied by rest
of the particles in the bed. The differential equation that deﬁnes the con-
centration of jetsam in the bulk and wake phase, respectively, is thus
given by:
E
d2CB
dZ2
þ 1þ 1−2CB
λ
 
dCB
dZ
þ qh
w
Cw−CBð Þ ¼ 0 ð10Þ
and
w
dCw
dZ
−qh CB−CWð Þ ¼ 0 ð11Þ
where
w solids circulation rate, L3/T
k segregation coefﬁcient, L3/T
Fig. 2. The pressure gradient model in a ﬂuidised bed and typical pressure drop proﬁle for binary mixtures.
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q bulk/wake exchange coefﬁcient, L2/T
E axial mixing coefﬁcient (r/wh), L4/T
h total bed height, L
λ w/k
Cw volumetric fraction of jetsam in the wake
CB volumetric fraction of jetsam in the bulk.
The numerical solution towhich is (by secondorder Taylor series ap-
proximation):
CB;iþ1 ¼
1
E
ΔZ2
þ 1þ 1−2CB;ið ÞλΔZ
CB;i
ΔZ
2E
ΔZ
þ 1þ 1−2CB;i
 
λ
þ qhΔZ
w
 !
−CB;i−2E
ΔZ2
−qHCW;i
w
" #
ð12Þ
and
CW;iþ1 ¼ qhw CB;i−CW;i
 
Δzþ CW;i: ð13Þ
In the present simulation, axial mixing was neglected (E = 0)
(see Section 4.3).
The mass balance for the jetsam in the bed is:
f j ¼ Z þ
Z 2
Z
Cavg;z dZ ð14Þ
where
Z⁎ is the non-dimensional jetsam layer and
fj is the initial jetsam volume fraction in the bed,
Fig. 3. Fluidisation maps showing ﬂuidisation and slugging interface for 55 and 350 mbar pressures [1].
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Cavg;z ¼ 1− fwð ÞCB;z þ fwCW: ð15Þ
The following boundary conditions are used [5]:
CB;Z ¼ 1andCW;Z ¼ 1 atZ ¼ 0 ð16Þ
CB;Z ¼
w
k
andCW;Z ¼ 1 forZ ¼ Z : ð17Þ
The initial condition used in the present simulation is:
CB ¼ 1andCW ¼ 1 for0bZbZ ð18Þ
CB ¼ wk andCW;Z ¼ 1 forZ≥Z

: ð19Þ
Thus, in order to estimate the pure jetsam layer height, the distribu-
tion of jetsam concentration inside the remaining bed is evaluated by
Start
Read particle 
characteristics, jetsam 
wt.fraction, superficial 
flowrate
Calculate bed height, h (Table 1), initial jetsam layer 
height and initialise the solution
Calculate bubble characteristics for 
fluidised bed height (h). Estimate 
segregation parameters
Solve the discretised concentration 
equations (Eq.12-13) 
Calculate new jetsam layer height 
based on jetsam mass balance. 
Calculate Cave
(Eq.15)
hprev – hnew
<0.0001
Estimate the defluidised layer height 
from pressure gradient (PG) model
Print segregation profile, jetsam 
layer height and defluidised layer 
height
Yes 
No 
Fig. 4. Flowchart for numerical simulation of Gibilaro–Rowe and pressure gradient (GR–
PG) model.
Table 1
Segregation parameters and bubble characteristics.
db0 = 0.00376(U02 − Umf2 ) [14]
dbm = 0.652(Ac(U0 − Umf))0.2
db ¼ dbm− dbm−db0ð Þe
−0:3h
Dt [15]
Ub ¼ U0−Umfð Þ þ 0:711
ﬃﬃﬃﬃﬃﬃﬃﬃ
gdb
p
θw = 160 − 160e−60 db
ab ¼ U0−UmfUb
Fwb ¼ 0:5− 916 cos θw2
	 
	 
þ 116 cos 3θw2	 
	 

ab0 ¼ ab1−Fwb
w ¼ Ub Fwb ab
0
1−ab0
Ys ¼ 0:6 ρ jρ f
 
d j
d f
 1
3
k ¼ 0:75YsUb ab
0
1−ab0
q ¼ 1:5FwbUmf0:42db ab
0
1−ab0
fw ¼ ab01−ab Fwb
Umf ¼ Umf ; f Umf; jUmf; f
 X2j
hbed ¼ hmf U0−UmfUb;max
  
þ hmf [14]
Vacuum gauge 1 
Bypass valve
Inlet  air supply
unit
Fluidisation
column 
Vacuum pump
Compressed air
Fig. 5. Schematic diagram of vacuum ﬂuidised bed used for experiments.
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iteratively evaluating the bulk andwake phase jetsamconcentration (CB
and Cw) and correcting the jetsam layer height to satisfy the jetsam con-
centration balance given in Eq. (14). The ﬂuidised bed is divided into n
segments and the local jetsam concentration is determined using
Eqs. (12) and (13). Finally, the overall jetsam mass balance is carried
out and the jetsam height is corrected. The simulation is run iteratively
till a convergence criterion of (Zprev–Zpresent) b 0.0001 is satisﬁed.
The simulation ﬂowchart (Fig. 4) is used to obtain the segregation
proﬁle for the powders used in the present work. Table 1 describes
the various parameters used to determine the segregation coefﬁcients
used in Eqs. (10) and (11).
3. Experimental study of segregation in vacuum
3.1. Experimental method
A cylindrical ﬂuidised bed made of polycarbonate (50 mm ID and
1 m length) was used with a porous sintered steel disc as a distributor
plate (Fig. 5). The vacuum in the cylinder was controlled using bypass
needle valves. Variable area ﬂowmeters with an accuracy of ±3%
were used to measure air ﬂow rate to the vacuum chamber. To ensure
correct ﬂowmeter readings, a pressure of 50 kPa was maintained on
the entry and exit sides of the ﬂowmeter using a two-stage needle
valve conﬁguration. Pressure transducers with an accuracy of 0.25%
were used to measure the pressures at two locations inside the cham-
ber: 5 mm above the distributor plate and 5 mm below the exit of the
chamber. In order tomaintain consistency in results, similar inlet condi-
tions (Table 2)were used in all experiments. The pressure datawere ac-
quired (10 Hz) using an ALMEMO 2590 data logger and were analysed
ofﬂine using a personal computer. The sieved powders were analysed
for size distribution by a Malvern Mastersizer 2000, which utilises
laser diffraction to measure the size of particles. It does this by measur-
ing the intensity of light scattered as a laser beam passes through a dis-
persed particulate sample. This data is then analysed by the device to
calculate the size of the particles that created the scattering pattern.
The particles were ﬂuidised in air for various sub-atmospheric pres-
sures and the pressure drop was measured during the deﬂuidisation
alongwith the interface tracking. Once the ﬂuidisation maps of the seg-
regated powders were obtained by interface tracking and the pressure
drop vs. ﬂow rate data, the jetsam concentration was determined for
twoﬂow rates (2Umf and 4Umf). In order tomeasure the jetsamdistribu-
tion, the bed was divided into 10 equal segments and powder samples
were collected from them using a vacuum collection device, which
wasmade up of a vacuum pump and a particle ﬁlter to collect the pow-
ders. During the experiment, the bed was run for 30 min to obtain a
steady state and then the air supply was immediately turned off in
order to freeze the mixing pattern. A vacuum hose suspended from
the top of the bed traversed vertically down to collect the powders
from each segment. Care was taken to avoid mixing within the subse-
quent segments. After collection, the powders were sieved to separate
the jetsam and weighed to calculate the jetsam mass fraction in each
segment. The coarser particles were also coloured to visually observe
the jetsam layer using a camera.
The ﬂuidisation interface location in a ﬂuidised bed can bemeasured
using an image processing technique called optical ﬂow [10] that
(a) Original image of segregated bed at atmospheric
pressure (blue region is static and made of coarser
particles)    
(b) Contour plot of time averaged velocity (in pixels/sec)
using the optical flow technique 
(c) Binary image of time averaged velocity plot
showing the interface  
Fig. 6. The prediction of ﬂuidisation interface using optical ﬂow velocity vectors for a seg-
regated bed.
Table 2
Inlet conditions and powder characteristics.
Inlet pressure 50 kPa
Inlet temperature 27 °C
Inlet ﬂow rate 100–10,000 cm3/min
Bed height 400 mm
Bed diameter 50 mm
Vacuum pressure 1000–50 mbar
Alumina powder density 3800 kg/m3
Powder d(3,2) (μm) d(0.5) (μm) d(4,3) (μm)
Alumina: 80 μm 80 86 90
Alumina: 95 μm 95 103 108
Alumina: 160 μm 160 170 180
Alumina: 313 μm 313 332 353
468 A. Kumar et al. / Powder Technology 266 (2014) 463–474
distinguishes the static and dynamic portion of the bed by calculating
the velocity of the objects in two subsequent images. Video images of
the ﬂuidised bedwas taken using amacro lens at 50 fps and the velocity
vectors were calculated using Lucas–Kanade algorithm [11] in the Com-
puter Vision Toolbox in Matlab R2013. A time-averaged plot of velocity
vectors were obtained for a video run time of 20 s, which reveals the in-
terface that separates the static and dynamic portions of the bed. The bi-
nary imagewas obtained by deﬁning a threshold value equivalent to the
noise (0.03 pixels/s) when the bed was completely static. The interface
height from the top of the image is then marked from the binary image
with the condition that at least 90% of the bedmust be static. An average
error of ±10% was found between visually observed and image proc-
essed tracked interface. This method has been previously validated to
accurately predict the interface in vacuum ﬂuidised beds [1]. The
time-averaged velocity contours were calculated for a segregated bed
made up of 310 and 80 μm particles (Fig. 6) where the interface be-
tween the coarse and ﬁne particles can be seen very clearly from the bi-
nary image.
3.2. Powder characteristics
In order to compare the predictions of the interface-tracking model,
four powder sampleswere used in the present study: Alumina powders
belonging to Group B having a Sauter mean diameter (d[3,2]) of 80, 95
and 160 μm and a segregated mixture of 80 and 310 μm. The particle
distribution of the powders used is shown in Fig. 7. The powders
were analysed for size distribution by Malvern Mastersizer 2000.
Table 2 reports the particle sizes for various powders used in the
present work.
4. Results and discussion
4.1. Minimal segregated powders
The pressures were reduced from atmospheric to vacuum and the
interface was tracked during the deﬂuidisation process. Figs. (8)–(10)
show the interface tracked and the comparison with the predicted in-
terface using Eq. (6). Repeated tests (three) were done only for the 80
μm powder (due to experiment complexity) to estimate the accuracy
of the interface location measurement and Fig. 10 depicts the standard
deviation as error bars. For the minimally segregated powder, the
Fig. 8. Comparison of ﬂuidisation interface prediction by the pressure gradient (PG) model and the experiments for d(3,2): 160 μm.
Fig. 7. Size distribution of the powders used in the present study.
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interface travels vertically with a constant rate due to a narrow size
range. The predicted interface location is accurately predicted by
Eq. (6) (with an average standard error of ±12% as compared to the ex-
perimental data), which was based only on the pressure gradient. Al-
though the slope of the interface is predicted accurately, the onset and
termination of the interface are not precisely predicted. This is due to
the sensitivity of the pressure gradient model to the particle diameter
which assumes the particles to be of uniform spherical shape. In addi-
tion, the particles have a size range distribution due to which coarser
particles settle at the bottom during deﬂuidisation. The PG model as-
sumes a uniform particle size in the powder. Fig. 11 shows the variation
of the interface prediction for 95 μm particles at atmospheric pressure
for various characteristic particle diameters such as median d(0.5), sur-
face weighted mean d(3,2), and volume weighted mean d(4,3). The
Sauter mean diameter (d(3,2)) is used since it relates to the ﬁnes pres-
ent in a powder sample and the weight fraction of ﬂotsam is greater
than 0.5 for the binary mixtures used in present study. In the present
case, an average difference of 20 μmwas observed between the d(3,2)
and d(4,3) particle size. Hence for analysis purpose, only the d(3,2) par-
ticle size is used for all powder samples.
4.2. High segregated particles
It was observed during the deﬂuidisation test for the segregated
powders that the growth of the jetsam layer and the interface move-
ment took place simultaneously for all operating pressures. For atmo-
spheric pressures, the jetsam and deﬂuidised interface coincided.
However, under vacuum the two interfaces were quite distinct. The
deﬂuidisation interface, along with having a distinct growth rate and
originated after the jetsam layer, starts to build. In other words, there
was always a lag between the jetsam layer and deﬂuidisation interface
which increased with reducing pressure. Therefore, in order to use the
pressure gradient model to predict the interface travel in highly segre-
gated mixtures, it is necessary to predict the jetsam layer growth ﬁrst
with decreasing ﬂow rate. The interface location can then be estimated
based on the jetsam layer height. The growth of jetsam layer can be seen
in Fig. 12 for all the pressures considered in the present work.
Further, at lower ﬂow rates, the jetsam layer stayed at a plateau
(with reducing supply of air) for a while after which the growth contin-
ued. This occurs because the separation of coarser and ﬁner particles
within the jetsam size range occurs as the supply velocity is reduced
and causes jetsam layer growth after reaching a plateau.
The GR model determines the steady state jetsam layer for the vac-
uum pressures and then the interface is predicted by Eqs. (7) and (8)
in the segregated layers. The deﬂuidised jetsam layer is calculated by
the segregation pressure gradient (PG) model, which is then used as
the bubble initiation point during the simulation. The jetsam layer
height and deﬂuidised interface is corrected iteratively in the simulation
till the jetsammass balance is satisﬁed. In earlier works [5,6,12] the en-
tire pure jetsam layer was always considered to be deﬂuidised. Howev-
er, it is seen in the present work that the deﬂuidised layer lags the
jetsam layer under vacuum conditions and hence this assumption is
not valid anymore. A lower concentration of jetsam was predicted in
vacuum when the pure jetsam layer was considered completely
deﬂuidised and the jetsam height was taken as the bubble initiation
point. This was subsequently used to estimate bubble size at different
heights of the ﬂuidised bed. In order to estimate the fraction of
deﬂuidised jetsam layer the jetsam layer weight fraction was calculated
as (fj − Cavg,mix), where Cavg,mix is the average weight fraction of the
mixed layer which was then used in Eq. (7).
Fig. 9. Comparison of ﬂuidisation interface prediction by the pressure gradient (PG) model and the experiments for d(3,2): 95 μm.
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In order to simplify the solution, the assumption made in the
boundary condition (Eqs. (16) and (17)), that no exchange of parti-
cles between bubble and bulk phase takes place in the pure jetsam
layer is preserved even though the jetsam layer and deﬂuidised
layer do not coincide. During calculation, care was taken to convert
the superﬁcial velocities to actual chamber velocities, which consid-
erably increased due to the presence of vacuum. Fig. 13 compares the
prediction of jetsamweight fraction for the segregatedmixture, Mix-
ture 1, to the data obtained from experiments. The pure jetsam layer
height is predicted with an average of 10% accuracy in comparison to
the experimental data. Since the experimental bed was divided into
only 10 segments (simulation considered 100 nodes), the transition
interface between mixed and pure jetsam is not captured accurately
by the experiment. Apart from this, the prediction by the model is
not accurate for higher ﬂow rates under vacuum pressures, although
the model performs accurately near the minimum ﬂuidisation veloc-
ity (≈2Umf). For vacuum pressures it was observed that the jetsam
weight fraction was under-predicted by at least 25% for a velocity
of 4Umf. Neglecting axial mixing can be a reason for this inaccuracy
as it may play a signiﬁcant role under vacuum pressures. However,
in the present case lack of information on bubble characteristics
and size variation under vacuum pressure can be attributed to the in-
accuracy in the current model as effect of axial mixing is negligible
even under vacuum conditions (see Section 4.3). The initial bubble
diameter and the subsequent bubble growth are predicted using
the empirical models that have never been tested in vacuum pres-
sures. The bubble growth is expected to be higher under vacuum as
the gas expands in the increased pressure gradient atmosphere.
The inaccuracy in bubble size prediction affects other related param-
eters such as bed height expansion, which is critical in determining
the jetsam height. The comparison between experimental bed height
and the bed height model used in the present simulation (Table 1) is
seen in Fig. 14. As the pressures are reduced below atmospheric, bed
height at higher velocities are inaccurately predicted. Detailed inves-
tigations are therefore needed to improve our understanding of bub-
ble characteristics under vacuum conditions.
The prediction of the pure jetsam layer by the GR–pressure gradient
model enabled further predictions with decreasing ﬂow rate for
Fig. 10. Comparison of ﬂuidisation interface prediction by the pressure gradient (PG) model and the experiments for d(3,2): 80 μm (error bars indicate standard deviation).
Fig. 11. Sensitivity of the interface prediction to the powder size for d(3,2): 95 μmpowder.
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different operating pressures to obtain the interface growth in the seg-
regated bed. Fig. 15 shows the prediction of the jetsam layer growth
with deﬂuidisation and the interface travel in the bed and its compari-
son with the experimental data for atmospheric and vacuum pressures.
The growth of jetsam and the subsequent interface location is predicted
accurately (average standard error of 15%) by the Gibilaro–Rowe and
pressure gradient (GR–PG) model for atmospheric pressure. However,
as the pressures were reduced the error increased monotonically
with a maximum standard error of 50% for 55 mbar at higher ﬂow
rates (U/Umf N 2.5). This is mainly due to inaccurate prediction of
bubble characteristics at higher velocities. However, for velocities
near the minimum ﬂuidisation velocity (U/Umf≈ 1), the predictions
were quite accurate with the maximum standard error of 10%. The
GR–PG model predicts the growth of the jetsam and interface only
up to the jetsam plateau since the size distribution was not
considered in the numerical simulation. As the bed deﬂuidised be-
yond the jetsam layer, only the PGmodel was used for interface loca-
tion prediction in the ﬂotsam as seen in Fig. 15. Combination of these
two models approximates the complete interface location inside a
segregated bed during deﬂuidisation.
4.3. Axial mixing
In order to study the effect of axialmixing, another set of simulations
were run by considering E N 0. Table 1 gives the correlation used to
Fig. 13. Comparison of prediction byGibilaro–Rowe and pressure gradientmodel for high-
ly segregated mixture consisting d(3,2) of 80 and 313 μmwith experiments for different
operating pressures (jetsam weight fraction (fj = 0.3)).
(a) 250mbar-
1.5 U/Umf
(b) 250mbar-
3 U/Umf
(c) 55mbar-
1 U/Umf
(d) 55mbar-
1.5 U/Umf
(e) Atmospheric
2U/Umf
(f) Atmospheric
4U/Umf
Fig. 12. Jetsam layer height at various ﬂow rates for different pressures.Weight fraction of
jetsam: 0.3, bed height: 400 mm.
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measure E for the segregated bed. The actual E was of the order of 10−4
for the velocity considered in the present case. Therefore, a parametric
study was carried out by varying E from 0 to 10 to study the effect
more clearly. Fig. 16 shows the variation of the jetsam concentration
in the bed for various E values for atmospheric and 250 mb pressures.
No signiﬁcant difference is obtained for E=0.1 and the results show er-
roneous values for E N 1. Axial mixing therefore can be safely assumed
to play no role at all in determining the jetsam concentration using
the GR model. This is consistent with the results of other researchers
[6,12,13].
5. Conclusions
Knowledge of the interface in vacuumgreatly enhances the opportu-
nity to utilise the bubbling regime for heat and mass transfer processes.
Prediction of the deﬂuidised bed interface with reducing supply of
ﬂuidising media was carried out in the present work for minimally
and highly segregated ﬂuidised beds under atmospheric and vacuum
pressures. The presence of a pressure gradient operating under vacuum
is the main contributor to the deﬂuidisation of the bed and a simple an-
alytical model was proposed in the present work to predict the location
of the deﬂuidised interface. The pressure gradient model, in combina-
tion with the Gibilaro–Rowe model, predicted the ﬂuidisation interface
accurately for a minimally and highly segregated bed, with maximum
accuracy for a narrow size range of particles. It was seen that the predic-
tion deviated from the experimental data mainly due to the lack of in-
formation on the bubble characteristics under vacuum conditions. In
addition, the GR model needed modiﬁcation in its basic assumption of
a completely deﬂuidised jetsam layer, which was observed to be incor-
rect for vacuum conditions. With reducing supply of air, only a fraction
of the jetsam layer was observed to be deﬂuidised in the experiments.
With improved correlations of bubble diameter and growth, the present
pressure gradientmodel can be used to predict the ﬂuidisation interface
for all sets of powders.
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Chapter 5 
Heat transfer investigations in vacuum fluidised bed 
1. Introduction 
Heat transfer forms the main application of a fluidised bed and vacuum fluidisation has 
potential to offer economic benefits due to reduced mass consumption as indicated in the 
Chapter 1. Despite Group B powder’s poor quality at high vacuum, proper knowledge of 
hydrodynamics enables optimum utilisation of vacuum fluidisation even though Group B 
powder is known to exhibit poor quality [1]. However, Group A powders have good quality of 
fluidisation even under vacuum. Therefore, motivation to study heat transfer aspects under 
vacuum fluidisation is highly justified since powder behaviour can be optimised.  
Limited observations in literature are present on heat transfer aspects under vacuum.  
Shlapkova [2] found that the heat transfer declines with pressure reduction and degrades rapidly 
after 13.3 kPa. Results from Bhat and Whitehead [3] suggest that heat transfer remains constant 
in range of 10-100 kPa. These studies were limited in their scope and no parametric study was 
carried out to study the dependence of heat transfer on other operating parameters as operating 
temperature and location inside the bed. It is known that the particle size range and the 
expanding gas due to pressure gradient contributes to the quality of fluidisation [1, 4] and hence 
can affect the heat transfer considerably. In addition, inclusion of radiation heat transfer can 
also affect the overall heat transfer and may not depend on the vacuum conditions.  
The work in the present chapter addresses two critical questions: 
1) How does the heat transfer vary under vacuum conditions with location of the heat source 
inside the bed? 
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2) What is the effect of particle size on heat transfer under vacuum conditions? 
Answers to these questions will reveal a better picture of heat transfer characteristics than is 
present in the literature currently. Use is made of information gained from Chapter 1 and 2 on 
the quality of fluidisation and fluidisation maps in order to carry out the parametric study.  
2. Lumped capacitance method 
In order to carry out a comparative study of heat transfer with pressure, 
estimation/measurement of heat transfer coefficient is necessary. Many researchers [5-8] have 
used a heat transfer sensors made of assembly of heaters, metal block and thermocouples. With 
knowledge of operating conditions and transient heat transfer characteristics, the local 
temperature on the immersed surface can be predicted.  In the present work, to study the effect 
of pressure on heat transfer, a lumped capacitance method is used to estimate the local heat 
transfer coefficient based on the local temperature profile of the immersed surface. A heat 
transfer sensor made of a copper block, surface & bed thermocouples and a heater is used 
(Fig.1(a)). A lumped capacitance method applies to a system with no spatial variation of 
temperature and estimates the heat transfer coefficient for a transient process [9]. This method 
has been previously applied to many heat transfer analysis as free and forced convection in 
packed beds, pipes, heated surfaces etc and has been a very effective method [9].  Its use in 
fluidised bed has, however, been practically non-existent to the best of author’s knowledge.  
 The overall heat transfer is known to be made of three major heat transfer modes, namely (a) 
gas convection, (b) particle convection and (c) radiation. Thus,  
h = hg, conv + hp, conv + hrad        (eq. 1) 
Any change in the heat supply to the source would disturb the thermal equilibrium of the bed 
and initiate cooling/heating process that depends directly on the fluidisation characteristics. 
Therefore, study of the history of temperature variation of the heat source can be utilised to 
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compare the heat transfer at different pressures. A lumped capacitance analysis can estimate 
the transient heat transfer from/to the heat source which is a direct function of the fluidisation 
characteristics. Biot number (ܤ݅ = ௛௅
௞೎
) is less than 1 (Bi ~ 0.01) for heat transfer coefficient of 
the order of 500-800 W/m2 K (typical values for bed made up of alumina particles of sie100-
500 Pm for a copper block and is 30mm in length) and hence use of the lumped capacitance 
method is justified.  In addition, the steady state temperatures that the heat source attains also 
reflects the cooling/heating strength of the fluidised bed operating at any given pressure. These 
parameters can be effectively used for a comparative study. 
2.1 Mathematical formulation of lumped capacitance method 
Let us consider a heat source inside a fluidised bed at location L (from the distributor plate) 
being supplied by heat energy Q (watts) and a temperature, Ts. A change -/+'Q in the heat 
supply initiates the cooling/heating of the source by the fluidised bed until a new thermal 
equilibrium is attained in time t. A transient energy balance (for a cooling environment) at the 
source boundary will yield (see Fig. 1(c)),  
ߩ݉ܿ௣,௦
ௗ ೞ்
ௗ௧
= െ݄ܣ௦( ௦ܶ െ ௔ܶ௠௕௜௘௡௧)              (eq.2) 
With the initial condition (for cooling of the copper block), 
Ts = Ts, max at t = 0 
The solution to Eq.2 is: 
( ௦ܶ െ ௔ܶ௠௕௜௘௡௧) = ൫ ௦ܶ,௠௔௫ െ ௔ܶ௠௕௜௘௡௧൯ × ݁
ି
೓ಲ
೘೎೛,ೞ
௧
            (eq. 3) 
Which can also be written in the form: 
ܶ = ݁
ି
೟
ഓ                  (eq.4) 
Where ܶ = ( ೞ்ି்ೌ೘್೔೐೙೟)
൫ ೞ்,೘ೌೣି்ೌ೘್೔೐೙೟൯
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and ߬ = ௠௖೛
௛஺
  , also known as the time constant. 
The time constant,߬, will depend on the quality of fluidisation and hence this parameter can be 
utilised to compare the heat transfer characteristics at different pressures.   
In the present work, the lumped capacitance method is used to study only the cooling capacity 
of the fluidised bed as this will enable calculations without taking into account the heat energy 
supplied.  
Fig.1: Schematic of the copper block assembly (a); the vacuum fluidised bed setup (b)
and the Lumped capacitance analysis on block surface (c) 
(a) (b) 
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3. Experimental method 
A copper block (I20mm and 38mm length) inserted with an electric heater (I6 and length 
36mm) is used as a probe to study the heat transfer in a vacuum fluidised bed (Fig.1 (a)). 
Equipped with surface and ambient thermocouples (3 each separated by 120q angle), the copper 
block was inserted vertically inside the bed. The surface thermocouple (K type-0.75% 
accuracy) were made from polyamide/ fibreglass-junction insulated lead wire and was pasted 
on the copper surface by a silicone glue. The maximum operating temperature for the surface 
thermocouples were 260q C. The ambient thermocouples (K type-0.5% accuracy) were 3 mm 
diameter mineral insulated 310SS with closed junction. The air thermocouples were inserted 
through a bore and safely bent to lie adjacent to the surface thermocouple at a distance of 8mm 
from the surface. The maximum operating temperature of ambient thermocouples are 1000q C. 
Dalton’s wattflex electric heater with a maximum wattage of 170 W and 120 V was used. The 
heater of size 6.38 mm diameter and 31.75mm length was used as the heat source. The top and 
bottom surface of the copper block was insulated using a ceramic cement of 2mm thickness. 
A metallic cylindrical column of diameter 56mm and length 960 mm having a porous sintered 
steel disc as a distributor plate was used to carry out the fluidisation tests (Fig.1(b)). 4 sets of 
flowmeters with different flow scales (0-100 cc/min, 0-1000 cc/min, 0-4lpm and 0-10 lpm)  
each with an accuracy of 3% was used to meter the air flowrates. To ensure correct mass 
flowmeter readings a pressure of 50 KPa was maintained on entry and exit side of the flow 
meter using a two-stage needle valve configuration. Pressure transducer with an accuracy of 
0.25% was used to measure the pressure at the top of the column which was connected to a 
vacuum pump. The pressure data were acquired (1 Hz) using ALMEMO 2590 data logger and 
were analysed offline using a personal computer. A vacuum pump was used to create the sub-
atmospheric pressures. The fluidisation column was sealed using a ceramic cement at the lid 
(c)
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through which the heater and thermocouple leads were taken out from the chamber. This 
proved to be a  low cost alternative for a  feed through for the lead wires and sealed the chamber 
effectively. 
Two cases of experiments were carried out to investigate heat transfer under vacuum: Case (a) 
heat transfer at constant heat input and Case (b) heat transfer at constant flowrate. In case (a), 
the flowrate was changed usually from Umf  to a flowrate which ensured complete fluidisation 
of the  bed and devoid of slugs, as determined from the fluidisation maps after the block reached 
a desired temperature while maintaining the heat input constant. Whereas, in case (b) the 
copper block was heated at a certain flowrate and then the heat input was switched off and the 
temperature profile was recorded. Time t=0 corresponds to time when the power input is 
switched off or the flowrate is increased. The temperature plot shows an instant decline in 
magnitude at t=0. 
Objective of these cases was to observe the cooling capacity of the fluidised bed under various 
conditions and then quantify the heat transfer (using Lumped capacitance method for case (a)  
Fig.2: Typical temperature profiles of the copper block and the bed for (a) constant 
flowrate and (b) constant heat input 
(a) (b) 
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* Note: The alumina particle properties are obtained from the MSDS of the manufacturer. 
 
 
data). The results of different powder size were then compared which helped observe the effect 
of pressure on heat transfer as a part of the initial investigation. Fig. 2(a) shows a typical  
temperature profile for a case (a) experiment. Both heating and cooling of the block are shown 
along with the air temperature. Case (b) was used to estimate the heat transfer coefficient at 
different flowrates (from 0.5 Umf to 4-8Umf). Fig. 2(b) shows the temperature profile obtained 
while heating and cooling the block at constant flowrate. The block was heated with an input 
power Q and then it was switched off at either steady state temperature or 150q C, whichever 
appeared first. The air and surface temperature were then used to fit the exponential curve and 
the value of h was deducted. All the fitted curves in the present analysis had R2 > 0.80. Table 
1 gives the physical properties of the copper block.  
The experiments were carried out by varying the following parameters:  
x Particle size – 3 sizes (100, 180 and  250 Pm) 
x Heat source location – 3 location (Bottom, middle and top) 
x Pressure- 7 pressures (Atmospheric, 550, 250, 95, 75, 55 and 35 mbar). 
The results for particle size 100 and 180 Pm were repeated 3 times to verify the repeatability 
and obtain the standard deviation for the experimental data. The density of the powder is 
Material : Copper 
 
Thermal conductivity : 401 W/mK 
Specific heat: 390 J/kgK 
Density: 8.96 gm/cm3 
 
 
Copper block weight : 0.1 Kg 
Material : Alumina 
 
Thermal conductivity : 40 W/mK 
Specific heat: 930 J/kgK 
Density: 3800 kg/m3 * 
 
 
Table.1: Thermal properties of Copper and Alumina 
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maintained constant with the use of only monolithic alumina. Study of porous particles and its 
effect on heat transfer is beyond the scope of the present work. Porous alumina with a 
significantly less density has shown good quality fluidisation in Chapter 3. It is expected that 
use of porous particles will improve heat transfer performance of the fluidised bed.  
4. Results and discussion 
4.1 Case (a): Constant heat input 
The steady state temperatures obtained by the copper block for different particle size, location 
and pressures are shown in Fig. 3-5.  
4.1.1 Effect of particle size 
The average temperature with respect to different location inside the bed is observed to increase 
with reduction in pressure. Increasing the particle size similarly has a degrading effect when 
Fig.3 : Steady state temperature during cooling of the copper block for constant heat 
input (Case(a)) for 100 Pm alumina powder 110 
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the size is increased from 100 to 250 Pm (Fig.6). The heat transfer at atmospheric pressure is 
a function of the particle size and tends to reduce the heat transfer when the size is coarse for 
Group B particles [10]. For vacuum pressures, the average temperature for the three locations 
inside the bed is in similar way a function of the particle size.  
4.1.2 Effect of pressure and location 
Studies on heat transfer between immersed surface and the bed indicate a moderate dependence 
on the location, both axially and radially [11, 12]. Similar moderate variation in steady state 
temperature can be also observed at atmospheric pressure (Fig.6) with the three locations tested 
(Bottom: 50 mm; Middle: 230 mm and Top: 400mm, from the bottom of the bed). The 
temperature was lowest at the middle and highest at the top. However, as the pressures are 
Fig.4 : Steady state temperature during cooling of the copper block for constant heat input 
(Case(a)) for 180 Pm alumina powder 
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reduced below atmospheric a very interesting trend is observed for all the particles. Higher 
temperatures were recorded for all the powders as the pressures were reduced below 
atmospheric. With particle size increase, the temperatures increased along with an increase in 
the magnitude of ( Ttop – Tmiddle). This behaviour is seen to magnify after 100 mbar (approx.) 
below which all the particles size enter the slip/transitional flow regime (Fig.7). The finer 
powder is seen to be maximally affected by the reduction in pressure below 100 mbar.    
This behaviour under vacuum offers a clear insight into the mechanism of heat transfer 
especially for the particle convection. While it’s well-known that the heat transfer from  
 
Fig.5 : Steady state temperature during cooling of the copper block for constant heat input (Case(a)) for 
250 Pm alumina powder 
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an immersed surface to the bulk of the bed depends entirely on bubble and particle 
characteristics, the variation of their relative contribution is difficult to ascertain due to 
interaction of different operating parameters. In general, the particle convection is the dominant 
mode of heat transfer in fluidised beds. The periodic movement of the particles “scourge” the 
gas film layer, thus reducing the boundary layer thermal resistance and increasing the heat 
transfer [10]. At atmospheric pressures, in the bubbling regime, the particle convection is 
significantly higher than gas convection. It is this particle movement that gives high heat 
transfer capability to the fluidised bed.  However, it is not yet known how sub-atmospheric 
Fig.6 : Steady state temperature variation with particle size, location (X from distributor 
plate) and pressures 
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pressure influences the particle convection heat transfer. Upon reasoning based on known 
principles, the particle convection depends on the bubble size and velocity. It is known that 
displacement of particles is caused only due to bubble movement [13]. The particle movement 
that participates in heat transfer from the immersed surface is particularly due to the horizontal 
movement caused by the low pressure region in the wake of the passing bubble [14]. The 
bubbles can be seen as a source of kinetic energy for the particles whereas the emulsion is the 
sink. The apparent viscosity can be understood to offer resistance to solid circulation and is a 
characteristics of particle morphology, size and density. The wake of the bubbles creates the 
pressure differential that draws in the surrounding fluid along with the particles. In absence of 
any immersed surface these drawn particles is carried vertically upwards by the bubbles. When 
an immersed surface is present, the particles strike the wall instead of plunging inside the 
bubble. This kinetic energy transfer from bubble to particles depends on the bubble size, its 
velocity and the drag force between the gas and particles. In light of present study on pressure 
affect, any changes in the momentum transfer capability of the fluid as well as bubble size will 
alter the particle convection.  
Fig.7 : Variation of Ttop – Tbottom and Kn with pressure for 100, 180 and 250 Pm 
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Heat transfer coefficients are derived from case(b) experiments. Steady state temperatures were 
used in initial study for qualitative investigations. The results on effect of location on steady 
state temperatures attained by the immersed surface reveal a very interesting information on 
physics of heat transfer. The steady state temperatures obtained during the cooling of the block 
reflects the heat transfer capacity of the bed. Higher temperatures indicate lower heat transfer 
and vice versa when operated under similar conditions. Under normal atmospheric conditions, 
the results (Fig.6) indicate that the bubble and particle characteristics don’t vary significantly 
enough to alter the heat transfer along the vertical axis of the bed. Although, there are changes 
in the bubble size, shape and velocity, the heat transfer is minimally affected at atmospheric 
pressure. The variation in particle velocity with height is negligible and hence the heat transfer 
remains unaltered with location. This is however, not true for vacuum fluidisation. A delta (') 
effect can be observed for heat transfer where its magnitude increases from the bottom of the 
bed up to middle and then plummets towards the top. There can be two possibilities that can 
explain the variation of heat transfer with location. The presence of vacuum can cause heat 
transfer being diminished at the top and/or being enhanced at the middle.  Due to large pressure 
variation in the bed, gas expansion takes place rapidly which affects the bubble characteristics 
thus altering the local heat transfer with height. A larger bubble size decreases the renewal 
frequency of the particles contacting the immersed surface [10]. This effect can be understood 
to contribute towards weakening of heat transfer at the top. This is further discussed in chapter 
6. 
In the slip flow regime, the momentum exchange capacity of air is significantly lower than the 
atmospheric conditions which explains the overall decrease in the magnitude of the heat 
transfer with pressure in the entire bed including the top portion. This is quite similar to loss of 
heat transfer capacity in micro-channel flow due to slip flow.  These two effects complement 
each other and the resultant effect causes the heat transfer to vary along the vertical axis.   
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An increase in heat transfer from bottom to middle location is generally caused by the 
increasing particle velocity due to the presence of stable and greater bubble size towards the 
top. At atmospheric pressure the bubble travels in a nearly constant pressure atmosphere, 
whereas the vacuum pressure offers a highly varying pressure conditions. This may not allow 
the bubble to acquire a stable size which is observed in atmospheric conditions [15]. Instead a 
continuously varying bubble size causes the heat transfer to increase while travelling from 
bottom to middle and then decrease it from thereupon.   
4.2 Case (b): Constant flowrate 
Experiments were conducted to quantify the heat transfer and study its variation with pressure, 
location and particle size. The temperature profiles during cooling of the block and air for 100 
and 180 Pm for all the three location, different pressures and flowrates obtained from one pair 
of thermocouples are shown in Fig. 8-9. The surface temperature declines in a near exponential 
manner till it equals the bed temperature.  When static, the bed temperature is seen to increase 
due to the proximity of the thermocouple to the block. In order to gain more information from 
these curves, the temperature profiles were non-dimensionalised according to Eq.3 (of the form 
T = e-At ) and exponential curves were fitted using the Origin plotting software (Fig.10-15). The 
results for different pressure and location is shown for 100 and 180 Pm.  The curve fitting 
report generated by Origin is also shown in the graphs. All the fits had R2 > 0.8. This is 
acceptable as per different studies especially for lumped capacitance model in conduction and 
convection heat transfer [9,13]. The corresponding fluidisation maps are also provided for each 
powders to show the distribution of the exponential gradient. This aids to observe the results 
along with the essential knowledge of fluidisation quality in the bed. The magnitude of the 
exponential gradient, A, shows a very good correlation with the quality of fluidisation. The 
region where the bed is static and where the bed slugs have a very low magnitude of A. 
Whereas, bubbling regime shows higher values. The results show an increasing trend with 
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flowrate till slugging occurs. A better understanding of the variation of heat transfer coefficient 
can be obtained from the plots for different location and flowrates (Fig.16). These values are 
obtained by substituting the surface material properties from Table.1 
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Fig. 8 : Temperature profiles during cooling of the block for 100 Pm powder for 
different pressure and locations 118 
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 Fig. 9 : Temperature profiles during cooling of the block for 180 Pm powder for 
different pressure and locations 
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Plots indicate the standard deviation for the three thermocouples. The variation of heat transfer 
is significantly different for the three locations when the flowrate is changed. The bottom heat 
transfer increases continuously whereas heat transfer at middle and top see a maximum at lower 
flowrate which then drops with any further increase. Maximum reduction is seen for the top 
location as compared to the middle. This is mainly due to larger bubble size at the top. The 
atmospheric magnitude of heat transfer is quite similar for all the three locations. The variation 
trend at sub-atmospheric pressure is identical to the atmospheric pressure, though magnified. 
The maximum variation is seen for very high vacuum pressure. Fig.16 also depicts the variation 
of maximum heat transfer at each pressure for 100 and 180 Pm. The heat transfer degrades 
rapidly after 100 mbar. These results are in complete correlation with the steady state 
temperatures obtained with case (a) results. The degradation of heat transfer at the top needs to 
be better understood by systematic hydrodynamic study of the bubble characteristics under 
vacuum. Computational fluid dynamics (CFD) has emerged as an important tool to numerically 
solve the multiphase Navier-stokes equations. Chapter 4 will deal with proposal of a new drag 
model which is essential to predict the drag force in slip/transitional regime. 
5. Conclusions 
Heat transfer from a cylindrical immersed surface was studied under vacuum conditions in a 
solid-gas fluidised bed. The main aim of the present chapter was to understand the variation of 
heat transfer with axial location and particle size. Use was made of lumped capacitance method 
which directly yields the heat transfer coefficient from the temperature history of the surface 
and bed temperature. The exponential fits were highly accurate with R2 > 0.8. The results 
indicated a strong dependence on axial location when the pressure is reduced especially below  
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Fig. 16: Variation of heat transfer coefficient with flowrates and maximum heat transfer 
coefficient with pressure for all locations 
100 Pm 
180 Pm 
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the slip/transitional regime. A delta effect (') was observed where the heat transfer increased 
from the bottom of the bed towards the middle and then plummets towards the top of the bed. 
This is mainly understood to be caused by the continuous variation of bubble size due to gas 
expansion, which is non-existent at atmospheric pressures. Use of fluidisation maps helped 
understood the variation of heat transfer with flowrates and is an important step in conducting 
heat/mass transfer process at vacuum conditions. This fact emphasises the significance of the 
interface model developed in Chapter 2. 
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Study of hydrodynamics in vacuum fluidised bed  
 
Section 1 (published papers): 
a. Numerical solution of gas-solid flow in fluidised bed at sub-atmospheric pressures, 
Advanced Powder Technology, 2011 
b. Drag model comparison by single bubble injection in vacuum fluidised bed, ICMF, South 
Korea, 2013. 
 
Section 2 (convectional chapter): 
a. Validation of slip flow drag model  
 
This chapter proposes a new slip flow drag model to facilitate CFD simulations for Eulerian-
Eulerian model under vacuum conditions. The numerical solutions are compared with 
contemporary drag model. In section 2, an experimental validation of the drag model is carried 
out along with few relevant bubble characteristics which explain the reason behind the heat 
transfer results in Chapter 5.  
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a b s t r a c t
Fluidised beds are characterised by excellent thermal and chemical uniformity and have a wide applica-
tion range including heat and surface treatment, ore roasting and catalyst production. However, com-
pared to other gas-based systems, to ﬂuidise a particulate mass, a signiﬁcant quantity of gas is
required. To conserve gas there is potential to operate the ﬂuid bed under low-pressure conditions. It
is also observed that heat transfer remains constant with reduction in pressure. The present work has
numerically studied the nature of hydrodynamics in ﬂuidised bed at sub-atmospheric conditions and a
new drag law is proposed to account for the increased mean free path of the ﬂuid. A wide range of
sub-atmospheric pressures were considered such that slip ﬂow regime, which is characterised with
Kn  1, is applicable. An open source code (MFIX) is used to numerically solve the multiphase problem
of a jet in the ﬂuidised bed column with an immersed surface at vacuum pressure conditions. Bubbling
ﬂuidisation in shallow and deep beds are also solved. The new drag model takes into consideration the
effect of slip ﬂow to model drag force on the particles and the results of velocity distributions in the
column and around the submerged surface is presented. The results of velocity distributions from the slip
ﬂow model are compared with the existing Gidaspow’s model. Signiﬁcant differences were observed in
the simulation results of velocity distributions and ﬂow structure in the ﬂuidised bed under vacuum
conditions.
 2012 The Society of Powder Technology Japan. Published by Elsevier B.V. and The Society of Powder
Technology Japan. All rights reserved.
1. Introduction
Fluidisation is the achieving of a ﬂuid like behaviour for any
solid granular entities with the help of a ﬂuidising media, such as
gasses and liquids. The ﬂuidising medium displaces and suspends
the solid granular particles from their static position, transferring
the momentum and resulting in ﬂuid like motion of the particles.
These particles being ﬂuid borne are free to move from one loca-
tion to another in a seemingly random manner. It is this random
motion of the particles that resembles the ﬂow of a ﬂuid and hence
the name ﬂuidisation. It is a commonly used phenomenon in
chemical industries and is used in processes such as mineral crack-
ing, heat treatment, surface engineering etc. Fluidisations phenom-
enon offers a processing environment with a wide spectrum of
advantages. The ability to achieve uniformity of temperature, high
solid–ﬂuid mixing leading to high heat and mass transfer and
continuous operation, make the use of ﬂuidisation quite appealing.
To understand the complex multiphase ﬂow behaviour inside
gas–solid ﬂuidised beds the mathematical models proposedmainly
fall under four groups depending on how they treat each phase and
the magnitude of the length scales. These are (1) Discrete Bubble
model, (2) Two-ﬂuid model, (3) Discrete Particle model and (4)
Molecular Dynamics model. In other words, each of these models
considers the gas–solid phases to be either Eulerian or Lagrangian
[1]. Selection of these models depends mostly on the geometry to
be modelled and the available computing resources. Of these, most
popular are the Two-ﬂuid models where the two phases are mod-
elled as interpenetrating continua. Each of the two phases are
modelled as separate ﬂuid (gas and solid) and is solved by Eulerian
method (classical Navier–Stokes equation). The solid–ﬂuid cou-
pling is given by drag force that appears in the momentum balance
equation for each phase and is equal in magnitude but opposite in
direction.
Operation of ﬂuidised bed at various pressure ranges (sub-
atmospheric to high pressures) offers advantages that make the
use of ﬂuidised bed reactors (FBR) even more appealing. In the
literature, ﬂuidised beds at high pressures have been studied
extensively. A comprehensive review is given by Yates [2] on the
effect of pressure and temperature on gas–solid ﬂuidisation. Coal
combustion and gasiﬁcation are the primary areas of interest for
high-pressure ﬂuidisation. Although, high pressures greatly effects
heat and mass transfer rates, certain heat sensitive materials such
as thermolabile substances, used in pharmaceutical industry for
coating and drying purposes, cannot be used at high pressures.
0921-8831/$ - see front matter  2012 The Society of Powder Technology Japan. Published by Elsevier B.V. and The Society of Powder Technology Japan. All rights reserved.
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An alternative is to use sub-atmospheric pressure conditions as it
reduces the possibility of partial degradation of thermolabile
substances and the process is made safer by operating outside
the ﬂammability ranges. Bhat and Whitehead [3] carried out
experiments to study the effect of sub-atmospheric pressures on
heat transfer from an immersed surface in ﬂuidised bed reactors.
Cooling water tubes were passed across the ﬂuidised bed and the
overall heat transfer coefﬁcient was determined for various operat-
ing pressures and superﬁcial velocity. At constant superﬁcial veloc-
ity, the heat transfer coefﬁcient remained constant with decrease
of pressure, thus establishing the advantage of low-pressure
ﬂuidisation.
Suezawa and Kawamura [4] were the ﬁrst to study the mecha-
nism of ﬂuid ﬂow in ﬂuidised bed at reduced pressures. It was ob-
served from the ﬂuidisation of sand, silica gel and glass beads
(at pressures 0.133–13.33 kPa) that the behaviour of ﬂuidised bed
at reduced pressure resembled the bed at atmospheric pressure.
In experiments (pressure range of 0.533–4 kPa) by Germain and
Claudel [5] a coexistence of upper ﬂuidised layer and a bottom qui-
escent layer was observed for deep beds. Llop et al. [6] gave an
expression for minimum ﬂuidisation velocity which accounts for
the operating pressures. This expression predicted the minimum
ﬂuidisation velocity in vacuum conditions as well as higher pres-
sures accurately. Expression for minimum ﬂuidisation velocity at
atmospheric pressures given byWen and Yu [7] and Ergun [8] were
compared with Llop’s equation and a signiﬁcant difference in pre-
diction of the velocity with change in pressure at vacuum condi-
tions was found. Llop’s equation accounts for the increase of
mean free path of the ﬂuid particles and its effect on the pressure
drop in the bed and hence deals with the physics of ﬂuidisation
more comprehensively. However, this equation does not accurately
predict the minimum ﬂuidisation velocity for ﬁne particles. Wank
et al. [9] accounted for the inter-particle cohesive forces in Llop’s
equation which predicted the minimum ﬂuidisation velocity of ﬁne
boron nitride powders accurately. Thus, most of the work done in
low pressure ﬂuidised beds found in literature deals mainly with
basic experimental and theoretical study of hydrodynamics of
ﬂuidised bed. There has been no work reported in literature that
numerically simulates and studies the hydrodynamics of low-pres-
sure ﬂuidised bed. Therefore, the scope of the present work is to
numerically solve the hydrodynamics of a gas–solid ﬂuidised bed
at sub-atmospheric pressures using the Two-ﬂuid model by incor-
porating the effect of slip ﬂow and compare it with the widely used
drag model of Gidaspow [10]. Two cases of gas–solid ﬂuidisation
are modelled: case (a) ﬂuidised bed with an immersed surface
and case (b) bubbling ﬂuidisation in shallow and deep beds. The
numerical solution to the two-phase model is carried out by an
open source code, MFIX.
2. Two-ﬂuid model and drag laws
Two-ﬂuid model considers each of the phase to be interpene-
trating continua and the governing equations of mass and momen-
tum conservations are solved for each of the phases which are local
mean averages of the point ﬂuid and particles variables. Descrip-
tions of the mass and momentum governing equations are
presented extensively in MFIX theory guide [11] and in the Supple-
mentary section.
For the problem to be completely deﬁned the governing equa-
tions requires closures for the solid-phase pressure (Ps), solid-
phase shear viscosity (ls) and the solid-phase bulk viscosity (ks).
These constitutive equations are derived from kinetic theory of
granular ﬂow and are presented in Table 1 of the Supplementary
information section. Apart from these closures, kinetic theory of
granular ﬂow requires the solution to transport equation for the
granular temperature. Granular temperature, H, signiﬁes the ran-
dom motion of the solid particles and is analogous to temperature
deﬁnition according to the Kinetic theory [12]. In order to account
for the friction between the solid particles when the void fraction
in the bed approaches the packing limit, a frictional stress model
Nomenclature
Notations
d diameter , m
D width of the ﬂuidising column, m (=0.57 m)
e restitution coefﬁcient
F momentum exchange coefﬁcient, Pa s/m2
g acceleration due to gravity, m/s2
k diffusion coefﬁcient
K Boltzmann’s constant , J/K (=1.3806x1023)
Kn Knudsen number (k/d)
L bed height, m
P pressure, N/m2
Re Reynolds number, qf Vdp/l
T temperature, K
u superﬁcial velocity, m/s
y length along y-direction
v velocity vector, m/s
Greek letters
e void fraction
w interstitial angle
/ sphericity
l dynamic viscosity, Pa s
n molecular diameter of gas, m (=3.7  107 m)
q density, kg/m3
k mean free path of gas, m
Subscripts
g gas
mf minimum ﬂuidisation
s solid
Fig. 1. Comparison of simulated equivalent bubble diameter in the ﬂuidised bed
with Kuipers [16] experiment.
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that forms a part of the solid shear stress tensor is generally used.
In the present work, the frictional stress model of and Srivastava
and Sunderasan [13] is used, which has been shown in literature
to accurately predict the shape and size of a bubble in ﬂuidised
bed [14].
Coupling between the solid and ﬂuid phase in Two-ﬂuid model
is through the interphase momentum exchange coefﬁcient, Fs.
Several semi-empirical closures exist in literature to deﬁne Fs. Of
these, the Gidaspow’s model [10] is the widely used drag law
and is a combination of drag law by Ergun [8] and Wen and Yu [7].
In vacuum conditions, as the pressures are reduced below
atmospheric, the mean free path of the ﬂuid particles increases.
This is characterised by Knudsen number, which is the ratio of
mean free path (k ¼ KTﬃﬃ
2
p
pn2p
) to a length scale, d. Knudsen number
increases with decreasing pressures that changes the nature of
the ﬂuid ﬂow. Molecular ﬂow (Kn >> 1), intermediate or slip ﬂow
(Kn  1) and laminar ﬂow (Kn << 1) are found to exist in vacuum
conditions. Llop et al. [6] derived pressure drop equations for ﬂow
through ﬂuidised bed and predicted the minimum ﬂuidisation
velocity (umf) by considering slip ﬂow regime [7]. In the present
work, the Gidaspow’s drag law is modiﬁed to include the effect
of slip ﬂow regime by incorporating the effect of Kn on ﬂuid ﬂow
and its effect on gas–solid ﬂuidisation is studied.
2.1. Modiﬁed drag law
The pressure drop equation through a ﬂuidised bed which ac-
counts for operating pressures is given by Llop et al. [6].
Fig. 2. Comparison of Gidaspow’s drag law and the modiﬁed drag law for prediction
of Fs with decrease of pressure.
Fig. 3. Percentage difference in time averaged value of Fs between Gidaspow’s
model and the modiﬁed drag model in the ﬂuidised bed at 100 Pa.
Fig. 4. Percentage difference in time averaged velocity between Gidaspow’s model
and the modiﬁed drag model for the immersed surface case at 100 Pa.
A. Kumar et al. / Advanced Powder Technology 23 (2012) 485–492 487
dp
dl
¼ u
16
45 cos
2 w
e2g/ds
ð1egÞ
ﬃﬃﬃﬃﬃﬃ
2
pqP
q
þ cos2 w72
e3g ð/dsÞ2
lgð1egÞ2
þ 1:75 ð1 egÞ
e3g/ds
qu2 ð1Þ
This can be extended to derive the interphase momentum coef-
ﬁcient, Fs since the pressure drop in a ﬂuidised bed can also be ex-
pressed as [10]:
dp
dl
¼ Fs
eg
ð~mg ~msÞ ð2Þ
This upon comparison with Eq. (1) and substituting the con-
stants given by Llop et al. [6] yields the following expression for
Fs, the inter phase momentum exchange coefﬁcient:
Fs ¼ ð1 egÞ
0:1356/ds
ﬃﬃﬃﬃ
1
qP
q
þ 1150 agð1egÞlg ð/dsÞ
2
þ 1:75qgð1 egÞð
~mg ~msÞ
/ds
ð3Þ
Fig. 5. Contours of time averaged velocity for shallow beds predicted by the drag models. (a) Modiﬁed drag law at 1000 Pa (b) Gidaspow drag model at 1000 Pa (c) Gidaspow
drag model at atmospheric pressure.
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Eq. (3) accommodates the effect of slip ﬂow and is equal to the
Ergun’s equation [8] in the limit P?1.
3. Problem description and numerical simulations
The sub-atmospheric pressure conditions in a ﬂuidised bed,
where slip ﬂow is predominant, were solved numerically using
the modiﬁed drag law (Eq. (3)) derived in earlier section. Different
cases are studied under vacuum conditions which includes a two
dimensional rectangular column of size 0.57  1 m with a central
jet (0.015 m) and an immersed rectangular surface (0.10.2 m).
Apart from this, a ﬂuid bed of same dimension without the im-
mersed surface but with varying aspect ratio of the bed was solved
additionally in the present numerical study. Glass beads of size
500 lm were used in the simulation. Simulations were carried
out by an open source code (MFIX) and the initial and boundary
conditions for the bed with immersed surface are given in the
Supplementary information section. For the case where immersed
Fig. 6. Contours of time averaged velocity for deep beds predicted by the drag models. (a) Modiﬁed drag law at 1000 Pa (b) Gidaspow drag model at 1000 Pa (c) Gidaspow
drag model at atmospheric pressure.
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surface and the jet were absent, a uniform inlet velocity of 1.5Umf
was applied in order to simulate bubbling ﬂuidisation. A uniform
velocity of 1.5emfUmf in the bed and 1.5Umf in the freeboard region
was speciﬁed as initial conditions for bubbling ﬂuidisation model.
A uniform grid of size 0.01 m was considered along the length of
the column and 0.0075 m was considered along the width of the
bed for the model of immersed surface. A grid independent study
revealed that ﬁne mesh was successful in simulating meso-scale
structures for the case of ﬂuid beds without the immersed surface.
Due to limitation of computational resources, a non-uniform grid
size of 103 along the width and 0.01 along the length of the ﬂuid
bed was selected with ﬁner mesh in the bed region. The Gidas-
pow’s drag law was modiﬁed by replacing the interphase momen-
tum coefﬁcient by Eq. (3) for dense regions in the bed. A time step
of 104 s was used in all simulations and a residual limit of 104 for
continuity, momentum and granular temperature terms was used.
No slip wall-boundary conditions was used for the gas-phase
whereas partial slip wall-boundary condition given by Johnson
and Jackson [15] was applied to solid-phase with specularity coef-
ﬁcient as 0.5 and particle–wall coefﬁcient of restitution (e) as 0.9.
4. Results and discussion
In order to validate the numerical model, the ﬂuidised bed is
operated with a jet of higher velocity (40Umf). The bed is operated
at ambient pressure conditions and the Gidaspow’s drag model is
used. The equivalent bubble diameter is compared with the exper-
imental results of Kuipers [16]. The equivalent bubble diameter is
deﬁned as the diameter of the circle enclosed by egP 0.8. Fig. 1
shows the comparison of the diameter with the experiments and
it can be seen that the numerical model accurately predicts the
diameter up to the detachment point of 0.2 s. This is consistent
with other results found in literature [14]. In addition to observing
the residuals, the gas-mass ﬂow conservation through the inlet and
outlet boundary is also calculated for each simulation and the aver-
age error reported was ±5% for each time step.
The modiﬁed drag law (Eq. (3)) is compared with the Gidas-
pow’s drag model for values of the terms appearing in the equation
in order to examine the prediction of Fs with reduction in pressure.
Fig. 2 shows the variation of Fs with pressure and it can be seen
that there is signiﬁcant difference between the modiﬁed drag law
and that of Gidaspow’s, both in terms of magnitude and trend at
high vacuum conditions. The linear variation of Fs with pressure
for Gidaspow’s model is due to change in density of the ﬂuid with
pressure. This model does not account for the effects of slip ﬂow,
which becomes predominant at high vacuum pressures. Llop et
al. [6] has shown that slip ﬂow regime inﬂuences the prediction
of minimum ﬂuidisation velocity which is derived by balancing
the total drag force to the weight of the bed. Interestingly, the
models of Wen and Yu were not able to capture this effect [6], thus
showing that the drag forces predicted by them were inaccurate in
vacuum conditions.
The operating pressure was reduced to high vacuum pressures
(1000–100 Pa) in order to study the effect of the operating pressure
on prediction of Fs. As can be seen from Fig. 2, the existing Gidas-
pow’s model over-predicts the magnitude of Fs at high vacuum
pressures and the modiﬁed drag law starts to deviate at pressures
in the range 1000 Pa. The pressure drop through the bed reduces
with increase of mean free path of the ﬂuid. As a result, the ﬂuid
does not effectively transport the momentum to the solid particles
and retains the momentum while passing through the bed. There-
fore, a higher velocity is required for the drag force to balance the
weight of the bed or to displace the particles upwards.
4.1. Case (a): Immersed surface with central jet
A number of simulations were run in order to compare the ef-
fect of the bubble size and its movement through the bed predicted
by the modiﬁed drag law with those predicted by the Gidaspow’s
model. The ﬁrst term in the denominator of Fs (Eq. (3)) becomes
comparable to the second term only at high vacuum pressures. It
is seen that this occurred at a pressure of 1000 Pa for the present
set of conditions. Since a linear pressure gradient exists in the
bed, which is tantamount to the bed weight, the magnitude of Fs
as predicted by the modiﬁed drag law was signiﬁcantly lower than
the Gidaspow’s model especially at the top of the bed.
Fig. 3 shows the percentage difference in the time-averaged val-
ues of Fs as predicted by the Gidaspow’s model and the modiﬁed
model for operating pressure at 100 Pa. All time average results
are for a period of 3 s. As seen from the contour plot, a maximum
difference of 70% and an average difference of 18% in the bed re-
gion exist between Gidaspow’s model and the modiﬁed model,
with the Gidaspow’s model predicting a higher value. In addition,
the difference increases linearly and the maximum occurs near
the interface of bed and the freeboard region. The modiﬁed slip-
ﬂow drag law also predicted a lower bed height.
Due to lower values of Fs predicted by the modiﬁed drag law,
the velocity of air was found to be greater than those predicted
by the Gidaspow’s model especially towards the top of the bed
which can be seen in Fig. 4. This is due to the inefﬁciency of the
air to transfer momentum to the solid particles. Consequently,
the velocity of solid particles in the bed was found to be lower in
Fig. 7. Time averaged velocity proﬁles at an axial location as predicted by the drag
models in the bubbling ﬂuidised bed. (a) Shallow beds at y = 0.05m (b) deep beds at
y = 0.1m
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the simulations where the modiﬁed drag law was used. The bubble
size at the bottom of the bed was of similar size and shape when
the modiﬁed drag law was used in simulations. This is because
the pressures at the bottom of the bed were of equal order of mag-
nitude (around 8800 Pa) and therefore the predictions of velocity
and Fs were of same order of magnitude at the bottom of the bed.
4.2. Case (b): Bubbling ﬂuidisation in shallow and deep beds
Two cases of bubbling ﬂuidisation with different aspect ratio
(AR = L/D) were numerically solved: shallow (AR = 0.5) and deep
beds (AR = 1). Bubble ﬂow proﬁle under vacuum conditions was
observed in each of the simulations. Figs. 5 and 6 shows the time
averaged x and y velocity contour plots (for a period of 3 s) for shal-
low beds and deep beds at atmospheric and sub-atmospheric con-
ditions as predicted by the modiﬁed and Gidaspow’s drag model. It
is seen that the general ﬂow proﬁle of the emulsion phase is pre-
served with decrease of pressure  the emulsion phase rises in
the core and descends at the walls. This nature of hydrodynamics
is typical of ﬂuidised beds [17]. In addition, the emulsion phase
was seen to ascend uniformly in the bed region near the distributor
at atmospheric pressure. The modiﬁed drag model predicts a sim-
ilar proﬁle whereas the Gidaspow’s drag model predicts a proﬁle
that is concentrated in the middle of the bed (Fig. 5b).
The circulation pattern of emulsion phase can be determined by
observing together the x and y velocity proﬁles (Figs. 5 and 6). In
the shallow beds (Fig. 5), the circulation pattern reverses at vac-
uum pressures and the emulsion phase moves towards the core
near the distributor plate while rising upwards whereas the emul-
sion phase moves towards the wall at atmospheric pressures in the
same region. However, for the deep beds no such reversals in ﬂow
structure were seen with decrease of pressure. It can also be ob-
served that for deep beds, both the drag models predict a different
circulation pattern as compared to atmospheric conditions. As seen
from Fig. 5 (a and b), the positive and negative velocity (the red and
the blue region) are one above the other instead of being opposite,
as seen in all other cases (shallow and atmospheric deep beds). It is
seen in the case of the deep beds in vacuum pressure that a larger
Fig. 8. Volume fraction of air for deep beds at 3 s for 1.5Umf. (a) Atmospheric conditions (b) at 104 Pa using modiﬁed drag law (c) at 104 using Gidaspow drag model (d) at
103 Pa using modiﬁed drag law (e) at 103 Pa using Gidaspow drag model.
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region of maximum velocity of descent (region with blue colour in
Fig. 6) of the emulsion phase near the walls was predicted by the
Gidaspow’s drag model. In all the simulation at vacuum pressures,
an average difference of 20% is observed in prediction of the max-
imum emulsion phase rise velocity near the distributor plate by
the two drag models. This result is consistent with those obtained
from the case of an immersed surface in the ﬂuidised bed.
Fig. 7 shows the velocity proﬁles at y = 0.05 m in the shallow
bed and at y = 0.1 m in deep beds. It can be seen that the prediction
of velocity proﬁles by the drag models at atmospheric and vacuum
pressures are similar for deep beds. However, for the shallow bed
the Gidaspow’s drag model does not predict a uniform velocity
proﬁle whereas the modiﬁed drag model predicts a proﬁle similar
to the atmospheric conditions.
The volume fraction of air at different pressures (103, 104 and
101,325 Pa) and in deep bed (aspect ratio, AR = 1) is shown in
Fig. 8 which are predicted by modiﬁed and the Gidaspow’s drag
model at the end of simulation at 3 s. Bubble size is seen to in-
crease with reduction in pressure for both deep and shallow beds.
This trend is opposite to what is observed in high-pressure ﬂuidi-
sation where the bubble size reduces with rise of pressure above
atmospheric [2]. Gidaspow’s model and the modiﬁed model both
predicted this trend. It was seen at 103 Pa that the Gidaspow’s
model predicted larger bubble size and the bed seemed to slug at
this pressure. This was not the case with the prediction from the
modiﬁed drag law. There were no differences seen in prediction
at 104 Pa from both the models. This is due to the fact that slip ﬂow
regime for 500 lm particles begin only at 6000 Pa (Kn = 0.01). The
bubble size increase was not signiﬁcant for the deep and the shal-
low beds (AR = 0.6) when pressure dropped to 103 Pa from 104 Pa.
For brevity, the results of shallow beds are shown in the supple-
mentary section.
5. Conclusion
The drag term appearing in the Two-ﬂuid model governing
equation was modiﬁed in the present work to incorporate the ef-
fect of slip ﬂow, which becomes predominant when the ﬂuidised
bed is operated at high vacuum pressures, where Kn approaches
a value of unity. Two cases were solved numerically: ﬂuidised
bed with immersed surface and bubbling ﬂuidisation in shallow
and deep beds. Upon comparison with the existing Gidaspow’s
model, the velocity distributions in the bed were predicted signif-
icantly higher by the slip ﬂow drag law, due to which the velocity
of solid particles were predicted to be slower than the Gidaspow’s
model in the ﬂuidised bed with immersed surface. Signiﬁcant dif-
ferences were observed in the bubble ﬂow structure and bubble
size for bubbling ﬂuidisation in the shallow and the deep beds. In
addition, under vacuum conditions, a reversal of ﬂow structure of
the emulsion phase was observed and both the drag laws used in
the present study predicted it consistently.
Appendix A. Supplementary data
Supplementary data associated with this article can be found, in
the online version, at http://dx.doi.org/10.1016/j.apt.2012.04.010.
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Abstract
Single bubble injection simulations inside a minimally fluidized bed have been studied widely and are often used to validate 
the accuracy of different numerical models. Bubble shape, size and voidage distribution are the important parameters that are 
validated from the experiments. In the present work, the most widely used drag model (Gidaspow’s drag model) is compared 
to a new proposed slip flow drag model which takes into account the presence of the slip flow regime, often encountered in 
vacuum fluidized beds and characterised by Knudsen no. (Kn). Shape and size prediction of the bubble evolution inside the 
bed is carried out numerically by using the two fluid model, comparing the results predicted by the drag models. It is seen 
that the predictions are different for the two drag models only under high vacuum conditions corresponding to Kn in 
slip/transition flow regime. The predictions are also found sensitive to pressure gradient in the bed and fluid velocity. 
Introduction
The reduced pressure conditions in fluidised beds results in 
different flow regimes (slip, transition and molecular). It 
has been shown that these flow regimes affect the 
minimum fluidisation velocity of the fluidized beds 
(Germain and Claudel, 1976; Kawamura and Y.Suezawa, 
1961; Wraith and Harris, 1992). The well-established 
correlations often used to predict the minimum fluidisation 
velocity have been found to be inaccurate in their 
prediction in the slip and transition flow regimes 
(Kusakabe.K et al., 1989; Llop et al., 1996). This is mainly 
because the earlier correlations(such as Wen & Yu (1966)) 
have failed to account for the increased mean free path of 
the fluid under reduced pressure conditions, which results 
in slip flow at any solid-fluid interface. However, extended 
versions of these correlations (Llop et al., 1996)  have 
been used to accurately predict the experimental minimum 
fluidisation velocity under reduced pressure conditions. 
Recently, Kumar et.al., (2012), had extended the work of 
Llop et.al .(1996) and proposed a new drag model which 
can be used under reduced pressure conditions to account 
for slip flow and have used it to predict bubbling 
fluidisation in vacuum using CFD. 
 
In recent years, CFD methods have become widely used in 
solving the classical Navier-Stokes equation for solid-gas 
fluidisation in order to predict the complex interaction of 
the bubbles with the emulsion phase. Of the many models 
which exist, the kinetic theory of the dense gas model, 
known also as the two-fluid model is widely used along 
with several semi-empirical constitutive models (Gidaspow, 
1994a). Over the years, the Eulerian-Eulerian continuum 
model has been evaluated and compared with experimental 
results and it has been seen that the continuum models 
predict the bubble characteristics such as size and shape  
accurately as compared to the experimental results 
(Goldschmidt et al., 2004). In addition, numerical models 
of 2D beds also predict the general behaviour of bubbles 
similar to the numerical 3D beds (Xie et al., 2008). In the 
literature, many new numerical models proposed have 
often used the symmetrical fluidisation problem of a single 
bubble injection (Gidaspow, 1994a; Kuipers et al., 1992). 
Controlled injection parameters and a resulting definite 
predictive path and size of the bubble enables the use of 
this simple model very efficiently in validating the 
numerical models (Patil et al., 2005).  
 
The scope of the present work, therefore, includes the 
comparison of the slip flow drag model and the widely 
used Gidaspow’s drag model (Gidaspow, 1994a) under 
reduced pressure conditions for a single injected bubble in 
a minimum fluidised bed. Bubble shape and size is 
compared for various reduced pressure conditions and 
different injection jet velocities.  
Nomenclature
d/D diameter , m 
e  restitution coefficient  
F momentum exchange coefficient 
g acceleration due to gravity, m/s2 
h height of bed, m 
k  diffusion coefficient (eq.4) 
L bed height, m 
P Pressure, Pa 
Re Reynolds number, Uf Vdp/P 
u superficial velocity, m/s 
y  length along y-direction 
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Greek-letters   
H void fraction 
\ interstitial angle 
I sphericity 
μ dynamic viscosity, Pa s 
J velocity ratio, ujet/uinlet 
U density, kg/m3 
  
Subscripts  
g gas 
mf minimum fluidization 
p/P particle 
s solid 
 
  
Two fluid model
The two-fluid model considers each of the phases to be an 
interpenetrating continua and the governing equations of 
mass and momentum conservations are solved in ANSYS 
FLUENT for each of the phases which are local mean 
averages of the point fluid and particles variables. Details 
on the derivation of the continuum equations for fluidized 
beds are provided by Gidaspow (1994b) and several 
investigators. Thus, in the present study an isothermal 
Eulerian-Eulerian approximation is used with the particle 
phase limited to a constant diameter. In this model the 
necessary continuum equations for volume fraction and 
velocities are: 
 
Continuity equations 
Gas phase: 
߲൫ߝ௚ߩ௚൯
߲ݐ ൅ ׏ ή ൫ߝ௚ߩ௚ݒ௚ሬሬሬሬԦ൯ ൌ Ͳሺͳܽሻ 
Solid phase 
߲ሺߝ௦ߩ௦ሻ
߲ݐ ൅ ׏ ή ሺߝ௦ߩ௦ݒ௦ሬሬሬԦሻ ൌ Ͳሺͳܾሻ 
Momentum Equations 
Gas phase 
߲൫ߝ௚ߩ௚ݒ௚ሬሬሬሬԦ൯
߲ݐ ൅ ׏ ή ൫ߝ௚ߩ௚ݒ௚ሬሬሬሬԦݒ௚ሬሬሬሬԦ൯
ൌ െߝ௚׏ ௚ܲ ൅ ׏ ή ߬௚ ൅ ߚ௚௦൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯
൅ ߝ௚ߩ௚ Ԧ݃ሺʹܽሻ 
Solid phase 
߲ሺߝ௦ߩ௦ݒ௦ሬሬሬԦሻ
߲ݐ ൅ ׏ ή ሺߝ௦ߩ௦ݒ௦ሬሬሬԦݒ௦ሬሬሬԦሻ
ൌ െߝ௦׏ ௚ܲ െ ׏ ௦ܲ ൅ ׏ ή ߬௦ െ ߚ௦௚൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯
൅ ߝ௦ߩ௦ Ԧ݃ሺʹܾሻ 
 
where   
߬௚ ൌ ߤ௚ൣ׏ݒ௚ሬሬሬሬԦ ൅ ׏୘ݒ௚ሬሬሬሬԦ൧ െ ଶଷ ߤ௚൫׏ ή ݒ௚ሬሬሬሬԦ൯ࡵሺ͵ܽሻ                 
  
߬௦ ൌ
ߤ௦ሾ׏ݒ௦ሬሬሬԦ ൅ ׏୘ݒ௦ሬሬሬԦሿ ൅ ቀߣ௦ െ ଶଷ ߤ௦ቁ ሺ׏ ή ݒ௦ሬሬሬԦሻࡵሺ͵ܾሻ
 and  ߝ௦ ൅ ߝ௚ ൌ ͳ 
 
For the problem to be completely defined the governing 
equations require closures for the solid-phase pressure (Ps), 
solid phase shear viscosity (Ps) and the solid-phase bulk 
viscosity (Os). These constitutive equations are derived 
from kinetic theory of granular flow (Kumar et al., 2012). 
Apart from these closures, the kinetic theory of granular 
flow requires the solution to the transport equation for the 
granular temperature. Granular temperature,4 signifies the 
random motion of the solid particles and is analogous to 
temperature definition according to the kinetic theory.  
 
͵
ʹ ቈ
߲ሺߝ௦ߩ௦Ĭୱሻ
߲ݐ ൅ ߝ௦ߩ௦ݒ௦ሬሬሬԦĬୱ቉ ൌ ሺെ ௦ܲࡵ ൅ ߬௦ሻ
׷ ׏ݒ௦ሬሬሬԦ ൅ ׏ ή ሺ݇௦׏Ĭୱሻ െ ߛ ൅ ߶௦ሺͶሻ 
 
 
Gidaspow’s drag model 
Coupling between the solid and fluid phase in the 
Two-fluid model is through the interphase momentum 
exchange coefficient, ܨ௦ . In the literature, several 
semi-empirically closures are presented in order to define 
ܨ௦. Of these, the Gidaspow model (1994a) (eq.5) is the 
widely used drag law and is a combination of drag laws by 
Ergun (1952) and Wen and Yu (1966).  
ܨ௦
ൌ ͳͷͲ ൫ͳ െ ߝ௚൯
ଶߤ௚
ߝ௚݀௦ଶ
൅ ͳǤ͹ͷ ߩ௚൫ͳ െ ߝ௚൯൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯݀௦ ݂݋ݎߝ௚ ൑ ͲǤͺሺͷܽሻ 
ܨ௦
ൌ ͵Ͷܥ஽
൫ͳ െ ߝ௚൯ߝ௚ߩ௚൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯
݀௦ ߝ௚ି
ଶǤ଺ହ 
݂݋ݎߝ௚ ൐ ͲǤͺሺͷܾሻ 
where  ܥ஽ ൌ  ଶସఌ೒ோ௘೒ ൣͳ ൅ ͲǤͳͷሺߝ௚ܴ ௚݁ሻ
଴Ǥ଺଼଻൧  
 
Slip flow drag model 
Under vacuum conditions, as the pressures are reduced 
below atmospheric, the mean free path of the fluid 
particles increases. This can be characterized by the 
Knudsen number, which is the ratio of the mean free path 
of the fluid to a length scale, d. With a reduction in 
pressure the Knudsen number(Kn) increases which brings 
changes in the nature of the fluid flow, such as Molecular 
flow (Kn!!1), Intermediate or slip flow (Kn|1) and 
Laminar flow (Kn1).   Llop et al., (1996) derived 
pressure drop equations for flow through a fluidized bed 
and predicted the minimum fluidization velocity (ݑ௠௙) by 
considering the slip flow regime. In the present work, the 
Gidaspow drag law is modified to include the effect of the 
slip flow regime by incorporating the effect of Kn on fluid 
flow.  
 
The pressure drop equation through a fluidized bed which 
accounts for operating pressures is given by Llop et al., 
(1996) as: 
݀ܲ
݈݀ ൌ
ݑ
ͳ͸
Ͷͷ ܿ݋ݏଶ߰
ߝ௚ଶ߶݀௦
ሺͳ െ ߝ௚ሻට
ʹ
ߨߩܲ ൅
ܿ݋ݏଶ߰
͹ʹ
ߝ௚ଷሺ߶݀௦ሻଶ
ߤ௚ሺͳ െ ߝ௚ሻଶ
൅ ͳǤ͹ͷ ሺͳ െ ߝ௚ሻߝ௚ଷ߶݀௦ ߩݑ
ଶሺ͸ሻ 
This can be extended to derive the interphase momentum 
coefficient,ܨ௦ since the pressure drop in a fluidised bed 
can also be expressed as: 
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݀ܲ
݈݀ ൌ
ܨ௦
ߝ௚ ൫ݒ௚ሬሬሬሬԦ െ ݒ௦ሬሬሬԦ൯ሺ͹ሻ 
This upon comparison with eq. 6 and substituting the 
constants given by Llop et al., (1996) yields the following 
expression for ܨ௦: 
ܨ௦ ൌ
 ሺଵିఌ೒ሻ
଴Ǥଵଷହ଺థௗೞට భഐುା
భ
భఱబ
ഀ೒
ሺభషഄ೒ሻഋ೒ሺథௗೞሻ
మ
൅ ͳǤ͹ͷ ఘ೒ሺଵିఌ೒ሻ൫௩೒തതതതି௩ೞതതത൯థௗೞ ሺͺሻ 
Problem description 
A two-dimensional computational fluidized bed model 
(570 x 1000 mm) was considered (see Figure 1) and solved 
by ANSYS FLUENT. Gas was introduced from the bottom 
of the bed in addition to using a single nozzle. The 
simulations were computed for various sub atmospheric 
pressures in the range 50-101,325 Pa. A parametric study 
was also carried out at a constant pressure for various J, the 
ratio of jet velocity to inlet velocity (ujet/uinlet). The solution 
with a centrally located nozzle is used to validate the 
model by comparing with other published data (Fig.2). Gas 
inflow was maintained at the minimum fluidization 
velocity at the bottom as shown (Fig. 1) with operating 
pressure boundary condition at the top of the bed. No slip 
wall-boundary condition was imposed for the gas-phase 
whereas partial slip condition, given by Johnson and 
Jackson (1987), was applied to solid-phase with the 
specularity coefficient as 0.5 and the particle–wall 
coefficient of restitution as 0.9. The material used in the 
present simulation was Geldart group B Glass (size: 500 
Pm and density of 2660 kg/m3). The density of the fluid 
(air) was maintained constant in the simulation and was 
calculated by the ideal gas law (Poperating/RT). 
 
Mesh size influences both the convergence and the 
computational time. A larger grid spacing increases the 
numerical diffusion, while the smaller grid spacing 
increases the computational time (Zhang et al., 2012). Thus, 
the strategy adopted here was to use a multi-block, 
unstructured Cartesian grid (with tetrahedral elements), 
which allows very fine uniform grids near the nozzle for 
accurately predicting initial growth of the bubble and at the 
same time providing an adequate size of elements near the 
walls and the interface. A grid independency test was also 
carried out to finalize the total number of grids for the 
base-case (10 m/s nozzle inlet velocity). All simulation 
results were checked for mass flowrate balance to confirm 
the convergence of the results. A maximum error of 
0.001% in mass flow balance was seen in all results. 
 
Results and discussion 
 
A number of simulations were carried out for various 
pressure ranges below atmospheric. The inlet velocity at 
each of the pressures was computed from the minimum 
fluidization velocity expression given by Llop et.al (1996) 
as shown in Fig.3 (comparison with Wen & Yu (1966) is 
also provided). Two sets of simulation were computed, 
each with a different drag model. Minimum fluidization 
velocity was used as the inlet velocity with a velocity ratio, 
J = 35 for each pressures (J = 35, is the initial atmospheric 
parameter for which validation was carried out for the  
 
 
 
10
00
 m
m
 
PP 
Fig.1: Schematic diagram and the computational domain of 
the fluidized bed used in the present study 
Fig. 2: Validation of the present numerical model with 
published data documented by Patil et.al. (2005) by comparing 
the evolution of bubble equivalent diameter at 10 m/s jet 
injection. 
Fig. 3: Minimum fluidization velocity predicted by 
Llop et. al., (1996) and Wen & Yu (1966) for vacuum 
conditions 
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present model). Figure 4 shows the comparison of the void 
fraction contours (H = 0.85) for the two drag models 
considered under vacuum pressures. For pressures down to 
1000 Pa from atmospheric, no significant difference in 
prediction of the bubble shapes are seen. However, as the 
pressures were reduced below 1000 Pa, the bubble shape 
prediction for the two drag models started to deviate from 
each other. It is to be noted that the Kn for pressures 
100-1000 Pa is in the range of 0.13-0.013, which denotes 
the presences of slip and transition flow regime for the 
particle size considered in present study. It can be further 
seen from the figures that for the range of inlet velocity 
and jet velocity considered, a proper bubble did not occur 
inside the fluidized bed below 1000 Pa. Instead, the entire 
bed acted as a packed bed and was lifted as a single unit 
along with a bubble shape indentation due to the jet. 
Nevertheless, both the drag models predicted this behavior, 
which can be observed from Fig.4. 
 
It can also be observed from the Fig.4 that both the drag 
models give similar predictions of bed height at the bottom. 
Bubble shape however, is predicted to be completely 
different. The Gidaspow drag model predicts an early 
shearing of the bubble at the top portion for all the 
pressures below 500 Pa. The slip flow drag model, on the 
other hand, predict a full near spherical shape of the bubble 
with almost no sign of shear. At the pressure of 50 Pa, no 
bubble was predicted to exist by the Gidaspow drag model, 
whereas the slip flow model clearly shows the occurrence 
of a bubble caused by the high velocity jet.  
 
Another interesting observation from Fig.4 is that, 
although both the drag models predict dissimilar bubble 
contours in the jet region, the dissimilarity reduces away 
from the center and towards the bottom of the bed. It can 
be clearly seen from Fig.4 that the porosity contour 
prediction (H = 0.85) near the inlet boundary are similar at 
least down to a pressure of 200 Pa. Only after a certain 
height does both the drag model predict differently. As the 
operating pressures reduced below 200 Pa, the porosity 
contour predictions are different for regions away from the 
central jet axis. These observations suggest that the 
predictions by the drag models are not only sensitive to 
pressures gradient inside the bed but also to the fluid 
velocity inside the bed.  
 
(a) 1000 Pa (b) 500 Pa (c) 300 Pa 
(d) 200 Pa (f) 50 Pa (e) 100 Pa 
Fig.4: Prediction of porosity contours (H = 0.85) by Gidaspow and Slip flow drag model for various sub-atmospheric 
pressures 
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In order to study the sensitivity of the porosity prediction 
by the drag models to the fluid velocity, the velocity ratio J 
was varied by changing the jet velocity and the inlet 
velocity, separately. The pressure at 100 Pa was chosen for 
the current parametric study since the results at 100 Pa at J 
= 35 and uinlet = umf, showed a huge variation in porosity 
contour prediction near the jet. Fig. 5 shows the results of 
porosity prediction by both the drag models for various J 
values in range of 5-35 , which was varied by changing 
only the jet velocity and maintaining the uinlet at umf.. It can 
be observed very clearly how the prediction by both the 
drag models begin to coincide as the velocity ratio (J) is 
reduced from 35 to 5. The axial as well as lateral prediction 
of porosity coincides as the jet velocity is reduced at 100 
Pa. 
 
The velocity ratio (J) was again varied but this time by 
changing the uinlet from 1.21 m/s (umf at 100 Pa) to 0.6 m/s 
thus varying the velocity ratio (J)  from 35 to 70. Further 
reduction of inlet velocity did not give any converged 
results. It can be seen from Fig. 6 that as the inlet velocity 
is reduced, the prediction by the drag models begin to 
overlap each other. However, it can be clearly seen that the 
sensitivity of prediction of porosity contour is not as high 
as was seen when the jet velocity was reduced. As the 
velocity ratio (J) was increased from 35 to 70 (by reducing 
inlet velocity), the bubble shape prediction by both the 
models remain significantly different, although contours 
away from the axis coincided.  
 
Conclusion 
CFD simulations using the Eulerian-Eulerian model in 
ANSYS-FLUENT for a lab-scale bubbling fluidized bed 
containing Geldart type B particle of 500 Pm were used to 
compare the predictions of porosity contours by Gidaspow 
drag model and the new proposed slip flow drag model 
under different sub-atmospheric pressure conditions. It was  
seen that the porosity prediction by both the drag models 
started to deviate only at high vacuum pressures, which 
(a) J = 35 (b) J = 15 (c) J = 5 
Fig.5: Porosity contour prediction by Gidaspow and Slip flow drag model at 100 Pa for various velocity ratios (J) (note: 
jet velocity was varied) 
(a) J = 35 (b) J = 70 
Fig. 6: Porosity contour prediction (H = 0.85) by Gidaspow and Slip flow drag model for various 
velocity ratios at 100 Pa (note: inlet velocity was varied) 
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were dominated by slip flow regime. Surprisingly, both the  
drag models predicted similar porosity contours at lower 
bed heights, lower jet velocity and/or inlet velocity, 
suggesting that the predictions are sensitive not only to 
pressures but also to fluid velocity inside the bed. An 
experimental validation is highly recommended to validate 
the bubble shape predictions in vacuum conditions.   
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Chapter 6 
Chapter 6 : section 2 
Validation of the slip flow drag model 
 
1 Introduction 
Low-pressure fluidisation is different from beds that usually operate at atmospheric or higher 
pressure as the slip flow overcomes laminar-hydrodynamic-characteristics. In such situation, 
the continuum drag models are expected to underperform as discussed in previous section. The 
present section is a continuation of Chapter 4 which deals with experimental validation of the 
slip flow drag model as well as studying some of the key bubble characteristics affect the heat 
transfer under vacuum as suggested in Chapter 3. 
2 Pseudo 2D vacuum fluidised bed 
In order to validate the bubble size predictions of the slip flow drag model, a pseudo two 
dimensional (2D) vacuum fluidised-bed was fabricated out of polycarbonate material. Many of 
the closure models such as frictional model, drag models etc. have been previously verified for 
its validity using a two dimensional fluidised bed [1, 2]. In the case of single jet/nozzle, fluid 
with high velocity is injected into the column along with the fluid at lower velocities (order of 
Umf) from the distributor plate.  From modelling point of view a jet in a fluidised bed is 
advantageous as the jet establishes the flow pattern and is an easier problem than bubbling 
fluidised bed. The correct predictions of bubble size, physical phenomena, validates the model.  
Boulliard et.al[3] studied the motion of the bubble around an obstacle in a fluidised bed and 
validated their hydrodynamic model in which the pressure drop was considered only in the 
fluid phase. Gidaspow et.al [4, 5] has conducted many experiments with a jet in fluidised bed 
to validate his proposed models. In literature, two major results used to validate models are the 
comparison of bubble size and the time averaged volume fractions at various positions with the 
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experiments in the fluidised bed. Many other hydrodynamic models such as frictional stresses 
have also been compared with each other using the case of jet in a fluidised bed [2]. 
2.1 Experimental setup 
A 2D bed of dimension 1 m x 0.25 m x 0.012 m was fabricated from polycarbonate material 
(Fig.1). Polycarbonate was chosen due to its strength which is an essential requirement to build 
a vacuum chamber and avoid possible implosion. The walls of the 2D bed were 12 mm in 
thickness which were chemically glued together with high strength adhesives which can seal 
vacuum. A windbox fabricated with a flange (30 mm) (not shown) connected with the 
polycarbonate bed. Two sets of O-rings were used to seal the vacuum in the bed. A sintered 
stainless steel plate was used as a distributor plate. A jet with a diameter of 6mm was placed in 
the middle of the distributor plate which was regulated with a solenoid valve, flowmeter and 
an electronic timer. Due to the flange 
Fig.1: Two dimensional polycarbonate vacuum fluidised bed 
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thickness, the jet was placed 30 mm inside the fluidised bed to enable capture of clear images 
of injected bubbles. 
The top of the bed connects to a particle filter and vacuum pump. A high speed camera 
(Phantom V711) with Nikkon 24-85 Macro lens was used. The camera was mounted on a 
levelled tripod to capture the bubble evolution at 700 frames per second (fps) with 1280 x 800 
pixels which, according to the calibration used in the present study, yields a resolution of 1.4 
Fig.2: Pressure drop vs flowrate curves for 350 Pm alumina powder at different pressures 
149 
 
Chapter 6 
mm per pixel. In order to maximise the image contrast, two light sources are placed at a great 
distance to achieve a diffused and uniform light.    The post-processing of the captured image 
was carried out in ImageJ software..  In our case, we used the default threshold setting for the 
binary image available in the software. 
2.2 Experiment method  
Alumina powder of size 350 Pm was used to validate the bubble size for atmospheric and 
vacuum pressures. The central injection of bubble was done using a solenoid valve (see Fig.1) 
and electronic timer. The bubbles were injected for a duration of 0.5 s. at various flowrates and 
at regular intervals of 1 s.  Two different inlet flowmeters were used to regulate the flow 
through the jet and the distributor plate. The superficial inlet pressure was maintained constant 
(80kPa) for all the pressures. The fluidised bed was operated at minimum fluidisation 
conditions obtained from the experiments carried out at atmospheric, 250 and 95 mbar (Fig.2). 
The bed weight correction had to be included as a fraction of powders were trapped in the 
particle filter.  
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3 Numerical simulation
ANSYS FLUENT 15 was used to computationally model and solve the 2d fluidised bed 
numerically (Fig.3). The experimental rig was modelled with a protruding jet inside the bed.
The governing equations and boundary conditions are similar to previous sections. A pulsed 
velocity inlet is used for the jet as boundary conditions. 27333 number of elements was selected 
after a grid independence study (Fig.4) based on the atmospheric injection of the bubble (0.22 
s) at 20Umf and the bed fluidisation at Umf for a duration of 0.5 s. Coarser mesh was opted for 
freeboard region while finer central mesh covered the bed region of the geometry. 
  
Fig.3: Physical and computational model of the 2d vacuum fluidised bed 
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4 Results and discussion 
4.1 Atmospheric bubbles 
The 2d bed was initially operated at atmospheric pressures and the bubble area from the binary 
image was used to carry out the grid independence study. The equivalent diameter at t = 0.22 
s for Vj = 20Umf is used as a reference diameter. This was the detachment time of the bubble. 
Figs.5 and 6 reports the experiment images for atmospheric pressures (20 and 40 Umf) and the 
simulation results. Similar to Kuipers results [2] the bubble evolution matches accurately up to 
the detachment of the bubble. The bubble shape is however more spherical in the simulations. 
It is also seen that the bubble shapes comparison diverge when the bubble travels upwards and 
hence only the area of the bubble is compared. This is mostly due to the absence of a third 
dimension resistance in the simulation. Smaller velocity (20Umf) are closer in shape 
comparison than larger (40Umf). Fig. 7 plots the bubble size evolution in the bed during the 
experiment and simulation. The solid lines are the bubble size recorded from the experiments 
Fig.4: Grid independent study for numerical solution of the 2d vacuum fluidised bed 
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and the dashed line is the simulation prediction. The different colours of the experimental 
bubble size is to indicate bubbles at different time intervals during the course of the experiment 
for each flow rate. The bubble size is accurately predicted at the bottom. As the splitting and 
coalescing of bubbles take place towards the top, the size comparison fluctuates. Nonetheless, 
the size prediction by the numerical simulation is of the same order of magnitude. 
0 s 0.2 s 0.29s 0.39 s 0.59 s 0.74 s 0.87 s 1 s 1.25 s 1.44 s 
Fig.5: The high speed image and their corresponding binary images for atmospheric 
pressure and Ujet = 20 Umf  
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The bubble shape evolution for smaller and higher velocity is found to be quite different. A 
general trend for smaller velocity is to grow linearly and then travel with a constant size. This 
is followed by a decline in size. Leakage of gas from the bubble contributes more to the size 
reduction than splitting. On the contrary the larger velocity bubbles are seen to grow linearly 
and split as soon as the injection is switched off. The bubble then travels upwards and grows 
steadily, attain a constant maximum size (Fig.8). The 30 and 50 Umf jet velocity plots (Fig. 8) 
shows the shift in the splitting phase. 50 and 40Umf jet were seen to split even while growing 
0 s 0.17 s 0.25 s 0.33 s 0.44 s 0.5 s 0.8 s 0.97 s 1.1 s
0.17 0.25 0.33 0.8 s 0.97 1.2 s
Fig.6: The high speed image and their corresponding binary images for 
atmospheric pressure and Ujet = 40 Umf  
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during injection. It is interesting to note that the rate of increase in size of the bubble after 
splitting is similar to that during injection phase.  
40 Umf -Atmospheric 
20 Umf -Atmospheric
Fig.7: Comparison of the bubble size evolution in the bed for 20 and 40Umf at atmospheric 
pressure  (Solid lines : Experiment ; Dashed line : simulation) 
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4.2 Sub-atmospheric bubbles 
Figs.9 and 10 compares the bubbles at 95 mbar for jet velocity of 20 and 40 Umf. For pressures 
down to 250 mbar, no significant difference in the bubble size by Gidaspow and the new slip 
flow drag model was observed. However, below 100 mbar, the bubble shapes predicted by both 
30 Umf-Atmospheric
50 Umf-Atmospheric
Fig.8: Bubble evolution (from experiments) for 30 and 50 Umf  jet velocity at atmospheric 
pressure. 
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the models diverged significantly. Due to setup limitation, the operating pressures couldn’t be 
lowered below 90mbar. The plots (Fig.11) compares the size evolution of the bubbles from 
experiments and simulation. The bed during the experiment had minor bubbles towards the top 
due to un-homogenous fluidisation. This, however, did not alter the bubble size significantly. 
The slip flow model can be seen to predict accurate bubble size as compared to the Gidaspow’s 
model. There were similarity in their prediction at the bottom of the bed which then diverged 
0 s 0.26 s 0.46 s 0.62 s 0.78 s 0.97 s 1.02 s 
(a) 
(b) 
Fig.9: The binary images for 95mbar and Ujet = 40 Umf and the prediction of the 
numerical solution by (a) Slip flow drag model  and (b) Gidaspow’s drag model 
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towards the top. The size prediction by the slip flow is also higher by at least 50% at the top of 
the bed. This is mainly due to the empirical constants in the Gidaspow’s model which has been 
obtained from experiments at atmospheric pressures.  
The vacuum bubbles were seen to expand at the top. The growth rate of the bubbles at the top 
and bottom differed significantly, especially for higher jet velocity. A comparison of the top 
Fig.10: The binary images for 95mbar and Ujet = 20 Umf  and the prediction of the numerical 
solution by (a) Slip flow drag model  and (b) Gidaspow’s drag model 
 
0 0.16 s 0.42 s 0.56 s 0.85 s 0.95 s 1.0 s
0.16 s 0.42 s 0.56 s 0.85 s 0.95 s 1.0 s 
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and bottom bubble size growth rate shows that the growth rate at top is at least 4-6 times the 
growth rate at the bottom (Fig.12). This demonstrates that the bubble characteristics changes 
significantly in vacuum conditions. Further, the velocity of bubbles can also be observed to 
vary significantly towards the top (Fig.13). In comparison, the atmospheric bubbles (Fig.14) 
attain a maximum velocity, which generally fluctuates (due to splitting). The bubble velocity 
is also compared to Eq.1, which is an empirical correlation for velocity of single bubbles in 2d 
bed by Krishna et.al [6]. The bubble velocity compares well with Eq.1 for atmospheric 
pressure. However, in vacuum conditions, the comparison is highly inaccurate at the top of the 
bed. 
௕ܸ = 0.62ඥ݃݀௕ x1.1 exp ቀെ
ଵ.ହହௗ್
஽೅
ቁ      ݂݋ݎ 0.07 <
ௗ್
஽೅
< 0.4    (1) 
A sharp increase in velocity is observed even at atmospheric pressure but the %increase in 
velocity jump is 250% at 95mbar. The bubble travels through a high static pressure differential 
and thus expands at the top. This increases the bubble shape and bubble velocity. A direct 
consequence of this phenomenon is a reduced renewal frequency of the particle phases which 
affects the heat transfer. The bubble size and velocity increases steadily from bottom to middle. 
This is followed by a sharp velocity escalation at the top which contributes towards a reduced 
heat transfer.  
5 Conclusions 
A two dimensional polycarbonate bed with central nozzle was used to generate bubbles at 
regular intervals in order to validate the slip flow drag model and study the bubble 
characteristics in vacuum conditions. A slip flow model predicted closer values to the 
experiment data as compared to the Gidaspow’s model. In addition, the bubble size and 
velocity was observed to sharply increase towards the top of the bed which explained the heat 
transfer observations on effect of location in Chapter 3.  
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40Umf – 95mbar
Fig.11: Comparison of bubble size evolution in the bed for 20 and 50 Umf at 95mbar (note: 
the solid lines represent different bubbles during the experiment) 
20Umf – 95mbar 
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Fig.12: Comparison of growth rate of bubble at top and bottom the bed for different 
pressures and flowrates 
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Fig.13: Comparison of 2d bed bubble velocity (solid lines) with Eq.1 (dashed line) 10 and 
40 Umf at 95mbar.(Note: the solid lines represent different bubbles from the experiment) 
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Chapter 7 
General Discussion 
 
An understanding of the hydrodynamics of vacuum fluidised bed is essential for investigations 
of heat and mass transfer study. The motivation behind the present study was to use the benefits 
of vacuum fluidisation, namely, low mass consumption (for potential economic benefit) and a 
safe operating environment, for substances that are prone to thermal degradation and 
spontaneous combustion. Processing of pharmaceutical materials, coal drying and surface 
treatment of metals are the main applications of vacuum fluidisation. The present chapter is 
intended to combine the results of the present work on hydrodynamics and heat transfer in 
vacuum fluidisation. This is the first study of its kind in vacuum fluidisation and is not 
exhaustive. Operation of fluidised beds under vacuum conditions and an extensive study into 
optimisation of heat transfer are the novel aspects which are addressed in the present work. 
Due consideration is given to effect of pressure on fluidisation quality. In addition, a new 
modelling approach is adopted to incorporate the slip flow conditions to enable accurate 
predictions of hydrodynamic aspects under vacuum.  
Apart from the commercial benefits, vacuum fluidisation is an interesting problem for classical 
fluidisation theorists. While hydrodynamics and heat transfer aspects in atmospheric and high 
pressure fluidisation have been widely investigated, little research exists in vacuum fluidisation 
[1, 2].  Thus, this presents a great opportunity to investigate the combined unique properties of 
vacuum and fluidisation physics. 
The present work is structured to firstly investigate the general hydrodynamics aspects of 
vacuum fluidisation such as quality, minimum fluidisation velocity and fluidisation maps. 
These aspects are important to carry out optimisation of heat transfer. In addition, modelling 
of hydrodynamics require extensive information of effect of pressure on hydrodynamic 
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behaviour. The resulting heat transfer study based on hydrodynamic investigations revealed 
unique phenomenon exclusive to vacuum conditions. The reasons for this is further 
investigated by using CFD analysis and 2d fluidised bed.  
Atmospheric (or high-pressure fluidisation) and vacuum fluidisation can be individually treated 
as separate branches of fluidisation on the basis of how each phase in the bed is treated for 
analysis. Solid-gas fluidisation (atmospheric or higher) constitutes agitation of a discrete 
medium (the particles) using a continuous medium (air, argon, N2 etc.). The fact that this 
discrete medium begins to mimic the behaviour of a continuous medium has been the subject 
of intense research for decades. In fact, most fluidisation physics assumes the discrete media 
(particles) as “continuous” for simplification of analysis and the accuracy of the predictions 
justifies these assumptions. In other words, the approximation of the entire fluidisation 
phenomenon lies well within the continuum approximation of kinematic and mechanical 
behaviour of materials (particles and the fluid). Conversely, vacuum fluidisation, challenges 
the continuum approximation for the fluid medium instead. This fact places vacuum 
fluidisation in a completely new light, which contests the fundamental physical laws of 
momentum conservation. In other words, vacuum fluidisation is to gas-solid fluidisation what 
microfluidics is to pipe and channel flow.  
The present work, therefore, addresses the nature of hydrodynamics and heat transfer in 
vacuum conditions where the fluidisation behaviour, at least macroscopically, resembles 
atmospheric fluidisation when operated in slip/transitional flow regime. The slip/transitional 
flow regime lies between a pure continuum and a pure discrete (also known as molecular flow) 
regime and is characterised by Knudsen no. (Kn), which compares the characteristic length of 
the medium (the particle size) to the mean free path of the fluid. It is known that vacuum 
fluidisation has a poorer quality of fluidisation than atmospheric, and that the heat transfer is 
of poor quality. It was previously argued [2] that the degradation of the thermal property of the 
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air is responsible for poor heat transfer in vacuum (slip flow regime).  Literature on vacuum 
technology [3] disagrees with this theory because the thermal properties of a real gas remain 
unaltered until molecular flow is encountered in the system. Thus, it is not the degradation of 
thermal properties that degrades the heat transfer performance in vacuum fluidisation.  
The present study observed a new effect of vacuum pressure on heat transfer. The axial location 
of the heat source in the bed affects the heat transfer and this correlation strengthens as 
pressures are reduced below the critical “slip flow” regime. A delta (') effect is observed where 
the heat transfer increases from bottom up to middle and then plummets towards the top of the 
bed. In addition to the heat transfer and hydrodynamics experiments in vacuum conditions, the 
numerical predictions of the non-continuum nature of the fluid is also an intriguing problem. 
Several computational techniques exist that consider the non-continuum nature of the both the 
particles and fluid (namely, DEM, Monte-Carlo method etc.). However, these demand 
enormous computational resources and consequently they are not suitable for a pilot/laboratory 
scale model. An alternative solution for realistic prediction is to account for the non-continuum 
effect in conservation of momentum during particle-fluid interaction. This was achieved by 
mutating the existing Gidaspow drag model with non-continuum effect. 
 An indication, as to what can affect the heat transfer in vacuum conditions and why the location 
effect is magnified in vacuum,  can be obtained from studies at higher pressures (greater than 
atmospheric), where the bubble dynamics are seen as an underlying  cause of the improved 
heat transfer [4]. The bubble size compresses as pressures are increased and this greatly 
increases the heat transfer capacity of the fluidised bed. In vacuum conditions, the opposite of 
this behaviour is observed. The bubbles are seen to increase in size at sub-atmospheric pressure, 
which is the primary cause of heat transfer degradation in vacuum. However, the bubble 
dynamics are not similar to those of atmospheric conditions. Unique to vacuum conditions is 
the fact that the pressure gradient in the bed induces expansion of the fluid, which affects the 
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growth rate of the bubbles. At atmospheric conditions, the bubble attains a constant size after 
initial growth, mainly due to coalescence. In addition to coalescence, the bubble growth takes 
place due to vacuum pressures at the top, which causes the bubble to continue to increase in 
size. This “delta effect” in heat transfer is due to the unique bubble characteristics of the 
passage of a bubble in a high pressure-gradient environment.  
The discovery of this effect in vacuum translates to a more considered approach towards 
exploiting the benefits of vacuum fluidisation. With the help of the information on the quality 
of fluidisation, the fluidisation map (utilising the GR-PG model) and the location effect, it is 
now possible to optimise the operation parameters to obtain the best possible thermal 
performance from vacuum conditions. The pressure, flowrate, particle size and size distribution 
need to be optimised, in addition to the location of the immersed surface inside the bed. The 
quality of fluidisation is of a similar order of magnitude near the atmospheric pressures, which 
could be readily utilised without sacrificing the thermal performance. If the slip flow regime is 
avoided for a given particle size, the vacuum fluidisation can offer a competitive heat transfer 
environment in comparison with atmospheric pressure.  
Since this study was conducted at low temperature (about 200 °C), there is the possibility of 
the radiation heat transfer being independent of pressure, if operated at high temperatures 
(around 800°C). In addition, a mass transfer study to investigate if the controlled input of 
fluidising gas can be utilised as a mass-transfer quality control is desirable, especially for 
surface treatment of metals where precise depth of coating is needed. Plasma coatings readily 
utilise the vacuum fluidisation technique to obtain fine coatings on nano-materials. This study 
will be beneficial to optimise the operating parameters for above- mentioned processes. In 
addition, investigations can be carried out to study the interaction of bubbles with immersed 
objects. Validation of existing particle convective models can be readily carried out at very 
high vacuum pressures, since the gas convection approaches a nil-value at these pressures.  
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The numerical predictions of the bubble characteristics matched well when the mutated 
Gidaspow model was used to obtain the drag force. Thus, the non-continuum “technical fix” 
to the continuum differential equations, to numerically solve the hydrodynamics, functioned 
accurately in the slip flow regime without the need to alter the basic assumptions of the 
Eulerian-Eulerian continuum model. This allows us to extend the advantages of the continuum 
models to carry out more complex simulations such as heat and mass transfer to/from an 
immersed surface. To efficiently utilise the heat transfer capacity of the bed along with lower 
mass consumptions, the following sets of condition prove favourable: 
x The powder size distribution (for Group B powders) corresponding to intermediate 
segregation can be safely utilised without additional quality loss due to particle 
segregation under vacuum pressures. 
x Fluidisation maps drawn from experiments or estimated by the GR-PG model will 
reveal the range of flowrates and location inside the bed that is favourable for highest 
heat transfer. 
x Wherever possible, the immersed object should be kept at location between bottom and 
middle during the bubbling regime.  
 
1. Conclusions 
A parametric study to investigate hydrodynamic and heat transfer behaviour of fluidised bed 
under vacuum conditions was carried out successfully with emphasis on effect of pressure on 
quality of fluidisation, bubble characteristics and heat transfer. The key findings from the 
present work are: 
a. The trend of heat transfer coefficient resembled a delta (') for various axial locations in the 
bed with a minimum heat transfer at the top and maximum in the middle. This was found to be 
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due to the expansion of the bubbles towards the top of the bed caused by the presence of 
vacuum pressures. Bubble size and velocity peaked as the bubbles passed the middle of the 
bed. This phenomenon is unique to vacuum conditions.  
b. The slip flow drag model estimated the bubble size accurately than the existing Gidaspow 
model emphasising that the slip flow conditions can be simulated by the Eulerian-Eulerian 
models for gas-solid fluidisation.  
c. The degradation of quality is caused by the presence of significant pressure gradient in 
comparison to the operating pressure for a minimally and intermediate segregated powder. For 
highly segregated powder, segregation plays and additional role in poor quality.  
d. Fluidisation maps can be depicted for vacuum pressures using the GR-PG model for a 
segregated and non-segregated bed. These maps can be used to locate bubbling regimes for 
known flowrates and pressures.  
e. Optical flow technique can be readily utilised to capture the fluidisation behaviour in a 
transparent fluidised bed. The velocity of particle at the walls can be estimated if proper 
calibration techniques are available.  
2. Recommendations for future work 
a. Correlations for bubble characteristics in literature are not valid in vacuum conditions. Future 
work on developing correlations for growth, velocity of bubbles that includes effect of gas 
expansion is needed. 
b. Study of bubble flow and distribution, effect of wall on bubble trajectory in vacuum 
conditions (extension of Appendix II), bubble interaction with immersed surface under 
vacuum, estimation of kinematic viscosity of particles, estimation of particle renewal etc. can 
be carried out to improve the understanding of hydrodynamics of vacuum fluidisation. 
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c. Investigations into mass transfer in vacuum fluidised beds. 
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Appendix II 
Bubble–wall interaction for asymmetric injection of jets in solid–gas
ﬂuidized bed
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H I G H L I G H T S
 Numerical model used to solve 2D gas–solid ﬂuidised bed with jet injected in proximity to the wall.
 Effect of wall analysed on bubble shape, detachment time and bubble trajectory.
 Bubble shape and size signiﬁcantly affected near the wall.
 Detachment time for bubbles show signiﬁcant difference as bubbles are injected in proximity to the wall.
 Considerable affect of wall induced forces in bubble trajectory found.
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A hydrodynamic model describing gas–solid two phase ﬂow has been used to numerically study the
effect of wall on the bubble shape, size, detachment time and the bubble trajectory in a two-dimensional
ﬂuidized bed. Using the numerical model, the inﬂuence of the wall is analysed by moving the jet from the
centre of the bed towards the wall. The bubble characteristics are compared for different nozzle
locations, thus presenting the effect wall has on asymmetrical injection as compared to symmetrical
injection. A 30% increase in the bubble detachment time for an asymmetric injection (jet velocity of
10 m/s) is found when the nozzle is displaced from the centre of the bed towards the wall (80 mm offset
from wall). In addition, the bubble evolution reveals an asymmetric wake formation during detachment
indicating an early onset of mixing process. The wall forces acts tangentially on the bubble and has a
signiﬁcant impact on the bubble shape, neck formation during detachment, holdup time near the wall
and its trajectory through the bed.
& 2013 Elsevier Ltd. All rights reserved.
1. Introduction
Bubble formation in a gas–solid ﬂuidized bed takes place near
the distributor plate when the ﬂuidisation velocity exceeds the
requirement for minimum ﬂuidisation. After its inception, the
bubble rises and coalesces with other bubbles, increasing in size
and ﬁnally erupting at the surface. Bubble size and shape are
greatly inﬂuenced by their close proximity to either side of the
bed walls (Glicksman and McAndrews, 1985; Werther, 1974a).
The upward motion of the bubbles affects the movement of the
emulsion phase and there is considerable mixing through different
layers in the bed (Davidson and Harrison, 1971) causing high
degree of temperature uniformity in heat and/or mass transfer
applications. Many experimental and theoretical cases in literature
have been studied that deals with external injection of bubbles in
order to induce or enhance turbulence intensity and subsequently
aid the heat transfer processes (Christensen et al., 2008; Gilliland
and Mason, 1952; Li et al., 2009).
A signiﬁcant amount of work in the area of bubble character-
istics in gas–solid ﬂuidized beds, over a wide range of parameters
has been reported in the literature in last few decades. Of various
operational parameters, the geometrical parameters such as the
bed width/diameter and the gas distributor conﬁguration play an
important role in predicting the bubble dynamics, especially in
scale up of laboratory bed (Werther, 1974b). It is well established
in ﬂow of bubbles in viscous ﬂuid that the containing wall greatly
affects the velocity (Collins, 1967), shape elongation and wake
formation (Bhaga and Weber, 1981). Wardag and Larachi (2012)
have used corrugated wall for the ﬂuidized container to show its
impact on bubble size and distribution. The wall has also been
shown to affect the minimum ﬂuidisation velocity (Saxena and
Vadivel, 1988).
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Glicksman and McAndrews (1985) experimentally studied the
effect of bed thickness on the hydrodynamics of large particles in
ﬂuidized beds and concluded that the two-dimensional beds
exhibit larger bubbles, higher bubble voidage, higher bubble ﬂow
rate than their three dimensional counterpart for similar bed
height and superﬁcial velocity.
Another aspect of bubble motion namely, rotation and transla-
tion motion across the bed when injected in closer proximity to a
wall has also been studied (Werther, 1974b). Recently, Das et al.
(2011) showed in their experiment that the presence of a vertical
wall at closer proximity to one side of the bubble has a strong
inﬂuence on the bubble shape, orientations and trajectory. Bokkers
et al. (2006) reported that bubble which is closer to wall tends to
move towards the centre of the ﬂuidized bed as it rises. van Lare
et al. (1997) conducted experiments to obtain information on
bubble characteristics using an electrical capacitance probe. It was
observed that at different heights of the bed the visible bubble
ﬂow is almost nil near the wall and increases away from it. Thus,
with increasing height of the bed the bubbles tend to move away
from the wall. This effect of wall was more predominant at higher
superﬁcial velocity in excess of the minimum ﬂuidisation velocity.
Spiral ﬂow path of the bubbles near the wall has also been
reported in experiments conducted by Miyahara et al. (1988) on
solid–liquid ﬂuidized beds.
In recent years, CFD methods have become quite current in
solving the classical Navier–Stokes equation for solid–gas ﬂuidisa-
tion in order to predict the complex interaction of the bubbles
with the emulsion phase. Of the many models which exist, the
kinetic theory of dense gas model, known also as the two-ﬂuid
model is widely used along with various closures (Gidaspow,
1994a). Over the years, the Eulerian–Eulerian continuum model
has been scrutinisingly evaluated and compared with experimen-
tal results and it has been seen that the continuum models predict
the bubble characteristics like size and shape quite accurately as
compared to experimental results (Mougin and Magnaudet, 2002).
In addition, numerical models of 2D beds also predict the general
behaviour of bubbles similar to the numerical 3D beds (Wu and
Gharib, 2002). Lately, Discrete Element Methods (DEM), although
limited in their application for predicting ﬂuidisation behaviour
due to computational cost, have become the new research tool to
validate many of the constitutive closures used in continuum
models (Shew and Pinton, 2006). In all the above studies, wall
effect has been generally analysed from particle interactions point
of view. For instance, the effect of wall is often characterised by
coefﬁcient of restitution (e), generally incorporated as a boundary
conditions in numerical solutions (Mougin and Magnaudet, 2002;
Patil et al., 2005). Single bubble injection studies in literature
although deal with bubble ﬂow characteristics (Patil et al., 2005)
but a wall effect cannot be estimated due to the symmetrical
nature of the problem.
Literature, although replete with experimental studies of effect
of the wall, lacks any systematic numerical study on the behaviour
of bubbles in proximity to the walls despite the advantages offered
by the two-ﬂuid model. The numerical models have come a long
way in their implementation to predict the qualitative nature of
bubbling ﬂuidized beds accurately. Thus, in the present work, an
attempt is made to study the effect of the wall on the motion of a
bubble in gas–solid ﬂuidized bed with the help of the existing two-
ﬂuid model. Such cases also reﬂect the motion of bubbles near
immersed surfaces, generally used in heat and mass transfer
applications. The objective of the work is to model and analyse
the impact of a vertical wall on the bubble rising characteristics
like shape, size and detachment time and to the best of authors’
knowledge, no study is presently available in the literature that
has numerically studied the hydrodynamics of bubble injected
asymmetrically i.e. in proximity to the wall.
2. Two-ﬂuid model and drag laws
Two-ﬂuid model considers each of the phase to be interpene-
trating continua and the governing equations of mass and
momentum conservations are solved in ANSYS-Fluent for each of
the phases which are local mean averages of the point ﬂuid and
particles variables. Details on the derivation of the continuum
equations for ﬂuidized beds are provided by Gidaspow (1994b)
and several investigators. Thus, in the present study an isothermal
Eulerian–Eulerian approximation is used with the particle phase
limited to a constant diameter. In this model the necessary
continuum equations for volume fraction and velocities are as
follows:
2.1. Continuity equations
Gas phase:
∂ðεgρgÞ
∂t
þ ∇⋅ðεgρgvg!Þ¼ 0 ð1aÞ
Solid phase:
∂ðεsρsÞ
∂t
þ ∇⋅ðεsρs vs!Þ¼ 0 ð1bÞ
2.2. Momentum equations
Gas phase:
∂ðεgρgvg!Þ
∂t
þ ∇⋅ðεgρgvg!vg!Þ¼ −εg∇Pg þ ∇⋅τg þ βgsðvg!−vs!Þ þ εgρg g!
ð2aÞ
Solid phase:
∂ðεsρs vs!Þ
∂t
þ ∇⋅ðεsρs vs!vs!Þ¼−εs∇Pg−∇Ps þ ∇⋅τs−βsgðvg!−vs!Þ þ εsρs g!
ð2bÞ
where
τg ¼ μg ∇vg!þ∇Tvg!
h i
−
2
3
μgð∇⋅vg!ÞI ð3aÞ
τs ¼ μs ∇vs!þ ∇Tvs!
h i
þ λs−
2
3
μs
 
ð∇⋅vs!ÞI ð3bÞ
Table 1
Closure equations used in governing equations.
ps ¼ εsρsΘs þ 2ð1þ eÞε2s g0ρsΘs
μs ¼
4
5
ρsdsg0ð1þ eÞ
Θs
π
 1=2
þ 1:01600 5
16
m
d2s
Θs
π
 1=2
ð1þ ð4=5Þð1þ eÞεsg0Þð1þ ð8=5Þεsg0Þ
εsg0
λs ¼ 43 ρsdsg0ð1þ eÞ Θsπ
	 
1=2
go ¼
1
εg
þ 3dsm
2εg2
∑
M
k ¼ 1
εk
dsk
Srivastava and Sundaresan (2003) frictional model:
pcðεsÞ ¼
Fr ðεs−εs;minÞ
r
ðεs;max−εs Þs
0; εs4εs;min
; εs4 εs; min
8<
:
μfs ¼
pcðεsÞ
ﬃﬃﬃ
2
p
sin ϕ
2εs
ﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
D
ij : D ij þ ðΘs=d2s Þ
q
where Dij is the strain rate and ϕ is the internal angle of friction
γ ¼ 3ð1−e2Þε2s ρsgoΘs 4ds
Θs
π
	 
1=2−∇⋅vs! 
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and
εs þ εg ¼ 1
where ε is the volume fraction.
For the problem to be completely deﬁned the governing
equations require closures for the solid-phase pressure (Ps), solid
phase shear viscosity (μs) and the solid-phase bulk viscosity (λs).
These constitutive equations are derived from kinetic theory of
granular ﬂow (Kumar et al., 2012) and are presented in Table 1.
Apart from these closures, kinetic theory of granular ﬂow requires
the solution to transport equation for the granular temperature.
Granular temperature, Θ, signiﬁes the random motion of the solid
particles and is analogous to temperature deﬁnition according to
the kinetic theory (Kumar et al., 2012):
3
2
∂ðεsρsΘsÞ
∂t
þ εsρs vs!Θs
 
¼ ð−PsI þ τsÞ : ∇vs!þ ∇⋅ðks∇ΘsÞ−γ þ ϕs ð4Þ
2.3. Gas–solids drag coefﬁcients
Several semi-empirical closures exist in literature to deﬁne the
gas/solid momentum transfer coefﬁcient. Of these, Gidaspow's
model (Gidaspow, 1994a) is the widely used drag law and is a
combination of drag law by Ergun (1952) and Wen and Yu (1966).
Gidaspow's model can be summarized as follows:
β ¼ 150 ð1−εgÞ
2μg
εgds
2 þ 1:75
ρgð1−εgÞðvg!−vs!Þ
ds
for εg ≤0:8 ð5aÞ
β ¼ 3
4
CD
ð1−εgÞεgρgðvg!−vs!Þ
ds
ε−2:65g for εg40:8 ð5bÞ
where
CD ¼
24
εgReg
1þ 0:15ðεgRegÞ0:687
h i
Fig. 1. Schematic representation and computational domain of the ﬂuidized bed used in the present study.
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2.4. Frictional stress model
At high particle volume fractions, individual particles interact
with multiple neighbours through sustained contact. Under such
conditions, the normal reaction forces and the associated tangential
frictional forces at these sliding contacts are dominant. It is assumed
that the granular material is non-cohesive and follows a rigid-
plastic rheological model of the type proposed by Tardos, 1997.
Shuyan et al. (2009) show the inﬂuence of the frictional stresses in
the gas–solid spouted beds. They have reported that the use of
frictional stress in the simulations produce results more physically
accurate compared with experimental data. In this model the
frictional stress model of Srivastava and Sundaresan (2003) is used,
which has been shown in literature to accurately predict the shape
and size of a bubble in ﬂuidized bed (Patil et al., 2005).
3. Problem description
A two-dimensional computational ﬂuidized bed model
(5701000 mm) is considered (see Fig. 1). A high-speed jet is
diffused inside the bed to form deﬁnite size bubbles while
maintaining the rest of the bed at minimum ﬂuidisation
conditions. The solutions are obtained for different positions of
nozzle: from symmetrical position (centrally located nozzle) to
Fig. 2. Grid independence test results. (a) bubble shape for various element size for
central injection ofjet at 10 m/s and (b) bubble equivalent diameter vs. computa-
tional time.
Fig. 3. Validation of the present numerical model with published data documented
by Patil et al. (2005) by comparing the evolution of bubble equivalent diameter at
10/s jet injection.
Fig. 4. Evolution of bubble for ε¼0.85 by central injection of jet. (a) 2 m/s and
(b) 10 m/s.
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asymmetric positions (closer proximity to the right side of the
wall) as shown in Fig. 1. The centrally located jet model is used to
validate the results with other published data. Inlet velocity is
maintained at the minimum ﬂuidization velocity as shown (Fig. 1)
with ambient atmospheric pressure-boundary-condition at the
top of the bed. No slip wall-boundary condition is imposed for
the gas-phase whereas partial slip condition, given by Johnson and
Jackson (1987), is applied to solid-phase with specularity coefﬁ-
cient as 0.5 and particle–wall coefﬁcient of restitution as 0.9.
3.1. Grid independence study
Initially, a uniform grid distribution (mapped mesh) was consid-
ered to study the bubble shape during its detachment, where only
ﬁve elements/cells (Δx¼0.003 m) were being used to map the jet
(0.015 m) at the inlet. The bubble shape (εg¼0.85) was predicted to
be unphysical pointed-shaped-bubble at detachment, which was
attributed to larger grid spacing. The larger grid spacing increases
the numerical diffusion, while the smaller grid spacing increases
computational time (Zhang et al., 2012). In the present case, increas-
ing the number of elements on the jet (nozzle entry) with a uniform
grid throughout the domain is computationally challenging. Thus,
the strategy adopted here is to use multi-block, unstructured
Cartesian grid (with quadrilateral elements), which allows ﬁne uni-
form grids near the nozzle for accurately predicting initial growth of
the bubble and at the same time providing an adequate size of
elements near the walls and the interface. Three speciﬁc regions: jet
region, freeboard and wall were selected where mesh were gener-
ated in doubling the grid spacing, respectively (Fig. 1). Grids with
total numbers of elements from 6000 to 30,000 were tested for
bubble shape during detachment and compared with equivalent
bubble diameter data of Kuiper et al. (Patil et al., 2005). The results of
the grid independence test are given in Fig. 2(a) and (b). Results
become grid independent when the number of elements increases
from 18,000 to 30,000. Computational time for these elements is
Fig. 5. Stream-tracers and vector plots of the dense phase around the forming bubble for gas injection rate of 10 m/s. (a) 0.05 s (b) 0.1s (c) 0.15 s and (d) 0.18 s.
Fig. 6. Comparison of the bubble growth for wall offset 285, 140 and 80 mm for a
gas injection rate of 10 m/s.
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provided in Fig. 2(b). The bubble shape improves when the element
size is increased from 6000 to 18,000. However, not much improve-
ment is seen for 30,000 elements. For the 18,000 elements, the size
at jet, freeboard and wall are 2, 3.5 and 4 mm, respectively.
4. Results and discussion
4.1. Model validation and wall effect on bubble shape
4.1.1. Central/symmetrical injection
The numerical model is intended to predict the wall effect
on the bubble shape and trajectory when the gas is injected
asymmetrically. Thus, simulations are carried out for ﬁve different
nozzle positions (wall offset¼80, 100, 120, 140 and 160 mm) with
respect to the side vertical wall as shown in Fig. 1. Gas injection
rate, ranging from 2 to 10 m/s is used to form the bubbles in the
incipient ﬂuidized bed. A particle diameter of 500 μm with a
density of 2660 kg/m3 is used in the present simulation. Geldart
type-A materials have small mean size and low particle density,
which exhibit a rapid mixing (Geldart, 1973). Bubbles in such bed
appear to split and coalesce very frequently. This may cause
relatively more hindrance to a shape-study that arises from the
wall-effect than Geldart type B powders (Gidaspow, 1994a). The
present numerical model uses experimental results of Kuiper et al.
(Patil et al., 2005) for the validation of the predicted data (Fig. 3),
Fig. 7. Comparison of evolution of dense phase velocity vectors for wall offset 285, 140 and 80 mm for a gas injection rate of 10 m/s.
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who had used glass particles of size 500 mm. Thus, same material
properties are used to study the wall effect for asymmetric
injection.
The equivalent diameter of the bubble is assumed as the
diameter of a circle with an area equal to that of the bubble,
which is given as
Deq ¼
ﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
4A=π
p
ð6Þ
For the purpose of analysis of simulation results, a bubble is
deﬁned as a void with ε≥0.85.
It is apparent from Fig. 3 that the prediction agrees well
with the experimental data. For a centrally injected jet (off-
set¼285 mm), it is observed that the evolution of bubble occurs
by outward radial displacement of the dense media caused by
almost spherical growth up to detachment. A time history of the
bubble-evolution up to detachment is given in Fig. 4. A very close
spherical shape of the top surface of the bubble is seen, which
transforms to an elliptical during detachment. This pattern of
bubble evolution has been observed experimentally (Kuipers et al.,
1992b). It can be inferred from the symmetrical shape of the
bubble that the forces that govern the bubble formation (buoy-
ancy, lift and drag forces) act symmetrically around the bubble.
This symmetrical action of governing forces depends signiﬁcantly
upon the position of the jet inside the bed and the ﬂuidisation
conditions prevailing during bubble evolution, as will be shown in
the present study. For the case of central injection of jet at 10 m/s,
the bubble detachment occurred at 0.195 s when the equivalent
diameter is 161.2 mm.
The velocity of injection is varied from 2 to 10 m/s to analyse
the shape of bubble. Fig. 4 (a) and (b) shows the bubble formation
and its detachment at 2 m/s and 10 m/s gas injection rate. The
bubble size increases with increase of the jet velocity as shown in
Fig. 4. The detachment time also increases with gas injection rates
(0.15 s for 2 m/s and 0.195 for 10 m/s). This is because the bubble
takes a ﬁnite time to break from the oriﬁce. It is also known that
the detachment occurs at the instance when the buoyancy force is
balanced by the weight of the bubble. Thus, higher the inlet
velocity higher the drag forces that keep the bubble attached
(Brucker, 1999; Patil et al., 2005). It is also observed that at lower
gas injection rate the bubble sizes are ﬂattened considerably to
form an elliptic shape during detachment.
Fig. 5 shows the velocity vector and the stream-tracers for the
dense phase at different time steps during bubble formation.
Necking of the bubble begins as the bubble grows and the neck
width decreases with the advancement of the time step. During
the neck formation, the surrounding ﬂuid (gas-phase) rushes to
the detachment point thus creating a strong localised velocity of
the dense phase at the trailing edge of the bubble (Das and Das,
2009). It can be seen that the dense phase begins to slide down
along the bubble periphery toward the bottom of the bubble. Thus,
the onset of wake begins much before the detachment of the
bubble. However, it is to be noted that the bubble shape, stream-
tracers and velocity ﬁeld remain symmetrical due to centrally
located nozzle (wall-offset¼285 mm).
Fig. 8. Evolution of bubble width with gas injection rate for centrally injected
bubbles.
Fig. 9. Variation of detachment time with jet injection for symmetric and
asymmetric injected bubbles.
Fig. 10. Variation of bubble equivalent diameter with time and gas injection rate
for wall offset of 80, 100 and 285 mm.
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4.1.2. Asymmetrical jet injection
Solutions are also obtained for different wall offsets ranging
from 80 mm to 160 mm (see Fig. 1). A wall offset of 80 mm refers
to the jet's position at 80 mm from the right side wall. Fig. 6 shows
the comparison of the bubble formation for symmetrically (wall
offsets of 285 mm) and asymmetrically (wall-offsets: 80 and
140 mm) located jets. Bubble contours (εf¼0.85) are shown at
different time steps, Δt¼0.08 s and for jet velocity of 10 m/s. It is
seen that the bubble drifts away from the vertical jet axis when
injected in proximity to the wall. It is also interesting to see how
Fig. 11. Stream-tracers for the dense phase (solid lines) and gas phase (dashed lines) and vector plot (right) for the dense phase at 2 m/s gas injection rate. (a) 0.4 s (b) 0.6 s
and (c) 0.8 s.
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the proximity of the bubble to the wall affects the overall neck
formation. The neck elongates in an oblique fashion indicating a
tangential force generated due to perturbation caused in the ﬂow
patterns by the wall. Fig. 7 shows the dense phase velocity vector
for the central and asymmetrical bubble injection indicating the
impact of tangential force caused by the wall, which initiates the
oblique bubble growth. The asymmetric ﬂow ﬁeld is generated
when the available ﬂow area decreases between the bubble
surface and the wall. The dense phase then accelerates resulting
in a tangential entry that forces the diagonal growth. The centrally
injected bubble shows symmetrical ﬂow pattern of the dense
phase thus proving the perturbation effect of wall in case of an
asymmetrical injection.
In addition, the shape distortion can be understood from
the dense phase velocity vectors. The closer the bubble is injected
to the wall, more distorted the bubble shape becomes. Fig. 7
also shows that for wall offset of 140 mm the bubble retains
its spherical shape but for the 80 mm wall offset the bubble
shape is distorted especially on the wall side. An elongated
curvature is predicted because of the increased magnitude of
the velocity vector. This causes the shearing of the bubble
curvature.
4.2. Effect of wall on detachment time
Detachment of bubble from the nozzle is governed by the
interaction of buoyancy and body forces. Drag force on the bubble
acts downward and increases with the rising bubble velocity
(Brucker, 1999). Thus, it is expected that the detachment time
would increase at higher gas injection rate and the predicted data
in Fig. 8 conﬁrms higher detachment time at higher gas injection
rates. The ﬁgure also shows the variation of bubble size (Dh) vs.
time (up to detachment time) for a centrally located nozzle.
Fig. 9 shows the plot of detachment time vs. gas injection rate
for wall offset 80 mm and 285 mm (central injection). It can be
seen that the detachment time for bubbles injected near the wall
is higher than those injected centrally. Min et al. (2010) also
reported that the gas holdup is comparatively higher near the wall
in their experiments. However, the possible explanation for this
cause may be attributed to the asymmetrical nature of the velocity
ﬁeld around the bubble. There is a shift of centre of gravity, as the
bubble deﬂects away from the wall (Fig. 6), causing a misalign-
ment of the buoyant and body forces. This misalignment may
result in both rotational and linear displacements for the rising
bubble causing higher holdup time. The delay in detachment
Fig. 12. Stream-tracers for the dense phase (solid lines) and gas phase (dashed lines) and vector plot (right) for the dense phase at 5 m/s gas injection rate. (a) 0.4 s and (b) 0.6 s.
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thereby not only increases the gas holdup but also the size in
bubble. It can be seen from Fig. 10 that the bubble size is higher for
jet located near to the wall for all ﬂowrates.
4.3. Effect of wall on bubble trajectory
4.3.1. Symmetrical injection
Bubble motions, after the detachment, are also predicted for all
range of gas injection rates (2–10 m/s). Figs. 11 and 12 show the
trajectory of the bubble for two different ﬂowrates (2 and 5 m/s)
along with stream-tracers for both the phases. The dense phase
begins to move downward relative to the bubble motion. The
bubble is predicted to rise with a slight indentation at the base
that grows bigger as the bubble rises. The wake zone i.e. the space
between the concave edge of the bubble (indented base) and the
bubble sphere is occupied by solid particles. These particles are
drawn from the upper surface of the bubble into the trailing zone
of the bubble, where vortices containing the particles are shed
from the wake. This movement of the surrounding ﬂuid around
the rising bubble is the main cause of particle mixing (Tsuchiya
et al., 1990). At higher gas injection rate (Fig. 11), the velocity ﬁeld
indicates more particle entrainment into the central part of the
wake illustrating the increase in mixing process. At such ﬂowrates,
smaller bubbles split at the end of the nozzle with irregular
shapes, indicating a jetting regime.
Thus, the factor that contributes to the bubble motion is the
force induced by the wake behind the bubble plus the inertia
caused by injected air velocity. The wake becomes larger as the
bubble rises forming two identical vortices at symmetrical loca-
tions (Fig. 10). For centrally located nozzle, both the bubble and the
wake may have been inﬂuenced by the close proximity to either
side of the bed walls but their morphology remains nearly
symmetrical throughout.
Figs. 13 and 14 show the predicted bubble shapes (εf¼0.85,
Δt¼0.1 s) along its trajectory at lower (2 and 3 m/s) and higher
(4, 5 and 6 m/s) velocities, respectively. Shapes are remarkably
different when injected at higher gas injection rate. However, for
all the cases, the bubble shapes tend to be more ﬂattened at the
upper part of the bed due to decrease in jet momentum ﬂux as the
distance of bubble from the base increases. Similar observations
were also reported by Miyahara et al. (1988). Bubble becomes
larger, elongating in the direction perpendicular to the motion,
and proceeds by a slight ﬂattening of the bubble initiated near the
frontal surface in the vicinity of the stagnation point. More
ﬂattened the bubble shape, the more the interfacial force holding
the bubble to a single body is weakened (Tsuchiya et al., 1989).
Thus, the vertical indentation is predicted to grow from the roof of
the bubble, as shown in Fig. 14, and often travels downwards due
to higher velocity (of large bubble) followed by necking and
consequently splitting into two similar size of bubbles. The ﬁgures
also predict that the rising path of the bubble remains symme-
trical, which may be considered as a linear translation for the
bubble along the vertical axis, for all range of gas injection rates.
4.3.2. Asymmetrical injection
Fig. 15 shows the stream-tracers for both phases at wall-offset
of 100 mm. When bubble injected nearer to wall, the velocity of
the dense phase increases in the gap as discussed earlier. The
ﬁgure clearly shows a higher velocity of the dense phase at the
right side of the bubble. Thus, the net effect of the surrounding
ﬁeld remains tangential below the bubble causing a signiﬁcant
change in its orientation even before its detachment.
Fig. 15 also plots the variation in bubble shapes and vortices at
different time steps (0.2–0.8 s). The vortices are expected to
experience a signiﬁcant number of oscillations due to presence
of asymmetric wake, which in turn would make the ﬂow-ﬁeld
non-uniform. At higher position from the inlet boundary, when
the bubble becomes larger, the oscillation stabilises resulting a
trajectory path (deviating from the mid vertical axis of nozzle).
Thus, in general, it is predicted that bubble will have a longer path-
coverage when injected asymmetrically that would have signiﬁ-
cant inﬂuence on overall heat transfer characteristic of the
ﬂuidized bed. Kuipers et al. (1992a) discussed that local heat
transfer characteristics are relatively higher in the wake region if
gas is injected asymmetrically. The bubble tends to exhibit both
linear and rotational displacement due to the presence of asym-
metric forces caused by a solid wall in near vicinity. The rotation of
the bubble can be seen by the change in the orientation of the
bottom surface in Fig. 15(b)–(d).
Fig. 16 compares the trajectory of bubble when injected at
different gas injection rates for a wall offset of 80 mm. For a
Fig. 14. Bubble shapes are superimposed for 4, 5 and 6 m/s gas injection rates along
the rising path.
Fig. 13. Evolution of centrally injected bubble for 2 and 3 m/s gas injection rates
(ﬁgures are superimposed).
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smaller size bubble i.e. at a low gas injection rate, the wake-ﬂow is
predicted to have periodic oscillation, which is intimately related
to bubble shape, size and body forces. Fig. 17 shows the predicted
vector plots of the dense phase and the oscillatory vortex shedding
at wake region. The bubble mass centre oscillates about the
vertical axis due to the wall perturbation giving rise to a spiral
path of trajectory. For a larger bubble, injected at high jet velocity,
such oscillatory trajectory is not observed (Fig. 15) due to higher
rise velocity and rate of size increase. It can be seen that the left
and right vortices always accompany the bubble all the way to the
surface (Fig. 15). In addition, due to signiﬁcant increase in bubble
size during its rise the bubble may not have an oscillatory motion
even if the length of the bed is increased.
5. Conclusion
CFD simulations using the Eulerian–Eulerian model in ANSYS-
FLUENT for a lab-scale bubbling ﬂuidized bed containing Geldart
type B particle of 500 μm are used to study the effect of wall on the
shape of bubble, bubble-wake during formation and the bubble-
rise for both symmetric (centrally located nozzle) and asymmetric
injections. The rising characteristics of bubble for an asymmetric
injection are remarkably different in terms of its size, shape, wake
and position of vortices. The following conclusions can be made
based on the numerical simulations carried out in the present
work.
1. The presence of wall in proximity to a rising bubble causes
increase in bubble shape in addition to causing the bubble to
drift away from the wall. The wall closer to one side of the
bubble changes the ﬂow ﬁeld around the bubble to develop a
non-uniform wake behind the bubble.
2. The presence of wall also increases the detachment time of the
bubble mainly due to the misalignment of the governing
buoyant and body forces. A maximum of 30% increase in
detachment size was found (gas injection rate 10 m/s).
3. Bubble of intermediate sizes, generated at lower gas injection
rate, are predicted to have a spiral path and the bubble with
larger shape exhibits a trajectory increasing total path coverage
for the bubble.
More studies need to be carried out in order to analyse the
oscillatory motion of the bubble and validate the numerical results
Fig. 15. Stream-tracers (solid lines) and vector plot for the dense phase at 5 m/s gas injection rate, wall offset¼100 mm and t¼0.2–0.4. (a) 0.2 s (b) 0.4s (c) 0.6 s and (d) 0.8 s.
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by experiments. Effect of asymmetric injection on the heat transfer
characteristics for immersed objects also needs special attention.
Nomenclature
A area, m2
d/D particle diameter, m
e restitution coefﬁcient
g acceleration due to gravity, m/s2
h height of bed, m
k diffusion coefﬁcient (Eq. (4))
L bed height, m
Re Reynolds number, ρf Vdp/μ
u superﬁcial velocity, m/s
y length along y-direction
v velocity vector, m/s
Greek-letters
ε volume fraction
ψ interstitial angle
ϕ sphericity
m dynamic viscosity, Pa s
ρ density, kg/m3
Sub-scripts
g gas
mf minimum ﬂuidisation
P particle
s solid
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